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ABSTRACT 

Entitled "Natural Gas Phase Behaviour in Pipeline", this project ultimately aims to 

enable natural gas phase simulation using FLUENT to present a real time graphical 

interpretation of the liquid, gas and component fractions. The studies of these 

phenomena are important in the natural gas dehydration processes and its flow 

through pipeline because the existence of liquid in the pipeline can bring detrimental 

effects to operations. Water content in the gas system could cause large pressure 

drop and corrosions that will be enhanced by the presence of H2S and CO2 typically 

associated in sour gas. This research is the beginning phase of the development of an 

emerging type of gas separation technology. Currently, the computation of gas phase 

behaviour into simulator for this purpose is scarce and not easily found in FLUENT 

environment. Hence, the scope of research covers the investigation of suitable 

correlations/equations and subsequently computed, and simulated using the model. 

Study of operating condition to achieve desired separation is also done once the 

program has been developed and verified with other commercial software and 

literatures. These correlations must be able to estimate the liquid and gas fraction in 

the system, components liquid and gas composition, and the water content in the gas 

system to certain acceptable degree of accuracy and defined limitations. The 

research started with literature review to investigate suitable correlations, followed 

by development using C++. The program is then verified and finally incorporated 

into FLUENT for simulation purposes. Of the four correlations, namely the ideal 

equation, Wilson's, Standing's, and Equation of State (EOS) found suitable for 

computational flash calculation, Wilson is selected and combined with the Bukacek- 

Maddox correlation for water content calculation. The completed program is verified 

with examples from literatures as well as HYSYS and AQUAlibrium, and it can be 

drawn that the program is able to estimate the above mentioned quantities relatively 

well as compared to the references but with increasing deviations at high pressure 

(i. e: above 1,000 psia). This project has successfully produced a computational code 

for vapour-liquid phase behaviour study for implementation into FLUENT. This 

model in FLUENT is highly flexible and useful, and enables the selection of the best 

design for the intended separation. Further down, this first phase work is vital for the 

development of the upcoming low-temperature gas separation technology. 
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CHAPTER 1 

INTRODUCTION 

This is the final report for the Final Year Research Project entitled "Natural Gas 

Phase Behaviour in Pipeline". This report, details the fundamentals, literature 

reviews of the research, and discussion of the outcome of the results with respect to 

the objectives. 

1.1 Background Studies 

The importance of natural gas has grown since the mid-1990s. Natural gas is an 

attractive fuel because it burns cleanly and efficiently, and because ample supplies of 

natural gas have been available from domestic resources and from Canada. 

Throughout the 1990s, these factors and the low cost of natural gas helped lead to 

increased investment in facilities using natural gas. 2 Natural gas is transported in 

high-pressure pipelines from producing areas to industrial end users, storage areas, 

and local distributing companies. The natural gas production and delivery system is 

not designed to produce and transport the full amount of natural gas to consumers 

during the peak demand. In order to meet peak demand, large customers and 

distribution companies put gas into underground storage, mostly near final 

consumers. The stored gas is withdrawn to meet consumers' needs during times of 

peak demand, such as a cold winter day. 2 

Although natural gas pipelines do not participate in the buying and selling of natural 

gas directly, it is an important part of the whole network as they provide 

transportation services, including storage. Although the cost of transmission has 

decreased from 62% to 42% from 2001 to 2006, as shown in FIG. 1 it is still nearly 
half the total amount paid for natural gas. Transportation and delivery costs are 
therefore a significant portion of the cost of delivered natural gas. 
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Figure 1 Breakdown of Natural Gas Price Paid by Residential Consumer During 
Heating Season, 2001-20062 

Natural gas processing is necessary prior to use by end user. Natural gas found at 

wellhead, although composed primarily methane, is by no means as pure. Natural gas 

composes of 70-90%24 methane and 0-20%24 of ethane, propane, butanes and 

pentanes, and traces of hexanes and heavier hydrocarbons. In addition, raw natural 

gas contains nonhydrocarbons which can be categorized into two types. One is the 

diluent such as N2, CO2, and water vapour. The other is the contaminants, such as 

H2S and other sulfur compounds. Diluents are non-combustible gases that reduce the 

heating value of the gas. They are not very harmful, and may actually be used 

sometimes as "filler" to reduce the heat content of the supply gas. The disadvantages 

include greater horsepower and pipelining requirement for the same energy content of 

the gas, greater internal corrosion, and freezing. Contaminants are very detrimental to 

production and transport equipment, and the primary reason for gas conditioning and 

processing is to remove them as soon as possible from the gas stream. ' la 

Natural gas often comes out of the ground mixed with water vapour. This "wet gas" 

can be separated using two primary methods - glycol dehydration and solid-desiccant 
dehydration. 26 So, before natural gas is being distributed to end user, it undergoes 

processing, that is to separate all of the various hydrocarbons and nonhydrocarbons, 

2 
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and fluids from the pure natural gas to produce "pipeline quality" dry natural gas. The 

actual practice of processing natural gas to pipeline dry gas quality levels can be quite 

complex, but usually involves four main processes to remove the various impurities24: 

1. Oil and condensate removal 
2. Water removal 
3. Separation of natural gas liquids 

4. Sulfur and carbon dioxide removal 

Prior to these processes, prediction or measurement of vapour and liquid fraction as 

well as water amount in the natural gas is important. 

According to Kolass et. al. 25 the most common processing technique for drying 

natural gas is using a simple mechanical separator (i. e: turbo expander), to separate 

the gas from the liquids of the two phase flow coming from the gas field, followed by 

glycol dehydration or solid-dessicant dehydration that has been widely used since its 

introduction 40 years ago. 

' rop. 

Inlet Wet Gas 

Motive 
Gas 
Bypass 

ý __. _ 

Glycol 
Contactor 

Dr Say les Gas 

jDriver 

Glycol 
Energy 
Exchange 
Pump 

Lean TEG 

Figure 2 

Pump 

Rich TEG 

i 

Water/Methane. /VOCs/HAPs 
To Atmosphere 

Glycol Reboiler/ 
Regenerator 

Basic Glycol Dehydrator System Process Diagram27 

Fuel Gas 

A riser tower has an array of spray nozzles around it's circumference through which 

glycol is injected, as a liquid desiccant, into the gas stream flowing up through the 

tower. 25 Glycol solution, usually diethylene glycol (DEG) or triethylene glycol 
(TEG), is brought into contact with the wet gas stream in what is called the 
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'contactor', has a strong chemical affinity for water, so the water molecules from the 

wet gas bond to the glycol molecules in the solution. The vapor-free natural gas is 

collected from the top of the contactor. The adsorption process results in moisture- 

laden glycol that coalesces into globules so that the particles become heavier and sink 

to the bottom where they are removed. The liquid glycol is collected in trays, piped 

out of the tower. Since at atmospheric pressure, water boils at 100 °C and glycol does 

not boil until 205 °C, glycol is simply regenerated by heating to evaporate the 

captured water prior to re-injection in a continuous operating, re-circulating loop. 

Such glycol contactors, are specified to achieve a moisture content of less than 3 

lbm/MMscf under normal operating conditions. This conventional method has been 

modified to improve efficiency or to recover natural gas from glycol among others. 

More information can be obtained from various literatures. 

Drain Valve 

Figure 3 Desiccant Dehydrator Schematic27 

Solid-desiccant dehydration is the primary a form of dehydrating natural gas using 

adsorption, and usually consists of two or more adsorption towers, which are filled 

with a solid desiccant. Typical desiccants include activated alumina or a granular 

silica gel material. The wet gas is pumped downward through a tower filled with a 

solid desiccant. As the wet gas passes around the particles of desiccant material, 

water is retained on the surface of these desiccant particles. Passing through the entire 
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desiccant bed, almost all of the water is adsorbed onto the desiccant material, leaving 

the dry gas to exit the bottom of the tower. When the desiccants are saturated with 

water, they are flushed with heated gas that re-vaporizes the water molecules, thereby 

"reactivating" the desiccant. The solid desiccant dehydration method is typically 

more effective than glycol dehydration, but best suited for large volumes of gas under 

very high pressure. 27 

In some cases, such as gas wells producing high pressure gas along with light crude 

or condensate, specialized equipment is necessary to separate oil and natural gas. An 

example of this type of equipment is the Low-Temperature Separator (LTX). These 

separators use pressure differentials to cool the wet natural gas and separate the oil 

and condensate. Wet gas enters the separator, being cooled slightly by a heat 

exchanger. The gas then travels through a high pressure liquid `knockout', which 

serves to remove any liquids into a low-temperature separator. The gas then flows 

into this low-temperature separator through a choke mechanism, which expands the 

gas as it enters the separator. This rapid expansion of the gas allows for the lowering 

of the temperature in the separator. After liquid removal, the dry gas then travels back 

through the heat exchanger and is warmed by the incoming wet gas. By varying the 

pressure of the gas in various sections of the separator, it is possible to vary the 

temperature, which causes the oil and some water to be condensed out of the wet gas 

stream. This basic pressure-temperature relationship can work in reverse as well, to 

extract gas from a liquid oil stream. 

This project will focus on this pressure-temperature relationship that will be the 

operating condition for the expander device to remove condensate from the natural 

gas. 

1.2 Problem Statement 

What this research project is addressing is the issue of operating conditions that will 

result in an effective condensate separation from the natural gas system. Effective is 

defined as meeting separation of liquid (i. e: water) by condensation so that the gas 

system exiting the separator device meets the desired specification. 

In the practical sense, vapour and condensate ratio change in real time due to 
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dynamic flow conditions (i. e., loss of heat and pressure during transmission). 

Therefore, the unknown phase profile of the natural gas flowing in the pipeline is a 

function of at least, the temperature, pressure and composition of components 

presents. 

The key issue in natural gas transmission is the presence of water that may cause 

corrosion, freezing and hydrate formation. As Okimoto puts it, multiphase export 

limits both pipeline turndown flexibility and maximum pipeline size, sometimes 

necessitating multiple smaller-diameter pipelines and often eliminating flexibility to 

tie-in future developments. The pressure drop in a multi-phase pipeline can be 

significantly higher compared to single-phase gas export and difficult to predict. 28 All 

of these problems are enhanced by the presence of acid gases such as hydrogen 

sulfide, H2S and carbon dioxide, CO2. Carroll (2002)5 stated that other water 

produced with the gas is water of condensation formed because of the changes in 

pressure and temperature during transmission and/or production. In the sweetening of 

natural gas, the removal of H2S and CO2, aqueous solvents are usually used. The 

sweetened gas, with the H2S and CO2 removed, is saturated with water. In addition, 

the acid gas byproduct of the sweetening is also saturated with water. In the 

transmission of natural gas, further condensation of water is problematic. It can 

increase pressure drop in the line and often leads to corrosion problems. 

In addition, Okimoto28 states that the corrosion and hydrate-management system 

needs to be extremely reliable, since the consequence of pipeline failure is severe. 

Combined with the complexity of multiphase flow behavior, generally, a conservative 

approach needs to be adopted at an obvious expense. Expenses on Corrosion 

Resistant Alloy (CRA) pipelines and costly slug-catching facilities need to be 

balanced with operational constraints, including routine pigging and ramp-up 

procedures. Routine pigging for liquid hold-up and corrosion management is an 

inherently hazardous and cumbersome operation. Thus water should be removed 

from the natural gas before it is sold to the pipeline company. For these reasons, the 

water content of natural gas and acid gas is an important engineering consideration. 

The dehydration of natural gas is critical to the successful operation of the production 
facility and the whole distribution train through to the end user. According to Kolas25 

the presence of water vapour in concentrations above a few l Os of parts per million 
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has potentially disastrous consequences. The lifetime of a pipeline is governed by the 

rate at which corrosion occurs which is directly linked to the available moisture in the 

gas which promotes oxidation. In addition, the formation of hydrates can reduce 

pipeline flow capacities, even leading to blockages, and potential damage to process 

filters, valves and compressors. Such hydrates are the combination of excessive water 

vapour with liquid hydrocarbons, which may condense out of the gas in the course of 

transmission, to form emulsions that, under process pressure conditions, are solid 

masses. The produced-water chemistry, in combination with corrosion and hydrate 

inhibition chemicals, may result in operational problems like chemical contamination 

and scale depositions. Costly vacuum desalination facilities may be required to 

manage glycol salt contamination and its associated operational and corrosion 
issues. 28 

Hundreds of processes and processing plants have been developed to deal with these 

problems. Some of the major contaminants in natural gas are given by Curry, 19818: 

I. Acid gases, chiefly 112S, and to some extent, CO2. 

2. Water vapour in excess of about 5-7 lbm/MMscf. 

3. All entrained free water, or water in condensed from. 
4. Any liquids in the gas, such as well inhibitors, lube oil, scrubber oil, 

methanol, and heavier-end hydrocarbons. 

5. All solid matter, sometimes called "pipeline trash" that may present. This 

includes silica (sand), pipe scale, and dirt. 

The widely employed glycol contactor or the desiccant dehydration for natural gas 

are costly, mainly because they involve other expendable materials such as glycol 

solutions or degieeants, and cooling and boiling duties for separation. Ever increasing 

pressure on cost, personnel safety and environment is steadily pushing unmanned 

concepts like wet-gas evacuation for new gas developments. This part of the research 

will help in developing and improving a technology whereby mechanical device (i. e: 

an expander) is employ to condense the liquid passing though it. When gas is 

expanded, its temperature will inherently drop and this phenomenon brings down the 

liquid content in the gas, resulting lower liquid content of the gas exiting the device. 

Apart from modeling, the study of the temperature and pressure to achieve targeted 

liquid outlet content in the gas phase is also the focus of this research project. 

7 
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1.3 Relevancy and Significance of the Project 

Utilizing and comprehension of thermodynamics studies is one of the most difficult 

areas of engineering; in this particular research - for the chemical engineering. This 

research project is therefore a contribution, in particularly to the natural gas industry 

and its flow in the pipeline, from the chemical engineering domain. Translation of 

thermodynamic properties and fluid dynamics into simulation enables not only the 

studies of fluid flow but also in optimizing parameters such as pressure, temperature, 

and flow rate, to ultimately bring about the economical and operational advantages of 

the transmission and separation processes of the natural gas in the processing and 
distribution network. 

One such research is ever more pertinent as natural gas market and demand is 

growing. With reserves getting more constrained, and energy cost rising, the 

transmission and distribution of natural gas commodity must be done more 

economically than before while maintaining its technical feasibility. Hence, 

optimization of fluid flow in the pipeline which derived from such research is vital in 

this aspect. Gao et. al. (2003)9 concurs that precise descriptions of fluid-phase 

behaviour can have significant economic impact when used in chemical engineering 

process calculations. Merch et. al. (2005) 13 stated that risk of hydrocarbon 

condensation in natural gas transmission pipelines is unavoidable. Hydrocarbon 

liquid from condensation will increase the pressure drop and introduce operational 

problems resulting from two-phase flow. That is why the study of optimal operating 

conditions applied to a separator device is useful. 

This study is a precursor to supporting the usage of a new technology that can be used 
to condense and separate water and heavy hydrocarbons from natural gas. This 

technology is cost-effective, safe and environmentally friendly, eliminating several 
flow-assurance risks and limits involved with multiphase wet-gas evacuation. The 

term "flow assurance" covers a broad range of topics in multiphase hydrocarbon- 

production systems, including flow behaviour, hydrates, wax, asphaltenes, emulsions, 

scaling, corrosion and erosion. The benefits of using this new type of gas separation 

technology are summarized as follows 28: 

8 
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I. Achieve step-change reductions in both capital and operating costs as 

compared to using glycol dehydration system. 
2. The simplicity and reliability of a static device, with no rotating parts and 

operating without chemicals, allows for unmanned operation even in harsh 

offshore environments. 

3. Occupy small space. Such compact and low-weight facilities can be installed 

on minimum-facilities platforms, not much larger than a simple wellhead 

platform. For example, a Twister tube designed for 35 MMcfd at 1,450 psi is 

only 6 ft long inside a 6-in casing. 
4. Residence time inside the cold, supersonic separator is only milliseconds, 

which prevents hydrate problems, eliminates chemicals and associated 

regeneration systems. 

5. Eliminating chemical-regeneration systems avoids environmentally and 
harmful emissions. 

6. The pressure drop across the Twister process (some 20-35%) may be more 

than compensated by the reduced pressure drop in the export pipeline, and it 

could allow a lower pipeline design pressure. 

7. The incremental cost of offshore facilities using the new technology is 

generally more than balanced by savings on pipeline and onshore facilities, 

notably elimination of slug-catching and chemical-regeneration systems. 
8. The novel separator will be a particularly attractive option for corrosive 

service, i. e., for gas compositions with a high CO2 fraction, which may 

necessitate a CRA export line. For non-corrosive service, the new separator 

will generally become attractive as the gas-export line becomes longer. 

9. Well suited for subsea gas processing and a key enabling technology for 

developing currently uneconomic reserves. 
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1.4 Objective 

The objectives of the research project are: 

1. To find out the water content in the natural gas system. 
2. To model the natural gas system phase fraction and its component fractions in 

both liquid and gas phase. 
3. To find out the temperature and pressure at which water vapour content in 

natural gas system is acceptable. 

4. To translate correlations into computational codes. 
5. To incorporate the model into FLUENT for simulation purposes. 

1.5 Scope of Study 

As much as this research believes that it can bring about economical benefits on the 

pipeline transmission, the scope of study remains strictly technical, especially in the 

area of thermodynamics and fluid dynamics. In other words, the related correlations 

and simulation macros must first be developed in order for one to use it to their 

advantage - without the former, the latter cannot transpire. With respect to the 

aforementioned objectives, the main task is to find out the suitable relationship to 

relate the gas and liquid fraction of natural gas system in accordance to parameter 

pressure, temperature, and composition. 

As natural gas composes mainly of methane, the rest of the other hydrocarbons 

usually present are disregarded. Meaning the other light gases such as ethane, 

propane and so on, is not in the scope of study, to reduce the complexity involved 

when dealing with programming and FLUENT. However, non-hydrocarbons species, 

CO2 and H2S are given due attention as they are considered substantial water-content 

contributors besides hydrocarbon. 

When developing flash calculation, relationship between hydrocarbon and non- 
hydrocarbon is not defined (i. e., species parameters kij = 0). This parameter is usually 

set to cubic equation of state (EOS). Carr-Kobayashi-BurrowI7a recommends that 

correction due to presence of non-hydrocarbon be made if concentration is more than 

5 mole %. In this study, sweet gas is often the case but provisions have been made to 
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include calculation for CO2 and H2S but minus the species parameter relationship 

stated earlier in the paragraph. 

The project involves finding out operating conditions best for separation of liquid 

from the gas system. Therefore, it will be advantageous to acknowledge the typical 

pressure and temperature in the gas pipeline and in the associated processing plant. 

Kolass25 states that in on-shore transmission (gas entering offshore pipelines) is often 

compressed to 16 MPa (160 bar) or higher and in processing plant, the pressure of 

natural gas is typically 4 MPa (40 bar) to 8 MPa (80 bar). 

A typical sour natural gas project example by Kolass25 specifies the maximum 

permissible moisture content to be at 50 mgH2O/std. m3. This is equivalent to around - 
12°C dew point at line pressure of 7 MPa for sweet gas but lower than -20°C dew 

point for gas which is very sour. This limit is set by safety standards to control the 

severe corrosion problems that are associated with sour gas and is enforced by The 

Bergamt, a German Federal authority. 

Further down the line, where desiccant columns are used as second stage dehydration 

plant, the moisture levels need to be less than I ppmV, typically lower than 0.1 

ppmV, which equates to less than -70°C dew point at process conditions. 
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Figure 4 Hydrocarbon and Water Dew Point Variation with Pressure for a Typical 
Gas Composition 
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In this project the moisture or more specifically the water vapour content in the 

vapour outlet of the separator device is set to be at 0.00014 mole fraction, equivalent 

to approximately 7 lb/MMscf. The range of pressure is set to be 60 bar (860 psi) to 

245 bar (3,600 psi) which cover well the range of pressure in the pipeline and in 

processing plant. The temperature of study is from 40 OF to 140°F (4.5 °C - 60 °C), 

which also cover well the operating regime of a gas pipeline. The temperature is 

neither too low nor too high because the design of the separator device shall strive to 

minimize the need for coolant and heating medium to achieve separation. 

Furthermore, problems associated, especially with subzero temperature is unknown, 

such as inclination towards hydrate formation and deviations of system behaviour in 

extreme conditions could be well beyond the acceptable limitations associated to the 

correlations used in this project. 

12 



E 

I JI1I t1II 

I IA FrI'Kil 

Final Year Research Project - Natural Gas Phase Behaviour in Pipeline 

CHAPTER 2 

LITERATURE REVIEW 

There are two main studies for this project. One is pertaining water content present in 

then natural gas system; another is the vapour liquid equilibrium of the system 

(VLE). In these two studies, the task focuses on researching and developing 

correlations suitable for computation. 

2.1 Phase Equilibrium 

A phase is the part of a system that is uniform in physical and chemical properties, 

homogeneous in composition, and separated from other coexisting phase. The most 

important phases occurring in petroleum production are the hydrocarbon liquid phase 

and gas phase. Water is also commonly present as an additional liquid phase known 

as the aqueous phase. The prime variables that determine the state of equilibrium are 

system temperature, pressure, and composition. Under conditions of high pressure 

and temperature, all gases deviate from the ideal behaviour. In such conditions, PVT 

calculations use more complex equations. Phase behaviour thermodynamic properties 

such as internal energy, S, and enthalpy, H, are often the evaluated properties of fluid 

from the measurements of molar volume as a function of temperature, and pressure 

that yields the PVT relations, which may be expressed mathematically as equation of 

state. The simplest realistic model of fluid behaviour is PV=RT. In high pressure 

application, phase equilibrium is best described using EOS, that is the c-c (fugacity- 

fugacity) method. EOS offers simplicity and relatively accurate estimation of vapour- 

liquid equilibrium properties. 14 EOS also serves as metering of fluids and the sizing 

of vessels and pipelines. 16' The conditions under which these different phases can 

exist are a matter of considerable importance in designing surface separation facilities 

and developing compositional models. 

It is important to know the phase present in order to design the system. In processing 

and other post-production operations, it is desirable to control these phases by 

13 
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controlling the operating conditions, or condensing or vapourizing selected 

components. The single-phase regions are relatively easier to define. The two-phase 

region is more difficult, since additional parameters such as vapour-liquid ratio, and 

the compositions of both the phases, as a function of pressure and temperature are 

needed. ' lb 

Phase equilibrium is reached when there is no net transfer of material from one phase 

to another. Such transfer involves a decrease in the total free energy of the system. 
Thus, when equilibrium is attained, the total free energy, G, also called Gibbs free 

energy, will be at its minimum value. 

2.1.1 Behaviour of Ideal Gases 

Ideal gases are under the assumptions that the molecule interactions of gases do not 

exists and that the molecular volume is insignificant compared with the total volume 

occupied by the gas. It is also assumed that these molecules have no attractive nor 

repulsive forces between them, and the collisions of molecules are perfectly elastic, 

that is, no energy loss. For real gas however, molecular interactions do exist, and 
influence the observed of real gases. 

2.1.2 Behaviour of Real Gases 

Generally, at low pressure, the ideal gas relationship satisfactorily and conveniently 

predicts the properties of gas behaviour. At higher pressure, the use of ideal gas 

equation can lead to errors as great as 500%17b, as compared to errors of 2-3%17b at 

atmospheric pressure. Basically, the magnitude of deviation of real gases from the 

conditions of the ideal gas law increases with the increasing pressure and 

temperature. 

2.2 Water Content in Natural Gas 

Several models are available for calculating the water content of natural gas, but only 

a few of them are examined. Of the methods found, only four are suitable for 

computation. The ones selected are: 

14 



i 

'' - I-^ Final Year Research Project - Natural Gas Phase Behaviour in Pipeline 

1. Ideal model 
2. Bukacek model 

3. Bukacek-Maddox model 
4. Sharma-Campbell model (attempted using cubic EOS) 

According to Carroll6 the water content of sweet gas is decreasing function of the 

pressure. That is the amount of water in the gas continually decreases as the pressure 
increases. On the other hand, the water content of sweet gas is an increasing function 

of temperature - the higher the temperature, the more water in the gas. This is 

attributed to higher vapour pressure, which means more amount of water is carried 

and contained in the gas system. 

For acid gases CO2 and H2S, the above does not apply. Acid gas mixtures exhibit a 

minimum in the water content. Sour gases, is defined as natural gas with an 

appreciable amount of acid gas behave in an intermediate fashion. 

2.2.1 Ideal Model 

Ideal model applies the fundamental Raoult's law that states, for a known pressure 

and water vapour pressure, the mole fraction in the vapour phase is found from: 

(2.1) 

Where; P= Total pressure, abs. pressure unit 
y,,, = Mol fraction of water in vapour phase 
P,, = Vapour pressure of pure water at system temperature, abs. pressure unit 
x,,, = Mol fraction of water in liquid phase 

x,, is assumed to be unity because of the immiscibility of the liquid phase. In this 

project, the ideal model is built on the assumption that the water content of a gas is to 

be equal to the ratio of the vapour pressure of pure water divided by the total pressure 

of the system, as defined by: 

ý 
w= 47,484 P wa sa`er 

Patal 

Where; w= Water content, lb/MMscf 

Psat water = Vapour pressure of pure water, abs. pressure unit 
Ptot l= Pressure of system, abs. pressure unit 

(2.2) 
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Clearly, this model is simple and its accuracy is not expected to be high but only 

reasonably good at very low pressures. For sweet natural gas, this equation can be 

used with reasonable accuracy - within ±15% for pressures up to about 200 psia 
6 (1,400 kPa). 

2.2.2 Bukacek Model 

Bukacek, as quoted in McCain (1990), suggested a relatively simple correlation for 

estimating water content of sweet gas. The water content is calculated using an ideal 

contribution and a deviation factor. 

Psat 

w= 47,484 water +B 
'otal 

log,,, B--3,083.87 + 6.69449 
459.6 +T 

Where; w= Water content, lb/MMscf 
P otter = Vapour pressure of pure water, abs. pressure unit 
Ptotal = Pressure of system, abs. pressure unit 
T= Temperature, °F 
B= Water contributor from deviation factor, lb/MMscf 

(2.3) 

(2.4) 

According to Carroll6, the correlation requires an accurate estimate of the vapour 

pressure of pure water. For this purpose, Saul-Wagner correlation is used. Bukacek 

correlation is reported to be accurate for temperatures between 60 and 460 °F (15 and 

238 °C), and for pressures from 15 to 10,000 psia (0.1 to 69 MPa), and accurate to 

about ±5% compared to the McKetta-Wehe chart. 

2.2.3 Bukacek-Maddox Model 

This is a combination of Bukacek and Maddox model. Maddox (1974) developed a 

method for estimating the water content of sour natural gas. This method assumes 

that the water content of sour gas is the sum of three terms: (1) a sweet gas 

contribution, (2) a contribution from C02, and (3) a contribution from H2S. The water 

content of the gas is calculated as a mole fraction weighted average of the three 

contributions. 
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W= . vHC'IIýHC + yc02 wC02 +YHzSWHZS 

log10 w= ao + a, log10 P+a, (log10 P)' 

Where; w= Water content, lb/MMscf 
YHC = Mole fraction of hydrocarbon 
YC02 = Mole fraction of carbon dioxide 
YI-12s = Mole fraction of hydrogen sulfide 
P= Total pressure, psia 
a0, a,, a2, = Set of coefficient obtained for each isotherm as per Table I 

(2.5) 

(2.6) 

Table I Correlation Coefficient for Calculating the Maddox Correction for the 
Water Content of Sour Natural Gas 

Temperature (°F) ao a, a2 

Carbon Dioxide (C02) 

80 6.0901 -2.5396 0.3427 
100 6.1870 -2.3779 0.3103 
130 6.1925 -2.0280 0.2400 
160 6.1850 -1.8492 0.2139 

Hydrogen Sulfide (H2S) 

80 5.1847 -1.9772 0.3004 
100 5.4896 -2.0210 0.3046 
130 6.1694 -2.2342 0.3319 
160 6.8834 -2.4731 0.3646 
220 7.9773 -2.8597 0.4232 
280 9.2783 -3.3723 0.4897 

Typically, the hydrocarbon contribution is read from McKetta-Wehe chart, but for 

this project, Bukacek is used instead (for computational purposes). The CO2 and H2S 

contributions are calculated from a series of correlations developed by Maddox. The 

associated charts can be acquired from Carroll6 (pp. 241-246). Bukacek-Maddox is 

highly comparable to AQUALibrium. It is also applicable for sour gas over a range of 

temperature between 80 to 160 OF (27 to 71 °C) and pressures between 100 to 3,000 

psia (6.9 to 207 bara). Although it has its limitation, they are well within the system 

conditions of natural gas in pipeline - that is approximately 1,450 psia (100 bara) as 

reported by Caro116, making this correlation a good model to estimate water content 

of natural gas, suitable for both sweet and sour gas. 
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2.2.4 Sharma-Campbell Model 

Another method is proposed by Suresh Sharma and Campbell (1969) for calculating 

the water content of natural gas, including sour gas. This method involves a type of 

EOS known as the concept of Eykman Molecular Refraction (EMR). 

Given the temperature and pressure, fugacity of water at saturation condition and 
fugacity at the system conditions is estimated. Then the correlation factor, k, is 

calculated from: 

k= 
Psat ! sat / psat P 

0.0049 

water water Hater total 
{ sat Ptota! 

� water 
l total 

rater 

(2.7) 

After compressibility factor, z, and the fugacity for the gas have been determined, the 

water content is calculated as: 

fwa(er 

w= 47484. k. 
fgn. 

r 

(2.8) 

Where; w= Water content, lb/MMscf 
fWAfer = Fugacity of water at saturation conditions (T and pressure unit 
f= Fugacity of water at system conditions (T and Ptotal), pressure unit wn(er 

fg,,, 
= Fugacity of the dry gas, pressure unit 

P sal = Vapour pressure of pure water, pressure unit 
Ptotai = Total pressure, pressure unit 
z= Compressibility factor (z-factor) for the dry gas 

This method is rather difficult to calculate because of non-trivial calculation and 
involves more iterations than the other correlations. 

2.3 Water Vapour Pressure 

In some of these models presented here, the vapour pressure of pure water is required 

as an input. Poor estimates of the vapour pressure will lead to poor estimate of the 

water content. In this respect, correlation developed by Saul and Wagner (1987) is 

recommended. 
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In 
/ p5at \ I 

%tvIer 
I 

ý Pc 

Tc. - 7.858237- + 1.83991-c'*' -11.7811r; + 
T 22.6705r' S-15.9393r' + 1.775161.7.5 

z=1- 
T 

Tc 

Where; PW er = Vapour pressure of pure water, abs. pressure unit 
P, = Critical pressure of water, abs. pressure unit 
T, = Critical temperature of pure water, abs. temperature unit 
T= System temperature, abs. temperature unit 

(2.9) 

(2.10) 

T, is the absolute critical temperature of pure water. The units are in absolute. Either 

SI or American units can be used as long as they remain consistent. 

2.4 Flash Calculation 

Flash calculation involves solving simple material balance equations for multiphase 

system in order to establish the phase compositions as well as amounts upon 

equilibrium separation. Water is assumed immiscible in the liquid oil (oleic) phase, 

and miscible only in the gaseous phase where its presence can be quantified by 

Dalton's law of partial pressure. ' lb Flash calculation are required whenever it is 

desirable to know the molar amounts of liquid and gas coexisting in a system at a 

given pressure and temperature. These calculations are also performed to determine 

the composition of the existing phases. Flash calculation is done through iterative 

method. Equation (2.11) can be solved for the number of moles in the vapour phase, 

n,, by using the Newton-Raphson iteration technique. 

(2.11) 

The derivation equation (2.11) is shown in Appendix A. 

The mole fraction of liquid phase can be calculated by applying simply applying: 

n, + n,, =1 

Composition of the liquid phase is given as: 

xi _ 
Z. 

n, + n,, Ki 

(2.12) 

(2.13) 
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and the composition and gas phase is given as: 

z; K; 
= x. K. 

,, y. -n, +nKi 

2.4.1 Ideal Equilibrium Ratio 

(2.14) 

The vapour-liquid distribution coefficient is commonly known as the vapour-liquid 

equilibrium ratio, K,. A system contains only one component known as pure, is 

considered the simplest type of hydrocarbon. In a multicomponent system, the 

equilibrium ratio, K;, of a given component is defined as the ratio of the mole fraction 

of the component in the gas phase, y;, to the mole fraction of the component in the 

liquid phase, x,. The expression is given below: 

K_Y, 
xi 

(2.15) 

K-values can be expressed in terms of partial pressure of the components. The 

assumption, of course, is that gas obeys ideal gas laws and behaves as an ideal 

mixture. Therefore, the concept is only applicable at low pressure, up to about 400 

psiIIb; or according to Tarek'7, for pressures below 100 psia, Raoult's and Dalton's 

laws for ideal solutions provide a simplified means of predicting equilibrium ratio. 

Raoult's law states that the partial pressure, p;, of a component in a multicomponent 

system is the product of its mole fraction in the liquid phase, x;, and the vapour 

pressure of the component, p,;. 

p; = x; Pw (2.16) 

On the other hand, Dalton's law states that the partial pressure of a component is the 

product of its mole fraction in the gas phase, y;, and the total pressure of the system, 
P. 

P; = yip (2.17) 

In accordance with the previously cited laws, when system is at equilibrium, the 

partial pressure of component i, in the vapour phase (py; ) must be equal to the vapour 

pressure exerted by its presence in the liquid phase (p,.; xi). Therefore, equating the 

equations describing the two laws yield: 
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x. p,.. =Y. P (2.18) 

Rearranging the preceding relationship and introducing the concept of equilibrium 

ratio gives: 

Yi _ Pvi =K 
P xi 

(2.19) 

Equation (2.19) shows that, for ideal solutions and regardless of the overall 

composition of the hydrocarbon mixture, the equilibrium ratio is a function of only 

the system pressure, P, and the temperature, T (relation to vapour pressure). 

2.4.2 Equilibrium Ratio for Real Solution 

As previously mentioned in section 2.1.2 hydrocarbon behaviour deviates from ideal 

conditions at high pressure and/or temperature. For a real solution, the equilibrium 

ratios are no longer a function of the pressure and temperature alone but also the 

composition of the hydrocarbon mixture. Numerous methods have been proposed for 

predicting the equilibrium ratios of hydrocarbon mixtures. These correlations range 

from simple mathematical expression to a complicated expression containing several 

compositional dependent variables. Among the methods are; Wilson's correlation, 

Standing's correlation, the convergence pressure method, and PR EOS correlation. 

2.4.2.1 Wilson's Correlation 

Wilson (1968) proposed a simplified thermodynamic expression for estimating K- 

values. The proposed expression has the follow form: 

Ki =P°' exp 5.37(1 + w; )(1- 
Ti ) 

Where; K; = Vapour-liquid equilibrium ratio 
P,; = Critical pressure of component i, abs. pressure unit 
T,; = Critical temperature of component i, abs. temperature unit 
P= System pressure, abs. pressure unit 
T= System temperature, abs. temperature unit 
w; = Accentric factor of component i 

(2.20) 

Wilson's correlation generates reasonable values for the equilibrium ratio when 

applied at low pressure - which is about 500 psia (3.5 MPa)'. 
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2.4.2.2 Standing's Correlation 

Hoffinann, Crump, and Hocott (1953), Brinkman and Sicking (1960), Kehn (1964), 

and Dykstra and Mueller (1965) suggested that any pure hydrocarbon or non- 

hydrocarbon component could be uniquely characterized by combining its boiling 

point temperature, and critical pressure into a characterization parameter. Standing 

(1979) derived a set of equations that fit the equilibrium ratio data of Katz and 

Hachmuth (1937) at pressure less than 1,000 psia and temperature below 200°F. From 

the observed log plots, the equilibrium ratio, K, gives: 

K. = 
P10(°+cF, ) (2.21) 

The coefficients and related equations are given in Appendix B. Standing pointed out 
that the predicted values of the equilibrium ratios of N2, C02, H2S and C, through C6 

can be improved considerably by changing the correlating parameter, bi, and the 
boiling point of these components. The improved correlations include equilibrium 

ratio for heptane plus, carbon dioxide, and at pressure below 1,000 psia - for methane 
through hexane. 

2.4.2.3 Convergence Pressure Method 

Early high-pressure phase equilibria studies revealed that, when a hydrocarbon 

mixture of a fixed overall composition is held at a constant temperature as the 

pressure increases, the equilibrium values of all components converge toward a 

common value of unity at certain pressure. This pressure is termed the convergence 

pressure, pk, of the hydrocarbon mixture. This convergence pressure is essentially 

used to correlate the effect of the composition on equilibrium ratios, K;. 
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The Gas Processors Suppliers Association (GPSA) correlated a considerable quantity 

of K-factor data as a function of temperature, pressure, component identity, and 

convergence pressure. They are available in GPSA engineering handbook. It was 

observed for hydrocarbon mixtures with convergence pressure of 4,000 psia or 

greater, the values of the equilibrium ratio are essentially the same for hydrocarbon 

mixtures with system pressure less than 1,000 psia. Thus, it can be concluded that the 

overall composition of the hydrocarbon mixture has little effect on equilibrium ratios 

when the system pressure is less than 1,000 psia. 

2.4.2.4 Equation of State 

Equation of state is an analytical expression relating pressure, P to the temperature, T 

and the volume, V. A proper description of this PVT relationship for real hydrocarbon 

fluids is essential in determining the volumetric and phase behaviour of petroleum 

reservoir fluids and predicting the performance of surface separation facilities. 

Among the widely applicable EOS in the oil and gas industry is Redlich-Kwong 

(RK), Soave-Redlich-Kwong (SRK), Peng-Robinson (PR) and Benedict-Webb-Rubin 

(BWR). A concept associated to EOS is the fugacity and the fugacity coefficient of 

the component. Non-ideal behaviour can be accounted for by using the fugacity 

coefficients. The fugacity (or activity) coefficient, for component i is defined as the 

ratio of its fugacity, f, to its partial pressure, Pi. The fugacity, f is a measure of the 

molar Gibbs energy of a real gas. The concern in petroleum engineering is the phase 

behaviour of the mixture in equilibrium. The component fugacity in each phase is 

introduced to develop a criterion for thermodynamic equilibrium. The fugacity 

coefficient is defined as: 

For a component i in the gas phase: 

v 
(Dv=J' 

yip 

For a component i in the liquid phase: 

fL 
ýi 

- 
�' 

x; P 

(2.22) 

(2.23) 

At equilibrium (f; L=fv) the equilibrium ratio K; as previously defined can be redefined 
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in terms of fugacity of component as: 

f; L I(x; P) (DL 
[fill, /(Y, P) - (D vv 

(2.24) 

Most petroleum engineering applications rely on the use of the equation of state due 

to its simplicity, consistency and accuracy when properly tuned. For the 

determination of K,, the system temperature, T, and system pressure P, and the overall 

composition of the mixture z; must be known. In this project, PR is chosen for 

development and its associated equations are given in Appendix C. FIG. 7 shows the 

algorithm for finding K, value using EOS. In this algorithm, Wilson's correlation is 

used for the first iteration, and the subsequent iterations are based on previous Ki 

values calculated. When the ratio between the current and previous K-values is at 

acceptable value, the equilibrium ratio has been found. 
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F1 
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Figure 7 Algorithm of Equilibrium Ratio Determination by an EOS" 
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CHAPTER 3 

METHODOLOGY 

3.1 Description of Methodology 

Vapour-liquid fraction is correlated basically in two steps. The first steps involve 

selecting the best possible correlation to estimated water content in natural gas. 

Second step uses input from first step to estimate vapour and liquid fraction via flash 

calculation. Much of the development of the codes was done using DEV C++ 

freeware in C++ language. From literature review, many methods are easily narrowed 

down because computation cannot read charts and most of the methods to find water 

content is based fully or partially on chart. Similarly for flash calculation, the ones 

reliable on charts are single out such as the convergence pressure method. Largely, all 

the suitable methods for computation are developed into codes in C++ language. The 

programs are tested and validated but some are more successful that the other. The 

sources of validations are obtained from literatures, AQUAlibrium, and HYSYS. 

When first choice of correlation failed to be developed properly (due to complexity; 

eg., looping error), the next accurate method is used instead. Once the program based 

on C++ has been finalised and validated, the codes were then modified into FLUENT 

structure so that it can be incorporated into FLUENT. Once successfully implemented 

the user defined function into FLUENT, simulation can be commenced. In the 

discussion section, there is an example on how this model can be used in the 

simulator. FIG. 8 depicts the methodology employed in all phases of the project. 
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3.2 Summary of Methodology Employed 
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Figure 8 Research Flow Chart 
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3.3 Gantt Charts 
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3.4 Software Required 

1. Microsoft Office 

Including Words, Excel, Project and Power Point. 

2. HYSYS 

HYSYS is very well known simulation software involving thermodynamics 

properties and fluid package. Therefore, HYSYS is suitable as a platform to 

verify the mathematical model. In this research, HYSYS version 3.1 is used. 

3. AQUAlibrium 

AQUAlibrium is a commercial software developed by Carroll. Among the 

capabilities of this software are calculating water content, and also both the phase 

fraction and composition. AQUAlibrium version 3.1, like HYSYS, is used for 

validation purpose. 

4. Bloodshed Dev-C++ 

This is a C++ compiler to compile C++ codes into an executable program. This is 

used in the process for the development of program under C language in which 

compatible with FLUENT environment. 

5. Microsoft Visual Studio 6.0 

The C code needs to be compiled by Microsoft Visual Studio 6.0 into a macro 

before being incorporated into FLUENT. 

6. Gambit 

This software is used to draw the pipe designs. Functions include meshing and 

defining faces such as inlet, outlet and wall. Version 2.2.30 is used in the project. 

7. FLUENT 

The core objective is to be able to code the mathematical model into FLUENT 

and successfully run the simulation as desired. In this research, version 6.2.16 is 

used. 
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CHAPTER 4 

RESULTS AND DISCUSSION 

4.1 Validation of Correlations 

4.1.1 Results for Water Vapour Pressure 

As aforementioned, Saul-Wagner correlation is incorporated whenever vapour 

pressure of pure water is required as an input. Therefore, it is important to note the 

accuracy of this correlation. A comparison between the computed one and the steam 

table is done and the result is depepicted below. The result data is tabulated in 

Appendix D. 

Absolute Error of Estimation of Saturated Water Vapour Pressure Using Saul-Wagner 
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Figure 11 Absolute Error of Saul-Wagner Correlation against Steam Table 
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Saul-Wagner estimation of saturated water vapour pressure is very accurate against 

the steam table. FIG. I 1 shows the maximum absolute error to be less than 0.35% 

over a wide range of temperature. Therefore, the use of Saul-Wagner correlation is 

highly recommended whenever saturated water pressure is needed. 

4.1.2 Results for Water Content 

The McKetta-Wehe chart is commonly used for estimating the water content of sweet 

natural gas. In addition, simple corrections are provided to account for salinity of the 

water and gas gravity. If used with care, this chart is surprisingly accurate with error 

of less than 5%. Its ease of use and its high accuracy is the reason it is widely used. 

However, McKetta-Wehe chart is after all, a diagram. So it is impossible for 

computation. Hence, in this project, it is only used as a validation tool to check 

against the computed ones. Those successfully coded programs and results of other 

correlation obtained from literatures are validated against AQUAlibrium. 

Twelve validations over a variety of operating conditions and compositions are done 

between Ideal, McKetta-Wehe Chart, Bukacek, Bukacek-Maddox and Sharma- 

Campbell against results from AQUAlibrium. The one with the lowest error is chosen 

for further development. The validation data is available in Appendix E. 

Table 2 Average Error of Correlations or Charts 

Coded Correlations / Charts Average Absolute Error (%) 

Ideal 29.44 
McKetta-Wehe chart 9.25 

Bukacek 12.20 
Bukacek-Maddox 6.47 
Sharma-Campbell 144.72 

The results concur with the theoretical observation. Ideal is suitable only for low 

pressure and temperature, thus its error increases with increase in pressure and not 
suitable for use in this project because of its limitation. 
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5. 
otes and Conditions for Use 
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Figure 12 Ideal Model 

The reason that McKetta-Wehe chart is widely used is evident. It is easy to use and 

provides a relatively accurate estimation. Its limitation is in its inability to estimate 

the water content in acid gases. Bukacek as described in the literature review, is 

suitable only for sweet gas and thus, its accuracy is not as great as Bukacek-Maddox 

where provisions have been made to include water content from sour gas. Bukacek- 

Maddox program offers more flexibility as it can calculate both sweet and sour gas. 

ý 

otes and Conditions for Use 
------------------------------------------------------------------------------------------------------------- r.. Calculated using an ideal contribution and a deviation factor. 
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Figure 13 Bukacek Model 
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3: tes and Conditions for Use 
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Figure 14 Bukacek-Maddox Model 

Sharma-Campbell is not accurate as compared to AQUAlibrium. Sharma-Campbell is 

suppose to use EMR principle as suggested by Carroll but the author uses PR EOS 

instead because EMR method involves chart and cannot be used. The outcome of the 
high error could be contributed by the author's mistake when developing the program 

and not because of the method itself. Therefore, Sharma-Campbell method is not 

employed for further development and shall be further explored and improved in 

future studies. 
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Figure 15 Sharma-Campbell Model 

From the validation (FIG. 16) and summary (TABLE 2), it is clear that Bukacek- 

Maddox is a suitable choice for further development - to combine it with flash 

calculation model. 
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Absolute % Deviation from AQUAlibrium 
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Figure 16 Absolute Error of Between Developed Programs Against AQUAlibrium 

4.1.3 Results for Flash Calculation 

The development of flash calculation based on cubic PR EOS was not successfully 

coded and as such, other correlations had to be used. As recommended in FYP I, 

Standing's correlation is to be developed as another alternative to using Wilson's K- 

value correlation. However, after the validation, it was found that Standing's 

correlation performs worse than Wilson's. It gives erroneous results (i. e. vapour 

fraction » 1) far more often then Wilson's. Wilson's infrequently error is only 

marginal (eg: exceed 0.001 for vapour fraction calculation for natural gas especially 

at low pressure and at high temperature). In such cases, program will set vapour 

fraction to unity since it was known that at low pressure and high temperature, gas 

system is at vapour phase, and infinitesimal liquid can be taken as negligible without 

considerable error. 

36 



E 
1'41\IRI II 

IIAM MM1 

"'°"' Final Year Research Project - Natural Gas Phase Behaviour in Pipeline 

111 
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Figure 17 Flash Calculation Program Based on Wilson's Correlation 

FIG. 17 shows an excerpt of the flash calculation program. This is the second half of 

the complete program. This flash calculation is done based on Wilson's correlation 
described in section 2.4.2.1 and flash equation in Appendix A 

Figures in FIG. 18 and FIG. 19 are the validation of the program developed based on 

Wilson's K-value with HYSYS and AQUAlibrium, for low, moderate and high 

pressure, and for low sour gas content. In all of the runs, Wilson gives results closer 

to HYSYS than to AQUAlibrium at pressure similar to pipeline operating condition. 

This is a positive outcome. What is important in this comparison is that, we can 

conclude that the program developed is comparable with these two commercial 

software (i. e., not computed wrongly, or its results are out of range). The detail 

reasons behind the deviations are not in the scope of study, therefore, not discussed in 

length here. 

37 



E 

II'I 4I li `Il 
tiýi l^. I 

Final Year Research Project - Natural Gas Phase Behaviour in Pipeline 

Vapour Fraction at 50 psia (90% Cl, 5% C02,5% H2S) 
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Figure 18 Comparison of Flash Calculation for Vapour Fraction Among Three 
Programs 

Vapour Fraction at 1000 psia (90% Cl, 5% C02,5% H2S) 
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Liquid Fraction at 50 psia (90%C1,5% C02,5%H2S) 
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The vapour fraction estimated using Wilson performs well against both HYSYS, and 
AQUAlibrium. This is expected because for natural gas containing only C1, H2S, 

C02, and small amount of water (no heavy ends such as C7+), system is principally 

gaseous in many operating conditions for pipeline. Trend shows that the estimation of 

vapour fraction is generally good against both AQUAlibrium and HYSYS with 
higher error against AQUAlibrium. The estimation at low pressure is also better than 

that at high pressure. The reason is that real gas deviates from ideal condition at high 

pressure because of compressibility factors. However, the overall average error is still 
less than 2%. 

However, estimation for liquid fraction as compared to HYSYS and AQUAlibrium is 

very poor on the basis of percentage error. But at a glance, comparison between their 

magnitude yield almost conclusive answer. Liquid fraction for most of the validation 

is near zero. This phenomenon causes large error on percentage measure. Say, for 

example, Wilson's estimated liquid fraction to be 0.001 whereas HYSYS or 

AQUAlibrium, 0.002. The percentage error is 50%. However, this is infinitesimal in 

magnitude. The estimation for liquid fraction is erroneous by percentage comparison 

due to very small (often taken as negligible) fractions over the range of temperature 

and pressure. The small liquid fraction is due to the limitation of input components 

used in calculations - consists only C,, H2S, and CO2, all of which are largely in 

gaseous state except at subzero temperatures. The operating conditions in the pipeline 

for natural gas transmission is rarely at subzero and for this reasons, natural gas are 

basically gaseous with infinitesimal amount of liquid that is usually ignored. 

40 



E 

i -I III II 

"'°'ý ' Final Year Research Project - Natural Gas Phase Behaviour in Pipeline 

The following are the series of results (FIG. 20,21 and 22) to finding out the 

temperature and pressure to achieve vapour phase water mol fraction of 0.00014 for 

an inlet of 0.0006 fraction (Cl = 0.9994). This information is given by project 

supervisor. All the result generated by the program developed is validated by using 

HYSYS and AQUAlibrium. The Wilson's equation appears to have been developed 

correctly because it is comparable against HYSYS and AQUAlibium. Generally 

AQUAlibrium gives the highest mole fraction and Wilson the lowest mole fractions. 

In other words, AQUAlibrium gives a more conservative result while Wilson, the 

most optimistic in view that at higher pressure and/or low pressure, more water is 

condensed resulting in lower water vapour fraction at outlet condition. Wilson's 

equation is simple and does not take into account the polar molecule interactions that 

are present. HYSYS on the other hand, is set on PR EOS, and their interaction 

parameters are predefined. That is the reason for the difference in the results. Looking 

at the graphs, temperature and pressure suitable for separation condition can be 

determined. Clearly the lower the temperature and the higher the pressure, the more 
desirable is the outcome. 

In view of normal pipeline operating condition, 80 °F (27 °C) will require a pressure 

of 2,500 psia (173 bar) on Wilson's method to achieve desired water separation from 

natural gas. Any temperature higher than that would require even high pressure as 

given by graphs but limited to normal operating condition of pipeline. Lower pressure 

to meet separation target can be achieved by lowering the temperature, but one have 

to be mindful that at low temperature, the whole system might condensed into liquid, 

and even hydrates may form, or go into solids state especially at subzero temperature. 
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Figure 22 Outlet Water Vapour Fraction at a) 120 °F b) 140 °F 
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4.2 The Complete Program 

ý 
ress 'I' to let program calculate inlet water content through user define inlet gas composition 
ress '2' to user define all inlet composition 

ý 

ý 

ýý 

JATER CONTENT CALCULATION 
------------------------ later content of HC at T&P is: 2S. S58022 lb/MMsef 
, later content in C0 

11 
zzz=-. r ---------- , 

M44 e 

JAPOUR LIQUID EQUILIBRIUM 
------------------------- '4'eu calculated input fraction of component C1 : 0.7994CO 
'qeu c alculated input fraction of component H2S: 0.099920 

1 4 lculated input fraction of component Aeu calculated input fraction of component 1 
1 ------------ 

ý 

Figure 23 Option "1" of Complete Program 

The complete program does not only combine both water content estimation and flash 

calculation but also provides two options. Option "1" lets the program calculate the 

water content given the pressure, temperature and the composition of C1, CO2 and 
H2S. The result is then used to compute the inlet fraction of the system (inlet of the 

separator device). It now treats the system as close system. User will be asked for the 

outlet temperature and pressure, and the new equilibrium is calculated again with the 
flash function. 
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ý 
race 'I' to let program calculate inlet water content through user define inlet gas composition 
rasa '2' to user define all inlet composition 

ption: 2 

MP US IF7. X4Wr-rtVF1 ý0 

ý 
ý fill, 

utlet Temperature [F]?: 70 
utlet Pressure [psial?: 1000 

value of CI is 4.492929 
value of is 0.267112 
value of C02 is 0.857303 
value of 0 

ý- fnýý 
cl 0.283980 0.916469 

C02 0.056778 0.048676 
H20 0.610015 0.000338- 

Figure 24 Option "2" of Complete Program 

Option "2" allows the program to bypass the water content calculation. Instead, it 

prompts for user to define inlet compositions as depicted in FIG. 24. Subsequently, 

the user is again asked for the outlet temperature and pressure, and the new 

equilibrium will be computed with the flash function. 

4.3 FLUENT Simulation 

4.3.1 Simple Pipe with Wall Cooling 

There are changes in the coding structure to suit the FLUENT environment. For 

instance, there shall be no prompting of input when code is running from FLUENT. 

Input shall only be keyed from FLUENT interface. Thus, code have to be simplified, 
(i. e all "scanf' is removed). Only option "2" is used in FLUENT. At this stage the 

output only shows the vapour fraction. The final code that is incorporated into 

FLUENT is shown in Appendix I. 
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The following are some examples or case study to show that what this code can do 

when placed into FLUENT. As mentioned earlier, it can give a graphical 

representation (colour contours) of species fraction. There can be as many varieties of 

design and through this simulation, one can choose the best design and operating 

conditions to suit one separation process. 

Below is a simulation of a simple pipe with species mass fraction input of methane = 
0.5, hydrogen sulfide = 0.1, carbon dioxide = 0.1, and water = 0.3. By setting the wall 

temperature equal to the fluid temperature, there will be no flashing and equilibrium 
fraction of these species can then be obtained. These new mass fractions for each 

component will be used as the input in the subsequent simulation. 

Table 3 Equilibrium Mass Fraction 

Temperature (K) 320 

Pressure (bar) 60 

Species Input Mass Fraction 
Weighted Average 

Equilibrium Mass Fraction 

Methane (CH4) 0.5 0.79568 

Hydrogen Sulfide (H2S) 0.1 0.07815 

Carbon Dioxide (CO2) 0.1 0.12445 

Water (H2O) 0.3 0.00172 

FIG. 25 is the water vapour molar concentration contour for wall temperature of 273 

K. The surface weighted average mass fraction of water vapour exiting the simple 

pipe (AO) is 0.00028. 

Section 4.3.2 contains similar runs but now with finned pipe. Simulation shows how 

cooling (different design) affects the stream component concentration. Each run is set 

to 10,000 iterations or achieve convergence; whichever comes first. The stream inlet 

flow velocity is set to 0.01 m/s (low) to allow sufficient time for energy transfer. 
Each pipe is 32m by 1 in with buffer length of l Om before the first fin. 
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Figure 25 Molar Concentration of H2O for Simple Pipe (AO) 

4.3.2 Finned Pipe with Wall Cooling 
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Figure 27 Molar Concentration of H2O for A2 
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Figure 28 Molar Concentration of H2O for A3 
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Figure 29 Molar Concentration of H2O for B2 
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Figure 30 Molar Concentration of H2O for B3 
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Figure 31 Molar Concentration of H2O for C2 
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Figure 32 Molar Concentration of H2O for C3 
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4.3.3 Summary of Simulation 

There are three factors that affect the cooling effect provided to the stream passing 

through. They are: 

1. Number of fins. As the number of fins increases, the cooling effect increases. 

2. Width of the fin. The larger the width, the higher the cooling effect. 

3. The length of the fin. The longer the fin, the higher the cooling effect. 

From qualitative point of view, the arrangement of design providing least to highest 

cooling effect is AO (simple pipe) followed by A3, C3, A2, B2, Al, B3 and finally 

C2. Pipe with higher cooling effect should be able to remove more water. 

Table 4 Qualitative Pipe Design Analysis 

Fin Fin Fin 
Design Spacing Witdh Length Comment 

(m) (m) (m) 

AO n/a n/a n/a 
Simplest pipe with no fin. Therefore the least 

cooling effect. 
Large fin spacing results in only 4 fins for 

A3 6 0.20 0.50 cooling effect. Small width and medium fin 
length gives low cooling effect. 

Small fin spacing results in 10 fins for cooling 
C3 2 0 20 0 25 but due to very short fin length, stream passes 

. . through the middle with least resistance or 
contact with fin. 

A2 4 0 20 0 50 Moderate fin spacing results in 6 fins for 
. . cooling. Gives moderate cooling effect. 

Small fin spacing gives 9 fins for cooling. Plus 
B2 2 0.40 0.50 larger fin width results in slightly more cooling 

effect than A2. 

Small fin spacing results in 10 fins for cooling. 
A1 2 0.20 0.5 One additional number of fin has more cooling 

effect than increased in width size. 

B3 2 0.60 0 5 Almost comparable to Al. Cooling effect 
. slightly larger due to increase in width size. 

Has 10 fins and longer fins. Stream encounters 
C2 2 0.20 0.75 the most resistance there for undergo most 

cooling through all the 10 fins. 
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In all of the simulations, materials in the vapour stream can be seen condensed more 

near the cold wall. From the diagrams above, it can be deduced that the water 

concentration reduces as it travels through the pipe. The average water vapour 
fraction and flowrate exiting pipe can be seen changing with design. 

Amount Water Removed According to Pipe Design 

C2 Al B2 B3 A2 

Pipe Design 

A3 C3 

Figure 33 Amount Water Removed for Different Pipe Design 

AO 

Looking at the FIG. 33, the amount of water removed increases with increasing 

cooling effect. The trend generally tallies with the qualitative analysis shown in 

TABLE 4, but not entirely. Simple pipe denoted by AO indeed gives the lowest 

cooling effect as it removes the least amount of water compared to the rest of the 

finned pipe. On a qualitative view, C3 seems to give higher cooling than A3 but 

quantitative shows otherwise. Al, B2 and B3 are rather comparable with each other. 

C2 removes the most water, agreeing with that of qualitative analysis that it is the 

design that gives most cooling effect. It is clear that finned pipe offers better water 

condensation and hence better water removal than simple pipe. While choosing 

between design of similar type (among the finned pipes) simulator can provide 

quantitative analysis rather than relying on qualitative analysis. Thus, from 

quantitative analysis, the arrangement of design that offers most cooling effect to the 

least is C2, A 1, B2, B3, A2, A3, C3 and finally AO. 
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While it is desirable to remove larger amount of water by increasing the cooling 

effect, the outlet water vapour fraction shall also be checked. For example, in order to 

meet pipeline specification, mass fraction of water shall not exceed certain value. If 

fraction of water is an important criterion (as opposed to only amount of water 

removed) one has to check also the outlet fraction. There shall be an optimum design 

whereby it can removed large amount of water while also meeting the specification. 

Outlet Weighted Average Mass Fraction 

0.9 

0.8 
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0.5 
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0.1 
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Lower Cooling Effect Higher Cooling Effect 

CH4 

 S H2 

Q CO 

  H20 

AO A3 C3 A2 B2 C2 

Pipe Design 

Al B3 

Figure 34 Outlet Mass Fraction for Different Pipe Design 

FIG. 34 shows the outlet average mass fraction for the four stated species. Higher 

cooling effect is capable of condensing more materials than that of those designs with 

lower cooling effect. However, this phenomenon may not be desirable if the objective 

is to meet maximum allowable water content in the outlet gas stream. As evident, 

higher cooling effect also condense out other components particularly the valuable 
CH4. As a consequence, rate of removal of methane (as well as H2S and CO2) is 

higher resulting in increased outlet water vapour content instead of lowering it. This 

means providing more cooling (i. e: more fins and/or large fin and/or longer fin) may 

not necessary be good for separation. Optimum design shall be chosen instead. As 

such, AO, A3, C3 may be better for water condensation with lesser CH4 loss. 
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Diagram such FIG. 34 can show how much water vapour fraction at the outlet after 

cooling. The objective is to achieve pipeline specification or intended separation. 
Also it can show the fraction for other component as well. If absolute amount of 

mixture in the inlet is specified, the loss of each component can be calculated. 

Together with FIG. 33 one can decide the best design based on how much water to 

condense and how much acceptable methane is lost. 

The purpose of the above examples is to illustrate the capability of the model in 

FLUENT predicting the fluid behaviour in different design of the pipeline. There can 
be many more other designs, and with visual interpretation and accurate report 

obtained from simulator, one can choose the best design depending on for instance, 

the velocity of stream, wall temperature and fluid temperature. 
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CHAPTER 5 

CONCLUSIONS AND RECOMMENDATIONS 

5.1 Recommendation 

According to project supervisor, this research project is deemed as one of the 

pioneering efforts in the local area where the author is based. In another words, there 

are no existing program - be it in spreadsheet or in C language for further 

enhancement. The results (computational program) of this project is therefore the first 

version to find out water content in natural gas, subsequently its liquid and vapour 

fraction, and their respective composition. The author has only used the fundamental 

equations; for instance - incorporating Wilson's equation into flash calculation. In 

view of the situation, the accuracies of results from the use of these programs can be 

further improved. Some suggestions are as follows: 

1. When dealing with high pressure and/or at low temperature, care must be 

taken for different phase change than that normally anticipated. Hydrates and 

solid-liquid-vapour studies may provide a more insight into phase behaviour 

for extreme condition (i. e: outside the normal pipeline operating region). 

2. The EOS method can be also used to determine K, by following the algorithm 
depicted by FIG. 7. The problem is that the computation would be rather 

rigorous (because involve the determination of compressibility factors and 
fugacities) as already experienced by the author. Among the suitable EOS are 
Peng-Robinson or Soave-Redlich-Kwong or their derivatives/modified 

correlations. 

3. Define relationship or interaction between polar and non-polar substance. 
Such may be the case for EOS as there are provisions made to include this 

parameter. 

4. Whenever applicable, the programs (correlations) developed shall be 
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validated with experimental (actual / field) data rather than verifying only 

through literature references, AQUAlibrium, and HYSYS. 

5. When this method/new separation technology is proved to be feasible, a 

comprehensive laboratory flash experiment shall be done to obtain 

equilibrium ratios under the scope of P, T, and components where the 

equipment is built to operate. A propriety correlation can be generated (i. e: 

through linear regression model) for K, calculation. This can greatly improve 

vapour-liquid equilibrium composition. 

6. Model and FLUENT can be tested for many more other pipe designs. In other 

words, create more pipe designs for simulation and vary the variables such as 

the temperature, pressure and fluid velocities to study the effect. 

7. Create two phase (vapour and liquid together) simulation to see how much 

vapour is condensed to liquid and how much liquid vapourizes to gas, and 
how this equilibrium affects the outflow fraction. In this way, absolute 

amount of loss of each component can be obtained. 
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5.2 Conclusion 

Understanding vapour liquid phase behaviour is critical in developing the new type of 

gas separation technology. In this research, natural gas phase behaviour is studied 

using phase equilibrium for methane-water gas mixture. The final program 

developed, has also the provision to include CO2 and H2S components. 

Computational correlations are required for simulation purpose and for this reasons 

few methods have been narrowed down. For water calculation, Bukacek-Maddox 

model is found to be 6.47 % accurate when validated with AQUAlibrium as 

compared to McKetta-Wehe Chart 9.25%; Bukacek, 12.20%; Ideal, 29.44%; and 

Sharma-Campbell, 144.72%. For flash calculation, Wilson's equation is used to 

estimate the K-value required for flash calculation. Standing's correlation is not 

reliable and Peng-Robinson EOS has not been successfully coded due to its 

complexity. It is reported that Wilson's equation is valid for pressure up to 500 psia. 

However, trend shows flash calculation based on Wilson is comparable to HYSYS 

and AQUAlibrium over the range of temperature and pressure studied. Wilson gives 

the most optimistic result as far as water content at outlet gas mixture condition is 

concern. Few runs have been made to estimate the pressure and temperature required 

to bring the water vapour content to the target 0.00014. Looking at a normal pipeline 

operating condition, temperature at 27°C requires a pressure of 2,500 psia (173) bar 

on Wilson method to achieve the desired separation. The real accuracy of Wilson 

cannot be ascertained unless there is lab or experimental results, but here it can be 

concluded that Wilson is reliable, easy to compute and as such shall be given more 

credit than limit its use at only up to 500 psia. Model is highly flexible when 

incorporated into FLUENT in the sense that it can predict flow behaviour for any 

pipe design (as long as boundary conditions are specified). With the success of 

incorporating flash model into FLUENT, one can choose the best design for the 

desired separation, be it for water, carbon dioxide or hydrogen sulphide removal from 

methane (natural gas). 

58 



E 
Ihl\I FIIi 

I I1'. ß M. ". i 

"°" Final Year Research Project - Natural Gas Phase Behaviour in Pipeline 

REFERENCES 

[1] Al-Saygh, Moshfeghian & Maddox. 2004. Calculating and Applying K- 
Values. University of Qatar and Oklahoma State University. 

[2] Augustine et al. 2006. Understanding Natural Gas Markets. Lexecon (FTI 
Company). American Petroleum Institute 

[3] Canjar. 1958. P-V-T and Related Properties for Methane and Ethane. 
Chemical and Engineering Data Series 185 

[4] Carroll. 1998. The Newsletter for AQUAlibrium Users Vol 2 No. 2. 
AQUAnews. 

[51 Carroll. 2002. The Water Content of Acid Gas and Sour Gas From 100° to 
220°F and Pressure to 10,000 psia. Presentation at the 81 s' Annual GPA 
Convention. 

[6] Carroll. 2003. Natural Gas Hydrates: A guide for engineers. Gulf 
Professional Publishing. USA 

[7] ConocoPhilips. 13 Sept 2007. Natural Gas Dehydration: Lessons Learned 
from The Natural Gas STAR Program. Producers Technology Transfer 
Workshop, Durango Colorado. 

[8] Curry, R. N. 1981. Fundamentals of Natural Gas Conditioning. PennWell 
Publ. Co. Tulsa, Oklahoma; pp. 118 

[9] Gao, Robinson & Gasem. 2003. Alternate Equation of State Combining 
Rules and Interaction Parameter Generalizations for Asymmetric Mixtures. 
Fluid Phase Equilibria 213 (2003) 19-37 

[10] Gasem et al. 1998. Phase Behaviour of Light Gases in Hydrocarbon and 
Aqueous Solvents. Prepared for the US Department of Energy. Oklahoma 
State University 

[11] Kumar. 1987. Gas Production Engineering. Gulf Publishing Co. Houston, 
Texas; app. 4-7; bpp. 25-31 

[12] M. Campbell et. al. November 2007. Water-Sour Natural Gas Phase 
Behavior. PetroSkills© Facilities Training 

[13] March et al. 2005. Measurement and Modeling of Hydrocarbon Dew Points 

. 
for Five Synthetic Natural Gas Mixture. Phase Fluid Equilibria 239 (2006) 
138-145 

[ 14] Sandler. 1999. Chemical And Engineering Thermodynamics 3"" ed. John 
Wiley & Sons Inc. USA; pp. 518 

59 



0 IlNI"I FBI 11 

111. 'ýý M1", 1 

I"" Final Year Research Project - Natural Gas Phase Behaviour in Pipeline 

[15] Sloan Jr. 1982. Two Phase Natural Gas Hydrate Equilibrium; Gas Hydrates 
and Permafrost. Chemical and Petroleum-Refining Engineering. Colorado 
School of Mines. USA. 

[16] Smith, Van Ness & Abbott. 2005. Introduction to Chemical Engineering 
Thermodynamics 7th ed. McGraw Hill. New York; app 64" bpp. 72; Cpp. 89; 
dpp. 87; `pp. 92 

[17] Tarek Ahmed. 2007. Equation of State and PVT Analysis: Applications for 
Improved Reservoir Modeling. Gulf Publishing Company. Houston; app. 166; 
bpp. 141; Cpp. 396; dpp. 142-143; epp. 155 

[18] Trygve Klov. Dec 1997. Water Dissolved in Natural Gas. Network File 
Transfer (NFT) 

[19] Vidal. 2003. Thermodynamics: Applications in Chemical Engineering and 
The Petroleum Industry. Editions Technip. Paris 

[20] Voutsas et al. 2005. Vapour Liquid Equilibrium Modeling of Alkane System 
with Equation of State: "Simplicity versus Complexity ". Phase Fluid 
Equilibria 240 (2006) 127-139 

[211 Whitson & Brule. 2000. Phase Behaviour. Monograph Volume 20, Henry L. 
Doherty Series. SPE. USA; app. 49-50 

[22] Wichert & Wiehert. 29 March 1993. Chart Estimates Water Content of Sour 
Natural Gas. Oil & Gas Journal Vol. 91, Issue 13 

[23] ZareNezhad. 2008. A Correlation for Estimating The Vapour Phase Fraction 
of a Multicomponent Mixture to Perform Flash Equilibrium Calculations. 
Journal of the University of Chemical Technology and Metallurgy, 43,2, 
2008,251-254 

[24] Background Overview of Natural Gas. 7th August 2008. 
<http: //www. nat uralgas. org> 

[25] Kolass, Friedrichsdorf, & Parker. Moisture Measurement in Natural Gas. 
Mitchell Instruments. 4th March 2009. 
<www. iceweb. com. au/Analyzer/MoistMeas/Advantica%20Moisture%20 
Measurement%20Paper. doc> 

[26] Natural Gas Processing; Dehydration. 20th Feb 2009. 
<http: //www. advent uresinenergy. org/Natural -Gas- 
Processing/Dehydration. html> 

[27] Processing Natural Gas. 20th Feb 2009. 
<http: //www. naturalgas. org/nat uralgas/processing_ng. asp> 

[28] T. Okimoto & M. Brouwer. Supersonic Gas Conditioning. 2"d March 2009. 
<http: //findarticles. com/p/articles/mi_m3l59/is_8_223/ai_n27577403/pg_1 > 

60 



I,. 

I11MMlI 

"'"" Final Year Research Project - Natural Gas Phase Behaviour in Pipeline 

APPENDICES 

61 



0 uI: J RH II 

II ANNAi 

"'"" "' Final Year Research Project - Natural Gas Phase Behaviour in Pipeline 

APPENDIX A 

DERIVATION OF EQUATION (2.11) 

Total number of moles in the system is equal to the total number of moles in the 

liquid phase plus the total number of moles in the vapour phase. 

n=n, +n,, 

z, n=x, n,, + y, n,, 

Where; Z; = mole fraction of component i in the entire hydrocarbon mixture 
n= total number of moles of the hydrocarbon mixture 
nL = total number of moles in the liquid phase 
n,, = total number of moles in the vapour phase 
x; = mole fraction of component i in liquid phase 
y; = mole fraction of component i in vapour phase 

K=Y; 
XI 

Yl, +77� =I 

z, = x, n, + (x, K, )nv 

XI = 
ZI 

n,, + n,, K; 

ZK ii 
=XK y -n, +nK ý, 

x; _ý 
Z' 

=1 
1 nL +nvK; 

y, _I 
z, K, 

=1 , n,, + nv K, 

J]y, -Yx, =0 

Rearranging gives: 

z. K ý-- 
-- 

1 L; l1; 

_ý 

`ý 
=0 

º n, +n, K; n, +n�K, 

ý z, (K, -1) =0 
nj +nvK, 

I 
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Replacing nL with (1-n,, ) yields a set of equation referred to as flash calculations. 

z, (K, -1) _0 
n, (K, 

Flash calculation are performed to determine the moles of the gas phase, n,,, moles of 

the liquid phase, nL, composition of the liquid phase, x;, and composition of the gas 

phase, y;. The computational steps for determining all these of a hydrocarbon mixture 

with a known overall composition of z, and characterized by a set of equilibrium 

ratios, K;, can be solved using the Newton-Raphson iteration technique. 

A good assumption of initial n� is: 

n, =A I(A + B) 

A= [z, (K, -1)] 

Bz, 
1 

-1 K, 

If the absolute value of the function f(n)) is smaller than a present tolerance, such as 
10-6, then the assumed value of n,, is the desired solution. If the absolute value of f(n,, ) 

is greater than the present tolerance, then a new value of (nv)1P,,, is calculated from the 

following expression: 

ý,, ) (n, ),,,., = 
n, 

-f 
(f 
, (n,, ) 

With the derivative f'(n,, ) as given by: 

z (K -1)2 
[nv (K, _1) + 1]2 

Where (n,, )� is the new value of n,, to be used for the next iteration. The procedure is 

repeated with the new value of n,, until convergence is achieved, that is when 

V(n,, )I<eps 

II 
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APPENDIX B 

STANDING'S CORRELATION (2.21) 

Component could be uniquely characterized by combining its boiling point 

temperature, critical temperature, and critical pressure into a characterization 

parameter, which is defined by the following expression: 

F =b, 
1-1 

, Th; T 

_ 
log(p,, /14.7) 

b, [1/Th, 
-i/., 

] 

F; = component characterization factor 

Tb, = normal boiling point of component i, °R 

K, _ J) 

The proposed form of the correlation is based on an observation that plots of log (Kp) 

versus F; at a given pressure often form straight lines with a slope of c and intercept 

of a. From the six isobar plot for 18 sets of equilibrium ratio values, Standing 

correlated the coefficients a and c with the pressure to give: 

a=1.2 + 0.00045p + 15(10-8)p2 

b=0.89 - 0.00017p - 3.5(10-8)p2 

Improvement can be made by changing the correlating parameter, b;, and the boiling 

point of the components listed in Tarek'7 page 340. 

III 
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APPENDIX C 

PENG ROBINSON EOS (2.24) 

The general PR PVT relationship is described as below: 

RT aa 
P_V 

-b V(V +b)+b(V -b) 

Where; p= System pressure, abs. pressure unit 
T= System temperature, abs. temperature unit 
R= Gas constant 
V= Volume, volume unit/mol 
a= molecules "attraction" parameter 
b= molecule "repulsion" parameter 
a= temperature correction parameter 

Solving the parameter a and b yields: 
zz 

a= 0, RT; Stu = 0.45724 
PC 

b= S2h -E-I; Ob = 0.07780 
P(1 

a= 
[1 

+ m(1- T, ýý 
;m=0.3796 +1.54226o) - 0.2699wz 

Where; T, = Reduce temperature = T/T,, abs. temperature unit 
m= PR parameter 
co = Accentric factor 

To apply PR to mixture, mixing rules are required to determine the following 

parameters: 

For liquid phase 

(aa),,,, _ýý 
[x, 

x) a, aýa, a, (1- k, 
r 
)] 

[x, b, ] 

(aa),,,, r P Ar 
(RT)2 

B, _ 
b,,,. rP 

r RT 

IV 
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For vapour phase 

ýaa)�,,, - ýý [y; 
yi a, a; ara, (1- k, 

ý )ý 
IJ 

b,,.,, =I [Y, b, ] 

_ 
(a a),,,,, P 

(RT)' 

f7m, 
i. 

ý7 

RT 

The compressibility factor is a pre-requisite for fugacity calculation. Z-factor is given 

as belows: 

For liquid phase 

Z'"3 +(B, -I)Z'2 +(A, -3B, 
z 

-2B, )Z'. _(A, B, -B, 
Z 

-B, 
3)=0 

For vapour phase 

Z', 3 + (B,, -1)Z', 
2+ (A,, - 3B,, 2 

-2B,, )Z' - (A,, B,, - B,, 2 
- B,, ) =0 

The fugacity coefficients for PR are given as: 

For liquid phase 

In 
l,. 

x, P 
b, (Z" -1) - ln(Z, - B, ) 

A, 2`Y; b 
lnZ" +(1+V2)B, 

= ln(ý; )_--ý 
bn,, 2ýB, 

[(aa), 
j b�,, l ZL -(I - V2)BI 

For vapour phase 

in( 
fý 

=1n((D`')=b, 
(ZV1)-ln(Z" 

-B, )- A,. 2P, 
-b In 

ZV+(1+/)B,, 

Y, P bn,,, 2. \r2B,, 
[(aa)11. 

b,,,,,, Z` -(1-V)B,, 

Finally the equilibrium ratio, K; can be defined using EOS by: 

K- 
f'1 I(x'1') 
f"' /(Y; 1') ý, 
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APPENDIX D 

RESULT DATA FOR SAUL-WAGNER CORRELATION 

Table 5 Water Vapour Pressure Between Saul-Wagner and Steam Table 

Water Psat at T (kPa) error 
Steam 

T (°C) Saul-Wagner % error I%errorl 
Table 

0.01 0.61 0.6117 -0.278 0.278 
5 0.87 0.8725 -0.287 0.287 
10 1.23 1.2281 0.155 0.155 
15 1.7 1.7057 -0.334 0.334 
20 2.34 2.3392 0.034 0.034 
25 3.17 3.1698 0.006 0.006 
30 4.24 4.2469 -0.162 0.162 
35 5.62 5.6291 -0.162 0.162 
40 7.38 7.3851 -0.069 0.069 
45 9.59 9.5953 -0.055 0.055 
50 12.34 12.352 -0.097 0.097 
55 15.75 15.763 -0.082 0.082 
60 19.93 19.947 -0.085 0.085 
65 25.02 25.043 -0.092 0.092 
70 31.17 31.202 -0.103 0.103 
75 38.55 38.597 -0.122 0.122 
80 47.36 47.416 -0.118 0.118 
85 57.8 57.868 -0.118 0.118 
90 70.1 70.183 -0.118 0.118 
95 84.51 84.609 -0.117 0.117 
100 101.3 101.42 -0.118 0.118 
105 120.76 120.9 -0.116 0.116 
110 143.2 143.38 -0.126 0.126 
115 168.97 169.18 -0.124 0.124 
120 198.43 198.67 -0.121 0.121 
125 231.95 232.23 -0.121 0.121 
130 269.94 270.28 -0.126 0.126 
135 312.84 313.22 -0.121 0.121 
140 361.09 361.53 -0.122 0.122 
145 415.17 415.68 -0.123 0.123 
150 475.58 476.16 -0.122 0.122 
155 542.84 543.49 -0.120 0.120 
160 617.49 618.23 -0.120 0.120 
165 700.1 700.93 -0.118 0.118 
170 791.25 792.18 -0.117 0.117 
175 891.56 892.6 -0.117 0.117 
180 1001.65 1002.8 -0.115 0.115 
185 1122.18 1123.5 -0.117 0.117 
190 1253.82 1255.2 -0.110 0.110 
195 1397.27 1398.8 -0.109 0.109 
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200 1553.23 1554.9 -0.107 0.107 
205 1722.43 1724.3 -0.108 0.108 
210 1905.64 1907.7 -0.108 0.108 
215 2103.63 2105.9 -0.108 0.108 
220 2317.19 2319.6 -0.104 0.104 
225 2547.13 2549.7 -0.101 0.101 
230 2794.28 2797.1 -0.101 0.101 
235 3059.5 3062.6 -0.101 0.101 
240 3343.66 3347 -0.100 0.100 
245 3647.66 3651.2 -0.097 0.097 
250 3972.41 3976.2 -0.095 0.095 
255 4318.85 4322.9 -0.094 0.094 
260 4687.94 4692.3 -0.093 0.093 
265 5080.67 5085.3 -0.091 0.091 
270 5498.05 5503 -0.090 0.090 
275 5941.13 5946.4 -0.089 0.089 
280 6410.97 6416.6 -0.088 0.088 
285 6908.69 6914.6 -0.085 0.085 
290 7435.42 7441.8 -0.086 0.086 
295 7992.36 7999 -0.083 0.083 
300 8580.74 8587.9 -0.083 0.083 
305 9201.84 9209.4 -0.082 0.082 
310 9857 9865 -0.081 0.081 
315 10547.65 10556 -0.079 0.079 
320 11275.29 11284 -0.077 0.077 
325 12041.49 12051 -0.079 0.079 
330 12847.98 12858 -0.078 0.078 
335 13696.6 13707 -0.076 0.076 
340 145 89.36 14601 -0.080 0.080 
345 15528.5 15541 -0.080 0.080 
350 16516.54 16529 -0.075 0.075 
355 17556.38 17570 -0.078 0.078 
360 18651.49 18666 -0.078 0.078 
365 19806.3 19822 -0.079 0.079 
370 21027.19 21044 -0.080 0.080 

VII 
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APPENDIX E 

RESULT DATA FOR WATER CONTENT CORRELATION 

Table 6 Estimated Water Content Using Different Methods 

Condition Water Content lb/MMscf 

Sharma- McKetta 
T(°F) P(psia) Comp. Ideal -Wehe Bukacek Bukacek- Capmbell AQUA- 

(oý°) Maddox using PR librium 
chart EOS 

HC: O 
120 100 H2S: 20 802.858 800 826.506 883.198 843.611 840.5 

C02: 80 
HC: O 

120 500 H2S: 20 160.572 180 184.22 224.806 481.676 217.5 
C02: 80 
HC: O 

120 1000 H2S: 20 80.286 100 103.934 153.009 1285.827 167.7 
C02: 80 

HC: 97.26 
122 1016 H2S: 0.25 83.519 105 108.185 109.348 151.571 106.8 

C02: 2.49 
HC: 84 

159.8 1395 H2S: 16 160.436 220 212.398 260.46 346.808 235 
C02: 0 
HC: 71 

160 925 H2S: 29 243.112 300 295.267 374.829 500.758 329 
C02: 0 
HC: 79 

160 358 H2S: 21 628.152 700 680.307 722.646 671.06 723 
C02: 0 
HC: 89 

100 2000 H2S: 0 22.509 40 37.772 39.373 96.633 42 
C02: 1 1 
HC: 80 

160 1000 H2S: 0 224.878 290 277.033 294.662 375.688 293 
C02: 20 
HC: 72.5 

160 1367 H2S: 27.5 164.505 240 216.66 229.243 457.431 258 
C02: 0 
HC: 30 

100 1100 H2S: 10 40.925 70 56.188 71.444 487.583 82 
C02: 60 

HC: 97.26 
122 1015.54 H2S: 0.25 83.557 108 108.223 109.386 180.415 106.8 

C02: 2.49 

VIII 
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Table 7 Water Content Deviation from AQUAlibrium 

Absolute % Deviation from AQUAlibrium 

validation McKetta-Wehe Bukacek- Sharma- Ideal Bukacek 
no. chart Maddox Capmbell 

1 4.48* 4.82 1.66 5.08 0.37 
2 26.17 17.24 15.30 3.36 121.46 
3 52.13 40.37 38.02 8.76 666.74 
4 21.80 1.69 1.30 2.39 41.92 
5 31.73 6.38 9.62 10.83 47.58 
6 26.11 8.81 10.25 13.93 52.21 
7 13.12 3.18 5.90 0.05 7.18 
8 46.41 4.76 10.07 6.25 130.08 
9 23.25 1.02 5.45 0.57 28.22 
10 36.24 6.98 16.02 11.15 77.30 
11 50.09 14.63 31.48 12.87 494.61 
12 21.76 1.12 1.33 2.42 68.93 

Abs. Avg. 29.44 9.25 12.20 6.47 144.72 Deviation 

*example of calculation 

Abs. Error (Ideal) = 
840.5 - 802.858 

x 100% = 4.48% 
840.5 

IX 
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APPENDIX F 

RESULT DATA FOR FLASH CALCULATION 

Table 8 Comparison of Vapour Fraction using Wilson, AQUAlibrium and HYSYS 

Input Composition on dry basis (%): C1=0.9; H2S=0.05; C02=0.05; 

Vapour Fraction Wil-Aqua %ý 1^Jil-HYSYS (%) 
no U6 P sia Wilson Standing A ualibrium: HYSYS error : ....... jerrorl ... _ error : jerrorl 

1 50 50 1 000000: 1 000000: 0,999230: 0 999170 0 0771; 0 0771 0 0831; 0 0831 
2 100: 50 1 000000: 1 000000: 1 000000: 0 999960 0 0000; 0 0000 0 0040; 0 0040 
3 150; 50; 1 000000: 1 000000: 1 000000 1 000000 0 0000; 0 0000 0 0000: 0 0000 
4 200: 50 1 000000; 1 000000: 1 000000; 1 000000 0 0000: 0 0000 0 0000: 0 0000 
5 250: 50 1.000000: 1.000000; 1.000000: 1.000000 0 0000 0 0000 0 0000: 0 0000 

TOTAL 0 0771: 0 0771 0 0871: 0 0871 
AVERAGE 0.0154! 00154 0 0174; 00174 

..................... ................... 
Vapour Fraction. 

.......... ........................... .... .......................... ....... 
Wi..: A9ý. a.. %. ý....... 

.... no T(F) P(psia): Wilson Standing Aqualibrium HYSYS error lerrorl error lerrorl 
1 50 500: 0 999798: 1 000000; 0 999860; 0 999780 -0 0062: 0 0062 0.0018; 0 0018 
2 1001 5001 0 999846: 1 000000. 1 000000: 0 999600 -0 0154: 0 0154 0 0246 0 0246 
3 150: 500: 0 9993311 1 0000001 0 999950: 0 998910 -0 06191 0 0619 0 0421; 0 0421 
4 2001 500. 0 998980: 1 000000: 1 0 998720 -0 1020. 0 1020 0 0260: 0260 00260 
5 250: 500: 1.000000 1 000000: 1 1.000000 0 0000: 0 0000 0 0000 0.0000 

TOTAL -01855: 01855 0.0946: 0.0946 
AVERAGE -0.0371: 0.0371 0.0189: 0.0189 

Vapour Fraction 
. ..................................... . .............................. ....... 

Wil-A. qua...... ý! ).... 
. ..... 

Wil HYSYS.. ý. ° ý.... 
no T(F) P sia : Wilson Stands A ualibrium: HYSYS error lerrorl error lerrorl 

1 50 1000: 0 999449: 1 000000: 0 999890: 0 999800 -0 0441; 0 0441 -0 0351; 0 0351 
2 100: 1000: 0 999247: 1 000000: 0 999940' 0 999570 -0 0693: 0 0693 -0.0323: 0 0323 
3 150: 1000 0 998147: 1 000000: 0.999900: 0 998790 -0 1753: 0 1753 -0 0644: 0 0644 
4 200: 1000;. 0 996349: 1 000000: 1 0000001 0 997750 -0 3651: 0 3651 -0 14041 0 1404 
5 250: 1000: 0-993685: 1 000000: 1.000000 0.996810 -0.6315 0.6315 -0 3135: 0.3135 

TOTAL -12853: 12853 0.5857: 05857 
AVERAGE -02571: 0 2571 -0.11711 0.1171 

For Standing, font highlighted in red means that it gives illogical answer (i. e., fraction >>1) 
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Table 9 Comparison of Liquid Fraction using Wilson, AQUAlibrium and HYSYS 

... ......... ................ 
Liquid Fraction. WiI:. Aqua°ýý 

............. . 
WiFHYSYS.. ý`ýO)....... 

no T(F) P sia Wilson ; Standing uakbrium HYSYS error lerrorl error lerrorl 
1 50 50 0 000000 .0 000000; 0 000770, 0 000830 -100 0000' 100 0000 -100 00001 100 0000 
2 1001 50 0 000000 10 000000: 0 000000! 0 000040 0 0000; 00000 -100 0000' 100 0000 
3 150 50 0 000000 ;0 000000; 0 000000: 0 000000 0 0000: 0 0000 0 0000; 0 0000 
4 200; 50 0 000000 ;0 0000001 0 000000; 0 000000 0 0000: 00000 0 0000; 0 0000 
5 250: 50 0.000000 1.0.000000; 0.000000: 0 000000 0.0000: 0.0000 0 00001 00000 

TOTAL -100 0000' 100 0000 -200.0000; 200.0000 
AVERAGE -20 0000; 20 0000 -4000001 40 0000 

Liquid Fraction % Wil ! °`qua .. Wil-HYSYS % 
......... .................. . . no T(F) P(psia) ........ Wilson Standing ......... uafbrium HYSYS ........ ............. .. _.. error ............................ . lerrorl .................................. error . . lerrorl 

1 501 500 0 0002021 0 000000 0 000140 0 000220 44 2857. 44 2857 -8 18181 8 1818 
2 1001 500 0 000154: 0 000000 0 000000 0 000400 0 0000 0 0000 -61 50001 61 5000 
3 1501 500 0 000669' 0 000000 0 000050 0 001090 1238 00001 1238 0000 -38 6239' 38 6239 
4 2001 500 0 001020: 0 000000 0 000000 0 001280 0 0000; 0 0000 -20 3125: 20 3125 
5 250' 500 0 000000: 0 000000 0000000 0.000000 0.00001 0 0000 0 0000; 0 0000 

TOTAL 1282 28571 1282 2857 -128 6182, 128 6182 
AVERAGE 25645711 256 4571 -25 32361 25 7236 

....... ................. ....................... 
Liquid Fraction........... 

.............................. ............... 
Wit-Aqua. 

_(°%)................ ........ _WiWYSYS 
°%ý.......... 

no T(F) ': P sia Wilson ; Standin uaibrium; HYSYS error lerrorl error errorl 
1 501 1000 0 000551: 0 000000! 0 0001 101 0 000200 400 9091: 400 9091 175 5000' 175 5000 
2 1001 1000 0 0007531 0 000000; 0 0000601 0 000430 1155 00001 1155 0000 75 1161 75 1163 
3 1501 1000 0 001853: 0 0000001 0.000100; 0 001210 1753 0000; 1753 0000 53 14051 53 1405 
4 200: 1000 0.0036511 0 000000: 0 0000001 0 002250 0 00001, 00000 62 26671, 62.2667 
5 2501 1000 0.0063151 0.000000! 0.0000001 0.003190 0.0000; 0 0000 97.96241 97 9624 

TOTAL 3308.9091' 3308 9091 463 98581 4639858 
AVERAGE 661 78181. 661.7818 92 7972: 92 7972 

XI 
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APPENDIX G 

RESULT DATA FOR FLUENT SIMULATION 

Table 10 Data for Outlet Mass Fraction for Different Pipe Design 

i S 
Weighted Average Outlet Mass Fraction 

es pec 
AO A3 C3 A2 B2 Al B3 C2 

CH4 0.797712 0.794665 0.786236 0.773477 0.752956 0.745205 0.744710 0.697613 

H2S 0.077574 0.070949 0.070217 0.058406 0.058259 0.055989 0.056586 0.033429 

CO2 0.124434 0.119218 0.117488 0.107616 0.105325 0.103861 0.103754 0.079206 
I H2O 0.000280 0.015168 0.026059 0.060501 0.083460 0.094945 0.094950 0.189752 

Table 11 Amount Water Removed for Different Pipe Design 

Molar Concentration Flowrate (kmol/m3-s) x E-07 
Pipe Design 

Inlet Outlet Removed 

C2 4.5085 0.3021 4.2064 

Al 4.5085 0.3732 4.1353 

B2 4.5139 0.4067 4.1072 

B3 4.5085 0.4101 4.0984 

A2 4.5085 0.5159 3.9926 

A3 4.5244 0.5662 3.9582 

C3 4.5085 0.6768 3.8317 

AO 4.5085 0.9068 3.6017 

XII 
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APPENDIX H 

THE C++ CODE FOR THE COMPLETE PROGRAM 
#include <stdio. h> 
#include <conio. h> 
#include <math. h> 

const float R= 10.73; 
const float Pcwater = 3200.12; //unitinpsia 
const float Tcwater = 1164.85; //unit in Rankine 
float epsilon = 0.00001; //iteration accuracy; the lower the more iteration 

//component user input 
typedef struct { 

float omega, critP, critT; 
} Component 1; 
char* name[30]; 

//for initial K calculation 
typedef struct { 

float zi; 
float kvalue; 
float liqfrac, vapfrac; 

} Component 2; 
float Dx, Nv, Nl, fnv, fPnv; 
float A, B; 

//General 
float T, P, T_II, P_II; 
int Ncomponent=4, i, n, j, Nmax=100; 
int option; 

XIII 
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/Bukacek Maddox 
float yHC, yH2S, yCO2; 
float Psatwater, tau, BBukacek; 
float w, wHC, wCO2, wH2S; 
float multi, a0, al, a2, b0, bl, b2; 
float nH2O, nTotal; 

int main() 
{ 
printf("\t****** Bukacek Maddox - Wilson Flash Ver 6.0 by T. H. Lee (March 2008) ******\n\n\n"); 

Component 
_1 

Userlnput [100]; 
Component 

-2 
Calculated [100]; 

i=1; 
name[i] = "Cl"; 
Userlnput[i]. omega=0.0104; 
Userlnput[i]. critP=666.4; 
Userlnput[i]. critT=343.33; 

i=2; 
name[i] = "H2S"; 
Userlnput[i]. omega=0.094; 
Userlnput[i]. critP=1300.65; 
Userlnput[iJ. critT=672.3; 

i=3; 
name[i] = "C02"; 
Userlnput[i]. omega=0.224; 
Userlnput[i]. critP=1071.37; 
Userlnput[i]. critT=547.56; 

XIV 
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i=4; 
name[i] = "H2O"; 
Userlnput[i]. omega=0.345; 
Userlnput[i]. critP=3200; 
Userlnput[i]. critT=1164.78; 

ýý*****************************BUKACEK MADDOX************************************ 

printf("OPTION\n"); 
printf(" -\n"); 
printf("Press '1' to let program calculate inlet water content through user define inlet gas composition\n"); 
printf("Press '2' to user define all inlet composition\n\n"); 
printf("Option: "); 
scanf("%i", &option); 
printf("\n\n"); 

if(option == 1) 
{ 
//ask operating input from user 
printf("USER INPUT\n"); 
printf( ------------ \n"); 
printf("Operating temperature [F]?: "); 

scanf ("%f", &T) ; // T in F for Maddox constant 
printf("Total pressure [psia]?: "); 
scanf("%f", &P); 
printf("Mole fraction of HC, yHC?: "); 
scanf("%f", &yHC); 
printf("Mole fraction of H2S, yH2S?: "); 
scanf("%f", &yH2S); 
printf("Mole fraction of C02, yC02?: "); 
scanf("%f", &yC02); 
printf("\n\n\n"); 

xv 
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printf("WATER CONTENT CALCULATION\n"); 
printf("-------------------------\n"); 

//warning if P<100 and P>3,000 
if (P <100){printf ("Warning!! P< 100 psia. Maddox correlation is not suitable at this condition\n\n"); } 
if (P >3000){printf ("Warning!! P>3,000 psia. Maddox correlation is not suitable at this condition\n\n"); ) 

//Constants for CO2 
if (T >=80) 

{ 
if (T >=100) 

{ 
if (T >=130) 

1 
if (T >160) 

1 
printf ("Warning!! T> 160 deg F. Maddox correlation is not suitable at this condition. Maddox 

coefficients for C02 will assumed those of T= 160 deg F\n"); 
a0 = 6.1850; 
al = -1.8492; 
a2 = 0.2139; 

} 

else 
{ 

} 
else 

multi = (160-T)/(160-130); 
aO = 6.1850-(multi*(6.1850-6.1925)); 
al = -1.8492-(multi*(-1.8492+2.0280)); 
a2 = 0.2139-(multi*(0.2139-0.2400)); 

} 
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{ 
multi = (130-T)/(130-100); 
aO = 6.1925-(multi*(6.1925-6.1870)); 
al = -2.0280-(multi*(-2.0280+2.3779)); 
a2 = 0.2400-(multi*(0.2400-0.3103)); 

} 
} 

else 
{ 

multi = (100-T)/(100-80); 
aO = 6.1870-(multi*(6.1870-6.0901)); 
al = -2.3779-(multi*(-2.3779+2.5396)); 
a2 = 0.3103-(multi*(0.3103-0.3427)); 

} 
else 

} 

{ 
printf ("Warning!! T< 80 deg F. Maddox correlation is not suitable at this condition. Maddox coefficients 
for CO2 will assumed those of T= 80 deg F\n"); 

a0 = 6.0901; 
al = -2.5396; 
a2 = 0.3427; 

} 

//Constants for H2S 
if (T >=80) 

{ 
if (T >=100) 

{ 
if (T >=130) 

f 
if (T >=160) 

1 
if (T >=220) 
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{ 
if (T >280) 

{ 

printf ("Warning!! T> 280 deg F. Maddox correlation is not suitable at this condition. 
Maddox coefficients for H2S will assumed those of T= 280 deg F\n"); 
bO = 9.2783; 
bl = -3.3723; 
b2 = 0.4897; 

} 

else 

} 
else 

{ 

{ 
multi = (280-T)/(280-220); 
bO = 9.2783-(multi*(9.2783-7.9773)); 
bl = -3.3723-(multi*(-3.3723+2.8597)); 
b2 = 0.4897-(multi*(0.4897-0.4232)); 

} 

multi = (220-T)/(220-160); 
bO = 7.9773-(multi*(7.9773-6.8834)); 
bl = -2.8597-(multi*(-2.8597+2.4731)); 
b2 = 0.4232-(multi*(0.4232-0.3646)); 

} 
} 

else 
{ 

multi = (160-T)/(160-130); 
bO = 6.8834-(multi*(6.8834-6.1694)); 
bl = -2.4731-(multi*(-2.4731+2.2342)); 
b2 = 0.3646-(multi*(0.3646-0.3319)); 

} 
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} 
else 

{ 

} 
else 

{ 

} 
else 

} 

? 

multi = (130-T)/(130-100); 
bO = 6.1694-(multi*(6.1694-5.4896)); 
bl = -2.2342-(multi*(-2.2342+2.0210)); 
b2 = 0.3319-(multi*(0.3319-0.3046)); 

multi = (100-T)/(100-80); 
bO = 5.4896-(multi*(5.4896-5.1847)); 
bl = -2.0210-(multi*(-2.0210+1.9772)); 
b2 = 0.3046-(multi*(0.3046-0.3004)); 

{ 
printf ("Warning!! T< 80 deg F. Maddox correlation is not suitable at this condition. Maddox coefficients 
for H2S will assumed those of T= 80 deg F\n"); 

bO = 5.1847; 
bl = -1.9772; 
b2 = 0.3004; 

1 

//calculate tau 
tau = 1-((T+459.6)/Tcwater); 

H finding saturated water pressure 
Psatwater = Pcwater*exp((Tcwater/(T+459.6))*((-7.85823*tau)+(1.83991*pow (tau, 1.5))-(11.7811*pow (tau, 3)) 
+(22.6705*pow(tau, 3.5))-(15.9393*pow(tau, 4))+(1.77516*pow(tau, 7.5)))); 

B_Bukacek = pow(10, (-3083.87/(459.6+T))+6.69449); 
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wHC = 47484*(Psatwater/P)+B Bukacek; 
wCO2 = pow(10, a0+(al*loglO(P))+(a2*pow(log10(P), 2))); 

wH2S = pow(10, b0+(bl*loglO(P))+(b2*pow(loglO(P), 2))); 

printf("Water content of HC at T&P is: %f lb/MMscf\n", wHC); 
printf("Water content in C02 at T&P is: %f lb/MMscf\n", wC02); 
printf("Water content in H2S at T&P is: %f lb/MMscf\n", wH2S); 
printf("\n\n"); 

w= (yHC*wHC)+(yCO2*wCO2)+(yH2S*wH2S); 

printf("****************(yHC)(wHC)+(yC02)(wC02)+(yH2S)(wH2S)****************\n"); 
printf(ýý************************+*****+************************************+\n"): 

printf("Water content in NG at T&P is: %f lb/MMscf (%f ppm)\n", w, w*1000000/47484); 

printf("********************************************************************\n")i 

printf("\n\n\n"); 
printf("VAPOUR LIQUID EQUILIBRIUM\n"); 
printf(--------------------------- \n"); 

//Normalize vapour fractions. Assume 1 mol (arbitrary) of gas mixture on dry basis. 
//mol of water 
nH20 = w/47484; 
nTotal = nH2O + 1; 

Calculated[1]. zi = yHC/nTotal; 
printf("New calculated input fraction of component Cl : \t%f\n", Calculated[1]. zi); 
Calculated[2]. zi = yH2S/nTotal; 
printf("New calculated input fraction of component H2S: \t%f\n", Calculated[2]. zi) 
Calculated[3]. zi = yC02/nTotal; 
printf("New calculated input fraction of component C02: \t%f\n", Calculated[3]. zi) 
Calculated[4]. zi = nH2O/nTotal; 
printf("New calculated input fraction of component H20: \t%f\n", Calculated[4]. zi); 
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printf(---------------------------------------------------------- \n"); 
printf("TOTAL \t\t°sf\n", Calculated[1]. zi + Calculated[2]. zi + Calculated[3]. zi + Calculated[4]. zi); 
printf("\n"); 

ýý****************************BUKACEK MADDOX************************************* 

//*********************FIRST WILSON FLASH CALCULATION K-VALUE******************** 

T=T+459.6; // change T from F to R 

//define kvalue 
for (i=1; i<=Ncomponent; i++) 
{ 

Calculated[i]. kvalue = (Userlnput[i]. critP/P)*exp(5.37*(1+UserInput[i]. omega)*(1-(UserInput[i]. critT/T))); 
printf ("\nK value of %s is %f", name[i], Calculated[i]. kvalue); 

} 

printf("\n\n"); 

Nv = 1; 
n=0; 

do 
{ 

fnv= 0; 
f Pnv = 0; 

for (i=1; i<=Ncomponent; i++) 
{ 

fnv = fnv + Calculated[i]. zi*(Calculated[i]. kvalue-1)/(Nv*(Calculated[i]. kvalue-1)+1); 
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fPnv = fPnv + Ca_culated[i]. zi*(pow(Calculated[i]. kvalue-1,2))/(pow((Nv*(Calculated[i]. kvalue- 
1)+1), 2)); 

1 

fPnv = -fPnv; 

Dx = fnv / fPnv; 
Nv = Nv-Dx; 
Nl =1- Nv; 
n++; 

}while((fabs(fnv))>epsilon && n<Nmax); 

printf("gas fraction found after %i iteration\n\n", n); 

if(Nv >1) 
{ 

printf ("Vap frac calculated more than unity, signifying all vapour phase and liquid phase is very 
insignificant\n\n"); 

Nv = 1; 
Nl = 1-Nv; 

} 

if (Nv <0) 
{ 
printf ("Vap frac calculated less than zero, signifying all liquid phase and vapour phase is very 
insignificant\n\n"); 

Nv = 0; 
Nl = 1-Nv; 

} 

printf(, ********************************+*********************\n�)i 

printf("\n\tgas fraction of mixture: \t %f", Nv); 
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printf(11\n\tliquid fraction of mixture: \t %f", Nl); 
printf("\n\n******************************************************11); 

} 

for (i=1; i<=Ncomponent; i++) 
{ 
Calculated[i]. liqfrac = Calculated[i]. zi / (N1+(Nv*Calculated[i]. kvalue)); 
Calculated[i]. vapfrac = Calculated[i]. ligfrac*Calculated[i]. kvalue; 

] 

printf("\n\tcomponent, i\t liqfrac, xi\t gasfrac, yi"); 
printf(�\n******************************************************\nýý); 

for (i=1; i<=Ncomponent; i++) 
{ 
printf("\n\t %s\t %f\t °f", name[i], Calculated[i]. ligfrac, Calculated[i]. vapfrac); 

//Set vapour fraction from first VLE calculation as new input to calculate output of closed system 
for (i=1; i<=Ncomponent; i++) 

{ 
Calculated[i]. zi = Calculated[i]. vapfrac; 

} 

} //if option =1 

if(option == 2) 
( 
printf("Mole fraction of HC, yCl?: "); 
scanf("%f", &Calculated[1]. zi); 
printf("Mole fraction of H2S, yH2S?: "); 

scanf("%f", &Calculated[2]. zi); 
printf("Mole fraction of C02, yC02?: "); 

scanf("%f", &Calculated[3]. zi); 
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printf("Mole fraction of H20, yH2O?: "); 
scanf("%f", &Calculated[4]. zi); 
}// if option =2 

printf ("\n\n\n") ; 

for (i=1; i<=Ncomponent; i++) 
{ 

} 
printf("Closed System input fraction of component %s : \t%f\n", name[i], Calculated[i]. zi); 

printf("\n\n"); 

printf("Outlet Temperature [F]?: "); 
scanf("öf", &T II); 
T II =T II + 459.6; 
printf("Outlet Pressure [psia]?: "); 
scanf("% f", &P II); 

//********************SECOND WILSON FLASH CALCULATION K-VALUE******************* 
for (i=1; i<=Ncomponent; i++) 

{ 
Calculated[i]. kvalue = (UserInput[i]. critP/P_II)*exp(5.37*(1+UserInput[i]. omega)* (1- 
(UserInput[i]. critT/T II))); 

printf ("\nK value of %s is %f", name[i], Calculated[i]. kvalue); 
} 

printf("\n\n") 

Nv = 1; 
n=0; 
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do 
{ 

fnv= 0; 
fPnv = 0; 

for (i=1; i<=Ncomponent; i++) 
{ 

fnv = fnv + Calculated[i]. zi*(Calculated[i]. kvalue-1)/(Nv*(Calculated[i]. kvalue-1)+1); 
fPnv = fPnv + Calculated[i]. zi*(pow(Calculated[i]. kvalue-1,2))/(pow((Nv*(Calculated[i]. kvalue-1)+1), 2)); 

} 

fPnv = -fPnv; 

Dx = fnv / fPnv; 
Nv = Nv-Dx; 
Ni =1- Nv; 
n++; 

}while((fabs(fnv))>epsilon && n<Nmax); 

printf("gas fraction found after %i iteration\n\n", n); 

if(Nv >1) 
{ 

printf ("Vap frac calculated more than unity, signifying all vapour phase and liquid phase is very 
insignificant\n\n"); 

Nv = 1; 
Nl = 1-Nv; 

} 

if (Nv <0) 
1 

printf ("Vap frac calculated less than zero, signifying all liquid phase and vapour phase is very 
insignificant\n\n"); 
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Nv = 0; 
Nl = 1-Nv; 

} 

} 

printf(ýý*******ý*ý****ý**ý****ý******************+********ý*ý*\n"); 
printf("\n\tgas fraction of mixture: \t %f", Nv); 
printf("\n\tliquid fraction of mixture: \t %f", Ni); 
printf(ýý\n\n************************ý*******ý*ý************ýý*****ýý) 

for (i=l; i<=Ncomponent; i++) 
{ 

Calculated[ i]. ligfrac = Calculated[ i]. zi / (N1+(Nv*Calculated[i]. kvalue)); 
Calculated[i]. vapfrac = Calculated[i]. ligfrac*Calculated[i]. kvalue; 

} 

printf("\n\tcomponent, i\t ligfrac, xi\t gasfrac, yi"); 
printf('ý\n**+***********+*+*****************************ý*+***ýý\n"); 

for (i=1; i<=Ncomponent; i++) 
{ 

printf("\n\t %s\t %f \t %f", name[i], Calculated[ i]. ligfrac, Calculated[ i]. vapfrac); 

getch(); 
return 0; 
} 

XXV I 



I11_v MiAi 

Final Year Research Project - Natural Gas Phase Behaviour in Pipeline 

APPENDIX I 

THE C CODE IN FLUENT STRUCTURE 

#include <stdio. h> 
#include <conio. h> 
#include <math. h> 
#include <udf. h> 

//component user input 

struct comp-parameters 
float omega; 
float critP; 
float critT; 

} Userlnput [10]; 
char* name[10]; 

{ 

//for initial K calculation 
struct comp variables 

float mol, massvap; 
float zi; // mol fraction 
float kvalue; 
float liqfrac, vapfrac, massvapfrac; 

} Calculated[10]; 

float Total mol, Total mass; 
float Nv, Nl; //vapour and liquid fraction respectively 
float Dx, fnv, fPnv; //Newton-Raphson functions 

//General 
float T, P; 
int i, n; //for iteration purposes 
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int Ncomponent=4, Nmax=100; 
float epsilon = 0.00001; //degree of accuracy 

DEFINE 
_EXECUTE 

AT END(thermo2) 
{ 
Domain *d; 
Thread *t; 
cell t C; 
FILE *fpl; 

//**Creating new structured C data**// 
fpl = fopen("output. c", "a"); 

H component constant parameters where P in psia and T in Rankine 
i=1; 
name[i] _ "Cl"" 
Userlnput[i]. omega=0.0104; 
Userlnput[i]. critP=666.4; 
Userlnput[i]. critT=343.33; 

i=2; 

name[j] = "H2S"; 
Userlnput[i]. omega=0.094; 
Userlnput[i]. critP=1300.65; 
Userlnput[i]. critT=672.3; 

i=3; 
name[j] = "CO2"; 
Userlnput[i]. omega=0.224; 
Userlriput[i]. critP=1071.37; 
Userlnput[i]. critT=547.56; 
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i=4; 
name[i] = "H20"; 
Userlnput[i]. omega=0.345; 
Userlnput[i]. critP=3200; 
Userlnput[i]. critT=1164.78; 

d= GetDomain(l); 
thread loop c (t, d) 
{ 

begin c loop (c, t) 

//*********************OBTAIN MASS FRACTION FROM FLUENT AND CONVERT TO MOL FRACTION************************ 

//assume arbitrary lg of mixture. Mol = (mass fraction*lg)/MW 

i=1; //formethane 
Calculated[1]. mol = C_YI(c, t, 0)/16.05; 
i=2; //for H2S 
Calculated[2]. mol = C_YI(c, t, l)/34.07; 
i=3; //forCO2 
Calculated[3]. mol = C_YI(c, t, 2)/44.01; 
i=4; //for H20 
Calculated[4]. mol =C YI(c, t, 3)/18.02; 

Totalmol = 0; //initial total mol =0 
for (i=l; i<=Ncomponent; i++) 

{ 

} 
Total_mol = Total mol + Calculated[i]. mol; 
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i=1; //for methane 
Calculated[1]. zi = Calculated[1]. mol/Total mol; 
i=2; //for H2S 
Calculated[2]. zi = Calculated[2]. mol/Total_mol; 
i=3; //for CO2 
Calculated[3]. zi = Calculated[3]. mol/Total_mol; 
i=4; //for H2O 
Calculated[4]. zi = Calculated[4]. mol/Total mol; 

//**********************************OUTLET SEPARATOR CONDITION****************************************** 

T= (C T(c, t))*1.8; //obtain SI temperature (deg C) value from FLUENT and change to Rankine 
P= ((6000000+C P(c, t))/101325)*14.7; //obtain SI pressure (Pa) value from FLUENT and change to Psia 

//********************CALCULATION OF EQUILIBRIUM RATIO, K-VALUE FOR EACH COMPONENT************************ 

for (i=1; i<=Ncomponent; i++) 
{ 

} 
Calculated[i]. kvalue = (Userlnput[i]. critP/P)*exp(5.37*(1+Userlnput[i]. omega)*(1-(User Input [i]. critT/T))); 

//*************************FLASH CALCULATION WITH THE CALCULATED K-VALUES********************************** 
Nv = 1; //initial vapour fraction to start with 

n=0; //initial no. of iteration 

do 
f 

fnv= 0; //reset Newton_Raphson to begin calculation with new Nv value if condition not met 
f Pnv = 0; //reset Newton_Raphson to begin calculation with new Nv value if condition not met 

xxx 
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for (i=1; i<=Ncomponent; i++) //to get equilibrium vapour fraction, Nv using Newton-Raphson method 
{ 
fnv = fnv + Calculated [i]. zi*(Calculated[i]. kvalue-1)/(Nv*(Calculated [i]. kvalue-1)+1); 
fPnv = fPnv + Calculated [i]. zi*(pow (Calculated [i]. kvalue-1,2))/(pow((Nv*(Calculated [i]. kvalue-1)+1), 2) 

i 

fPnv = -fPnv; 
Dx = fnv / fPnv; 
Nv = Nv-Dx; //this new Nv will be used to recalculated if conditions not met 
Ni =1- Nv; 
n++; 

}while((fabs(fnv))>epsilon && n<Nmax); 

{ 
if (Nv >1) //if vapour fraction calculated more than 1 

Nv = 1; 
Ni = 1-Nv; 

{ 

} 

if (Nv <0) //if vapour fraction calculated is a negative value 

Nv = 0; 
Ni = 1-Nv; 

} 
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//***********************THIS MACRO TO RETURN Nv, Ni, and COMPONENT PHASE FRACTION************************** 

for (i=1; i<=Ncomponent; i++) //to calculate component phase fraction using latest Nv and NI values 
{ 

Calculated [i]. ligfrac = Calculated[i]. zi / (Nl+(Nv*Calculated[i]. kvalue) 
Calculated [i]. vapfrac = Calculated [i]. ligfrac*Calculated[iI. kvalue; 

} 

// *************************CONVERTING VAPOUR MOL FRACTION TO VAPOUR MASS FRACTION************************ 

// assume arbitrary 1 mol of mixture. mass = (mol fraction* 1 mol)*MW 

i=1; //for methane 
Calculated[1]. massvap = Calculated[1]. vapfrac*16.05; 
i=2; //for H2S 
Calculated[2]. massvap = Calculated[2]. vapfrac*34.07; 
i=3; //for CO2 
Calculated[3]. massvap = Calculated[3]. vapfrac*44.01; 
i=4; //for H20 
Calculated[4]. massvap = Calculated[4]. vapfrac*18.02; 

Total_mass = 0; //initial total mass=0 
for (i=l; i<=Ncomponent; i++) 

{ 

} 
Total mass = Total mass + Calculated[i]. massvap; 

i=1; //for methane 
Calculated[1]. massvapfrac = Calculated[1]. massvap/Total mass; 
i=2; //for H2S 
Calculated[2]. massvapfrac = Calculated[2]. massvap/Total mass; 
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i=3; //forC02 
Calculated [3]. massvapfrac = Calculated [3]. massvap/Total mass; 
i=4; //for H2O 
Calculated[4]. massvapfrac = Calculated[4]. massvap/Total mass; 

C_YI(c, t, 0)= Calculated[1]. massvapfrac; 
C_YI(c, t, l)= Calculated[2]. massvapfrac; 
C_YI(c, t, 2)= Calculated[3]. massvapfrac; 
C YI(c, t, 3)= 1-(Calculated[ 11 . massvapfrac + Calculated[ 2]. massvapfrac + Calculated[ 3]. massvapfrac); 

end_c_loop (c, t) 
} 
} 

XXXIII 
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