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ABSTRACT 

Catalytic naphtha reforming is practiced extensively in the petroleum-refining 

industry to convert low research octane number (straight chain paraffin) naphtha feed 

into high RON component (aromatics and branch isomers) with minimum average 

molecular weight changes needed for the modern auto-industry. A valuable by-

product, hydrogen, from the process is added bonus needed for hydro processing 

operations in the refinery. Depending on the operating conditions, hydrogen may be 

consumed in unwanted hydrocracking reactions which directly contribute to 

deactivate the catalyst. The present study looks into the optimization of process 

variable (pressure, temperature and contact time) to maximize isomerization and 

aromatization (increasing RON value) reaction while minimizing the hydrocracking 

(catalyst deactivation and reducing RON) reactions in n-hexane reforming using 

commercially available Pt/Al2O3 catalyst. From the results it is found that high 

temperature (723 K) with low hydrogen partial pressure (300 KPa) and low contact 

time (1.78 to 2.4 minutes) favor the production of isomers and aromatics over coke 

precursors and cracked product species. Addition of CCl4 to the n-hexane reforming 

process which increases the catalyst acidity, promotes the formation of cracked 

products. Selective poisoning using dimethyl-disulfide on the other hand is found to 

decrease monofunctional metal-catalyzed reactions and increased the activity for the 

isomerization reactions.. 

To understand and enhance n-hexane reforming the kinetics and catalyst 

regeneration are also investigated using TGA and TPO analysis. From TPO analysis it 

was found that applying slow heating rate was the most efficient and convenient way 

to control the regeneration process. The TGA results indicate that there exist three 

types of coke categorize as soft, hard and laid coke which can be distinguished by a 

temperature profile. It was found that the hard coke followed by soft coke makes up 

the major constituent of the coked catalyst which can be removed successfully by 

proper regeneration process. 
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ABSTRAK  

Reformasi pemangkinan nafta laris digunakan diperkilang penapisan minyak mentah  

untuk mengubah komponen-komponen oktana yang rendah (rantaian parafin selari) 

melalui penyuapan naphtha kepada kandungan RON komponen yang lebih tinggi 

(cabang isomer dan aromatik) dengan minima rata-rata berat molekul berubah untuk 

keperluan kemodenen industri automatif. Produk sampingan yang berharga iaitu 

hidrogen proses adalah bonus kepada operasi hidro pemprosesan didalam kilang 

penapisan minyak mentah.  Penyelidikan ini memfokuskan kepada pengoptimaan bagi 

proses reformasi n-heksana bertujuan untuk memaksimakan tindakbalas antara 

proses-proses pengisomeran dan pengaromasian disamping meminimumkan 

tindakbalas perekahan dan penyahaktifan pemangkin. Ini melibatkan beberapa 

pembolehubah-pembolehubah (tekanan, suhu dan masa sentuhan) dengan 

menggunakan pemangkin komersil-Pt/Al2O3. Selain itu, pemerhatian terhadap 

reformasi kinetik dan penjanaan semula pemangkin turut dilaksanakan. Dari hasil 

kajian, didapati bahawa keadaan suhu yang tinggi (723 K) dengan tekanan hydrogen 

separa rendah (300 KPa), dan masa sentuhan yang rendah menyokong penghasilan 

isomer dan aromatik dengan mengurangkan taraf kenaikan penyahaktifan dan 

meningkatkan kepekatan bahan pemula-coke. Keracunan selektif menggunakan 

dimetil-disulfida didapati mengurangkan tindakbalas monofungsi pemangkinan-

logam dan telah meningkatkan aktivit tindakbalas-tindakbalas pengisomeran. 

 TGA dan TPO telah digunakan untuk mempelajari tentang kinetik bagi proses 

penjanaan semula pemangkin yang telah digunakan. Daripada analisa TPO, ianya 

dapat diperhatikan bahawa penggunaan kadar pemanasan yang perlahan merupakan 

kaedah yang paling efisyen dan bersesuaian untuk mengawal proses penjanaan 

semula. Keputusan-keputusan TGA menunjukkan tiga jenis coke yang dikategorikan 

sebagai coke-coke lembut, keras dan letak telah wujud yang dikenalpasti melalui 

profil suhu. Ianya turut didapati bahawa coke-keras diikuti dengan coke-lembut 

membentuk pemangkin coke berkonsistensi utama yang boleh disingkirkan melalui 

proses penjaan semula yang bersesuaian. 



 

viii 

 

In compliance with the terms of the Copyright Act 1987 and the IP Policy of the 
university, the copyright of this thesis has been reassigned by the author to the legal 
entity of the university, 

Institute of Technology PETRONAS Sdn Bhd. 

 

Due acknowledgement shall always be made of the use of any material contained 
in, or derived from, this thesis. 

 

       © REEM AHMED MOHAMMED ISMAIL, 2010 

Institute of Technology PETRONAS Sdn Bhd  

All rights reserved. 

 



 

ix 

 

TABLE OF CONTENTS 

STATUS OF THESIS ................................................................................................ I 

TITLE  PAGE ........................................................................................................ III 

DECLARATION OF THESIS ................................................................................. IV 

ACKNOWLEDGEMENT ........................................................................................ V 

ABSTRACT ............................................................................................................. VI 

ABSTRAK .............................................................................................................. VII 

TABLE OF CONTENTS ......................................................................................... IX 

LIST OF TABLES ................................................................................................... XII 

LIST OF FIGURES ................................................................................................ XIII 

LIST OF NOMENCLATURE ................................................................................ XVI 

CHAPTER 1 ...................................................................................................................1 

INTRODUCTION ........................................................................................................... 1 

1.1 HISTORY OF REFORMING PROCESS ....................................................................... 1 

1.1.1 Reforming catalyst functions ....................................................................... 2 
1.2 PROBLEM STATEMENT .......................................................................................... 5 

1.3 OBJECTIVES AND SCOPE OF THE STUDY ................................................................ 5 

CHAPTER 2 ...................................................................................................................7 

LITERATURE REVIEW ................................................................................................. 7 

2.1 CATALYTIC NAPHTHA REFORMING PROCESS ....................................................... 7 

2.2 PROPERTIES OF REFORMING REACTIONS ............................................................... 8 

2.3 REFORMING MECHANISM ...................................................................................... 9 

2.4 N-HEXANE REFORMING CHEMISTRY ................................................................... 10 

2.4.1 n-Hexane cracking...................................................................................... 10 
2.4.2 n-Hexane Isomerization ............................................................................. 11 
2.4.3 Dehydrocyclization / Dehydrogenation Reactions ..................................... 11 

2.5 REFORMING CONDITIONS .................................................................................... 12 

2.6 REFORMING CATALYSTS ..................................................................................... 15



 

x 

 

2.7 EFFECTS OF SULFUR ON REFORMING CATALYSTS ................................................ 17 

2.8 CATALYSTS ACIDITY .......................................................................................... 19 

2.9 CATALYSTS DEACTIVATION ................................................................................ 23 

2.9.1 Mechanisms of Deactivation of Heterogeneous Catalysts ......................... 23 
2.9.2 Coke deposits on the catalyst surface ......................................................... 24 
2.9.3 Mechanism of coke formation.................................................................... 26 
2.9.4 Coke characterization and regeneration ..................................................... 28 
2.9.5 Prevention of coke formation ..................................................................... 31 

CHAPTER 3 .................................................................................................................33 

EXPERIMENTAL WORK ............................................................................................. 33 

3.1 RESEARCH MATERIALS ...................................................................................... 33 

3.1.1 Catalyst Properties...................................................................................... 33 
3.1.2 Gases and Chemicals .................................................................................. 33 

3.2 GENERAL DESCRIPTION OF REACTOR RIG .......................................................... 34 

3.2.1 Micro-Tubular Reactor ............................................................................... 35 
3.3 EXPERIMENTS METHOD ...................................................................................... 36 

3.4 GAS CHROMATOGRAPH ...................................................................................... 37 

3.4.1 Mechanisms of sample analysis by GC...................................................... 38 
3.4.2 GC-Operating Conditions .......................................................................... 39 

3.5 CALCULATIONS .................................................................................................. 40 

3.5.1 Conversion ................................................................................................. 40 
3.5.2 Products selectivity .................................................................................... 40 

3.6 CATALYST CHARACTERIZATION ......................................................................... 41 

3.6.1 Field emission scanning electron microscope (FESEM) ........................... 41 
3.6.2 Thermo-analytical techniques .................................................................... 42 
3.6.3 Fourier Transform infrared spectroscopy (FTIR) ...................................... 47 

CHAPTER 4 .................................................................................................................49 

RESULTS AND ANALYSIS .......................................................................................... 49 

4.1 CHAPTER OVERVIEW .......................................................................................... 49 

4.2 REFORMING PROCESS VARIABLES AND MODIFICATION OF THE CATALYST SUPPORT

 ................................................................................................................................. 50 

4.2.1 Process variables and product classification for n-hexane reforming ........ 50 
4.2.2 Effect of contact time against pressure and temperature on n-hexane 
conversion ........................................................................................................... 51 
4.2.3 Effect of contact time against process variables on reformate species ...... 54 

4.3 DESIGN EXPERT SOFTWARE (VERSION 6.0.6) USING A TAGUCHI ORTHOGONAL 

ARRAY DESIGN ......................................................................................................... 60 



 

xi 

 

4.3.1 Optimization of percentage conversion of n-hexane reforming using 
Taguchi OAD method ......................................................................................... 61 
4.3.2 Optimization of aromatics reformate % yield using Taguchi OAD method
 ............................................................................................................................. 64 
4.3.3 Optimization of isomers reformate % yield using Taguchi OAD method . 65 
4.3.4 Minimizing of cracked reformate % yield using Taguchi OAD method ... 67 
4.3.5 Minimizing coke precursors reformate % yield using Taguchi OAD method
 ............................................................................................................................. 69 

4.4 KINETICS STUDY OF N-HEXANE REFORMING ....................................................... 70 

4.4.1 Reversible reactions ................................................................................... 71 
4.4.2 Irreversible reactions .................................................................................. 74 

4.5 EFFECTS OF ADDING CCL4 AS AN ACID BOOSTER FOR N-HEXANE REFORMING 

REACTIONS ............................................................................................................... 76 

4.5.1 Effect of adding CCl4 on n-hexane conversion .......................................... 76 
4.5.2 Effects of addition of CCl4 on selectivity of reformate species ................. 78 

4.6 EFFECTS OF DIMETHYL DISULFIDE (DMDS) ON N-HEXANE REFORMING ............. 80 

4.6.1 Effects of DMDS on the yield selectivity of reformate product species .... 80 
4.7 KINETICS AND REGENERATION OF INDUSTRIAL SPENT REFORMING CATALYST ... 82 

4.7.1 Thermal gravimetric analysis (TGA) ......................................................... 84 
4.7.2 Fourier Transform infrared spectroscopy (FTIR) ...................................... 88 
4.7.3 Temperature Programmed Oxidation (TPO).............................................. 90 
4.7.4 Temperature Programmed Reduction (TPR) ............................................. 99 
4.7.5 Temperature Programmed desorption (TPD) ........................................... 101 
4.7.6 Field Emission Scanning Electron Microscopy (FESEM) ....................... 102 

CHAPTER 5 ...............................................................................................................104 

CONCLUSION AND RECOMMENDATION .................................................................. 104 

5.1 CONCLUSION .................................................................................................... 104 

5.2 WORK CONTRIBUTIONS .................................................................................... 106 

5.3 RECOMMENDATIONS AND FUTURE WORK ......................................................... 106 

APPENDIX A ............................................................................................................118 

APPENDIX B ............................................................................................................122 

APPENDIX C ............................................................................................................123 

APPENDIX D ............................................................................................................124 



 

xii 

 

LIST OF TABLES 

Table  2-1: Describe type, mechanism, and definition of the catalysts deactivation ... 23 

Table  2-2: Coke percentages of various reforming hydrocarbons at same reforming 
conditions (773 K, 101 KPa, WHSV=2, H2/HC = 4, run length=5 h), [31]. ....... 28 

Table  2-3: Elimination of the catalyst deactivation by catalyst and process 
modification. Taken from [42]. ............................................................................ 31 

Table  3-1: Textural properties of Pt/Al2O3 fresh commercial catalyst ....................... 33 

Table  3-2: Description of GC operating conditions .................................................... 39 

Table  4-1: Grouping of Products from Reforming Reactions ..................................... 50 

Table  4-2: The average conversion at contact time 2.4 to 7 min, pressures 300, 500 
and 700 KPa and temperatures 723,673 and 623 K. ............................................ 52 

Table  4-3: Reforming conditions and levels used in this experiment ......................... 60 

Table  4-4: L9 Array for Design of Experiment by Taguchi Method .......................... 61 

Table  4-5: The ANOVA table of n- hexane conversion ............................................. 62 

Table  4-6: Reaction rate constants: k1, k2 and Kc at varied temperatures for n-hexane 
reforming.............................................................................................................. 73 

Table  4-7: Rate constants (k) at 700 KPa at varied temperatures for n-hexane 
irreversible reforming reaction ............................................................................ 75 

Table  4-8: The effect of CCl4 doping on yield selectivity of reformate species during 
n-hexane reforming over industrial Pt/Al2O3 catalyst ......................................... 78 

Table  4-9: The effect of DMDS doping on yield selectivity of reformate species 
during n-hexane reforming over industrial Pt/Al2O3 catalyst .............................. 81 

Table  4-10: Coke and volatile species desorption from TGA at different heating rates.
.............................................................................................................................. 85 

Table  4-11: Activation energies and pre-exponential factors for the 3 coke species 
taken from TGA run at ramp rate of 10 K min-1. ................................................. 88 

 



 

xiii 

 

LIST OF FIGURES 

Figure  1-1: Simplified reaction network for n-hexane reforming reactions [9]. ........... 2 

Figure  2-1: Schematic isomerization mechanism on a Pt/Al2O3 catalyst. Adapted from 
[26]. ........................................................................................................................ 9 

Figure  2-2: Chlorination zone in the regeneration tower ............................................ 20 

Figure  2-3: Fouling, crystallite encapsulation and pore plugging of a supported metal 
catalyst due to Coke accumulation on the catalyst adapted from [35]. ............... 27 

Figure  3-1 A schematic diagram of the basic parts of a micro-tubular reactor ........... 34 

Figure  3-2: High-pressure micro tubular reactor schematic diagram ......................... 35 

Figure  3-3 A schematic diagram of the n-hexane desired and undesired products ..... 37 

Figure  3-4 A schematic diagram of gas chromatography sampling valve diagram .... 38 

Figure  3-5: Flow chart of thermo-gravimetric analysis [92]. ...................................... 45 

Figure  4-1: n-hexane % conversion over the Pt/Al2O3 catalyst at 723 K [A], 673 K [B] 
and 623 K [C] using H2 pressures of 300, 500 and 700 KPa. .............................. 53 

Figure  4-2:Yield % to reformate products as a function of contact time over the 
Pt/Al2O3 catalyst, at 723 K and pressures at A-300, B-500 & C-700 KPa. ......... 56 

Figure  4-3:Effect of reaction temperature on H2 partial pressure of 300 KPa, as 
function of contact time on n-hexane reforming over a Pt/Al2O3 catalyst. 
[Reaction temperature A=623; B=673 and C = 723 K]. ...................................... 59 

Figure  4-4: Percentage contribution of individual factors on variation in n-hexane 
conversion. ........................................................................................................... 62 

Figure  4-5: Effect of reaction temperature (A: A), contact time (C: C) and hydrogen 
pressure (B: B) on hexane conversion. ................................................................ 63 

Figure  4-6: Percentage contribution of individual factors for aromatics yield. .......... 64 

Figure  4-7: Effect of H2 pressure (B: B) and contact time (C: C) level for aromatic 
yields. ................................................................................................................... 65 

Figure  4-8: Percentage contribution of individual factors on isomers yield. .............. 66 

Figure  4-9: Effect of reaction temperature (A: A), contact time (C: C), and H2 partial 
pressure (B:B) level on isomers yield. ................................................................. 66 

Figure  4-10: The percentage contribution of individual factors on ‘cracked’ yield. .. 68



 

xiv 

 

Figure  4-11: The effect of contact time (C:C) and reaction temperature (A:A) level on 
‘cracked’ yield. .................................................................................................... 68 

Figure  4-12: The percentage contribution of individual factors on variation in coke 
precursor’s yield................................................................................................... 69 

Figure  4-13:  The effect of contact time (C: C) and reaction temperature (A: A) level 
on coke precursor’s yield. .................................................................................... 69 

Figure  4-14:  A plotting of - ln (1-XA/XAe) versus t (min) for n-hexane kinetics at 300 
KPa and varied temperatures over a Pt/Al2O3 catalyst. ....................................... 73 

Figure  4-15: A plot of ln (k) versus 1/T. ..................................................................... 73 

Figure  4-16:  A plot of - ln (1-XA) versus t (min) for irreversible n-hexane kinetics at 
700 KPa at varied temperatures over a Pt/Al2O3 catalyst. ................................... 75 

Figure  4-17: A plot of ln (k) versus 1/T (K) for n-hexane irreversible reforming 
reactions. .............................................................................................................. 75 

Figure  4-18: n-hexane conversion % over the Pt/Al2O3 catalyst, at 723 K and H2 
pressure at 300 KPa for1 %, 3 %, 5 % CCl4 and pure hexane (W-CCl4). ........... 77 

Figure  4-19: The original TGA curve; shows the catalyst weight [mg] versus the time 
[min] and temperature [oC] at heating rate 10 K min-1 ....................................... 85 

Figure  4-20: FTIR spectrum for spent Pt/Al2O3 catalyst prior and   after pre-treatment 
with N2 gas. .......................................................................................................... 89 

Figure  4-21: TPO results on commercial spent reforming catalyst at different heating 
rates, [a=heating rate 20 K min-1; b=15 K min-1; c=10 K min-1]. ........................ 91 

Figure  4-22: TPO results from a commercial spent reforming catalyst at different 
temperatures [I= 873 K II = 973 K III = 1073 K]. ............................................... 92 

Figure  4-23: TPO result for industrial spent Pt/Al2O3 reforming catalyst, at < 5% O2 
in N2, with a flow rate of 20 ml min-1 and a heating rate of 10 K min-1. ............. 93 

Figure  4-24: TPO results on weight % loss of soft coke (Sc %) during the 1st stage 
with different heating rates and temperature under a nitrogen atmosphere (A = 10 
K min-1; B = 15 K min-1; C = 20 K min-1). .......................................................... 94 

Figure  4-25: TPO results on weight % loss of Hard Coke (Hc %) at 2nd stage with 
different heating rates and temperatures under 5.0 v/v % O2 in N2. (A = 10 K 
min-1; B = 15 K min-1; C = 20 K min-1). .............................................................. 95 

Figure  4-26: The sum of % weight loss of total coke from 1st and 2nd stage at 
different heating rates and temperatures (A = 10 K min-1; B = 15 K min-1; C = 20 
K min-1). ............................................................................................................... 96 

Figure  4-27: Effect of dwell time and varied regeneration temperature on industrial 
spent Pt/Al2O3 spent catalyst [Dwell time for A= 120 min, B= 60 min & C= 30 
min]. (Sc=soft coke, Hc= hard coke and Total=hard coke + soft coke). ............. 98 



 

xv 

 

Figure  4-28: A plotting of 1/T versus ln [-ln (1-x)/T2] for the coked Pt/Al2O3 catalyst.
.............................................................................................................................. 99 

Figure  4-29: TPR traces for the consumption of H2 in a monometallic Pt/Al2O3 

catalyst, Peak I and Peak II for catalysts before and after calcinations, 
respectively. ....................................................................................................... 100 

Figure  4-30: TPD trace for the fresh Pt/Al2O3 catalyst. ............................................ 101 

Figure  4-31: FESEM for fresh and spent catalyst by the in-lens (right image) and SE2 
(left image). ........................................................................................................ 102 

 



 

xvi 

 

LIST OF NOMENCLATURE 

 

X% The conversion of reactant A. 

N
Ao

0

 
The molar flow of reactant A at the reactor inlet (mol s-1). 

N
o

A  
The molar flow of reactant A at the reactor outlet (mol s-1). 

M
o

Ao  
The mass flow rate of reactant A at the inlet of the reactor (g s-1). 

M
o

A  
The mass flow rate of reactant A at the exit of the reactor (g s-1). 

A A  The GC area of reactant A. 

ATot
  Outlet hydrocarbon components total area. 

TOT

A

A
A   

GC area fraction of A. 

%S i  The products selectivity. 

iA  The area of the chromatographic peak of product i. 

if  The response factor for each product. 

in  The number of carbon atoms of product i. 

iM  The molecular weight of i (g mol-1). 

1k  Forward reaction rate constant (min-1). 



 

xvii 

 

2k  Back reaction rate constant (min-1). 

CK  Equilibrium constant. 

E   Activation energy (kJ mol-1). 

HC %  ‘Soft’ coke present on the catalyst. 

Sc %  ‘Hard’ coke on the catalyst. 

Total % The total weight loss from the sample.  

CC   Coke concentration (mg) 

cco

 
Initial coke concentration (mg) 

h Heating rate (°C min-1) 

kr  Rate constant 

ok  Pre-exponential factor  

PO2 Partial pressure of O2 

R 8.314 Jmol-1 K-1 

T Temperature (K) 

XC  Coke conversion (%) 

  

  





 

 

1 

 

Chapter 1 

Introduction 

1.1    History of Reforming Process 

The first reformer unit was designed in the 1950s using monometallic platinum on 

chlorinated alumina support [1]. Catalytic naphtha reforming is a key process in 

petroleum refining and it is used for rearranging hydrocarbon molecules providing 

high value-added reformate for the gasoline pool. 

 Gasoline is a mixture of hydrocarbons (C4–C12) that boils below 473 K (200 oC). 

The process is frequently applied to low-quality gasoline stocks to improve their 

combustion characteristic, without significantly changing carbon numbers in the 

molecule and boiling point range [2]. Reforming of C6-C10 hydrocarbons (olefin free) 

containing roughly 10-20 wt % aromatics, 20-50 wt %  naphthenes  and 40-70 wt % 

paraffins, which produce high octane gasoline with less tendency to knocking in an 

automobile engine [3]. Until 1974, tetraethyl lead was added to the gasoline pool as 

an octane booster [4]. Considering the environmental situation, the use of lead in 

gasoline was banned in 1990. 

 The first catalytic reforming process, which used molybdenum oxide-on alumina 

catalysts, was jointly developed in 1939 by Standard Oil of New Jersey (EXXON), 

Standard of Indiana (Amoco) and M.W. Kellogg Company. In 1949, UOP introduced 

the first industrial process (Platforming TM) using a platinum-on-alumina catalyst 

which was a dual-function catalyst having both acidic sites and metallic sites. This 

soon became the catalyst of choice [5] and[6]. 

A new catalyst composed of platinum supported on an acidic oxide was 

introduced after World War II [6]. It was noticed that when the catalytic process is 

operated at high pressures (30-35 kg cm-2), the catalysts have a good 
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selectivity toward aromatics and an acceptable stability with operation cycles of about 

10 months. Nearly 20 years later, bimetallic catalysts appeared. In the 1970s, the new 

catalysts were introduced which had one or more additional metallic components such 

as rhenium, iridium and tin. These bimetallic catalysts and multimetallic catalysts 

have exhibited greatly improved stability (cycle length) and selectivity. 

1.1.1    Reforming catalyst functions 

Both metal and catalyst support play key roles in the catalysis. The role of platinum is 

to catalyze dehydrogenation-hydrogenation reactions, because, Pt has high activity for 

cleaving C-H bonds while it has low activity for C-C bond rupture [7]. The role of the 

catalyst support is to provide the acid sites, which are responsible for isomerization 

reactions. These acid sites are generated by addition of chlorine to an alumina 

support. Chlorided alumina acts as an acid and catalyzes a carbon skeletal 

rearrangement through carbonium ion mechanisms [8]. The improvement of the 

catalyst acidity, which has limited information in the open literature, is reported here 

in this thesis. This acidity affects the chemistry of n-hexane reactions. 

Figure 1-1 describes a simplified diagram of n-hexane reforming reactions. The 

reactions involved are exhibited by both the metal and acid functions. The vertical 

axis describes the reactions occurring on the metal site, while the horizontal one is for 

the reactions on the acid sites. 

 

Figure 1-1: Simplified reaction network for n-hexane reforming reactions [9]. 
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A summary of reaction mechanism network includes.  

• The dehydrogenation of n-hexane on metal sites to n-hexene. 

• The isomerization and the dehydrocyclization of n-C6 to i-C6 and methyl 

cyclopentane (MCP), through bi-functional mechanisms involving metal and acid-

catalyzed steps respectively. 

• The hydrogenolysis and hydro-cracking of n-C6 and i-C6 to methane, ethane, propane 

and pentane. 

• The aromatization of MCP to Benzene through the ring expansion reaction of methyl-

cyclo-pentene (MCPe).  

• Dehydrogenation of MCPe to methyl-cyclo-pentadiene (MCPde) on metal sites 

producing coke precursors.  

Normally, catalytic naphtha reforming might be operated to produce hydrogen, 

which is a valuable reforming byproduct used for hydro-treating and hydro-cracking 

processes [10]. The desirable reversible reactions involved in hydrogen production are 

favored by low hydrogen partial pressures and a high reaction temperature. Catalytic 

reforming units operate best when the process variables are adjusted to produce the 

maximum yield of the desired products within the limits of an acceptable catalyst 

cycle life [8]. 

The n-hexane reforming reactions whose products are directly present in 

reformate was discussed above. Another major class of the reactions, whose products 

do not appear in gasoline are the coke formation reactions, Coke formation reactions 

have significant impact on the rates of the main reactions.  

Coking reactions occurs during transformation of non saturated hydrocarbons 

over an acidic reforming catalyst. These non adsorbed products consist of a large 

number of non-volatile, low boiling-point, hydrogen depleted components. This coke 

is the main cause of the catalyst deactivation due to the poisoning of the active sites 

[11]. It is generally accepted, that coke consists of highly unsaturated polycyclic 

compounds derived from olefinic precursors. Once olefinic intermediates are formed, 

it can either go to a desired product or dehydrogenate further and polymerize to coke 

precursors [12, 13]. 
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This coke is singly the most important factor which affects the life span of the 

catalyst. Coke deposition can lower the activity of the catalyst by one or more of the 

following effects: 

• Coke adsorbs strongly on the active sites (metal, acid centers). 

• Physically envelopes the active center (metal crystallite). 

•  Plugs the physical texture or shape of the catalyst through growth of the               

carbonaceous materials. 

• Encapsulation of the metal particles and the blocking of the catalysts pores, 

[14].  

With regards to the operating conditions, as demonstrated by Liu et al. [3], stated 

that, increasing the reaction temperature, thermodynamically shifts the equilibrium of 

the main reaction in the desired direction. Studies by Fung et al [15].and Taskar [4], 

showed that side reactions and accelerated coking rate will lower the product yield. 

Coke formed at a low reaction temperature is more easily removed from the catalyst 

than that formed at high reaction temperature according to works by Wang et al. [11].  

Coke is more aromatic and stable at high reaction temperature than at low reaction 

temperature. Lower pressure H2 partial favors higher aromatics yield. Unfortunately, 

it also causes more rapid coke formation on the catalyst. Increasing hydrogen partial 

pressure increases catalyst life span (decreasing the coking rate) but, it causes a rise in 

cracking products yield. 

The coke deposits become larger and more aromatic with an increasing time on 

stream. The amount of coke deposited on the active metal sites often reaches a 

constant value within the first few minutes of reaction. However, coke accumulating 

on the support, continues during the reaction and this coke becomes more 

dehydrogenated than that originally deposited on the metal as explained by Hill [7]. 

Coke on the metal is called insensitive coke or reactive coke (soft), which is 

formed at the vicinity of the active sites of the metal [15]. The ‘soft’ ‘coke’ can be 

readily removed by hydrogen or nitrogen gases. In coke-sensitive or un-reactive (hard 

coke) reactions, coke is deposited on active sites of the catalyst [16]. The presence of 

this un-reactive ‘hard coke’ leads to decline in catalytic activity and can be removed 

by burning in diluted O2 gas. Beltramini et al. [17], found that by using temperature  



 

5 

 

programmed oxidation (TPO) techniques, the nature of carbonaceous species 

deposited on the catalyst is made up of two species represented by 2 different peaks. 

The high temperature peak corresponds to the coke deposited on the support (non 

reactive coke), while the lower temperature peak corresponds to coke associated with 

the metal sites (reactive coke). 

1.2    Problem Statement   

In this thesis, finding solutions to limit the deactivation rate by optimizing the 

operating conditions is one of the main criteria. Monitoring of these parameters 

during reforming is necessary in order to produce high octane aromatics and isomers 

as well as to reduce the coke precursors which are the main source for coke formation. 

Moreover, regeneration processes have been applied to restore the catalyst activity. 

A great portion of the chlorine is lost during regeneration process of the coked 

catalyst, in industrials reformers units. As a result after each regeneration process it is 

necessary to add or replenish chlorine to revert it to the initial level. Deactivation 

process by coking can be cause by stripping off the chlorine during reforming 

reactions. 

 The kinetics of de-coking by TGA and TPO can be used to study the mechanism 

of coke deposition, its nature and morphology which is critical for catalytic activity. 

Characterizations of the fresh and spent commercial Pt/Al2O3 catalysts have been 

conducted by TPR, FESEM, TPD, and FTIR to have a better understand on the onset 

of deactivation mechanism. 

Reforming conditions which involve hydrogen partial pressure, reaction 

temperature and contact time which influence products distribution and selectivity can 

be tackled by using Taguchi analysis to fine tune product preference. Others like 

addition of carbon tetrachloride and dimethyl disulfide (DMDS) to feedstock are 

important because it can influence the catalyst activity and acidity which is directly 

affects the selectivity of products. 
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1.3    Objectives and scope of the study 

The aim of the study is focused on the following general goals.  

Ø Effect of process variables on reforming conditions in particular temperature, 

H2 partial pressure and contact time, on n-hexane reforming and reformate 

product species yields over a commercial Pt/Al2O3 reforming catalyst. 

Ø Optimization of the reformate products via process variables using Taguchi 

orthogonal array design.  

Ø Effects of adding carbon tetra chloride as an acid booster for n-hexane 

reforming reactions and reformate product species.  

Ø Effects of di-methyl disulfide (DMDS) on n-hexane reforming and reformate 

product species 

Ø Kinetics and regeneration of commercial Pt/Al2O3 reforming spent catalyst 

using thermo-gravimetric analysis (TGA) and temperature programs oxidation 

(TPO)  and classification of coke deposits. 

Under normal reforming conditions, n-hexane is less readily dehydrocyclized as 

compared to n-heptane. The conversion rates of n-octane and n-nonane are at least 

twice that of n-heptane [4].  But in this study, n-hexane has been selected as a model 

of the reaction, because the heavier normal paraffins such as n-heptane, n-octane, and 

n-nonane are expensive to obtain at high enough purity for analytical work, and the 

analysis of their reaction products is quite complex, accordingly, the kinetics of n-

hexane reforming would seem to be the simplest choice. In spite of this, it has a poor 

selectivity to aromatics compared with C7-C9 paraffins, while at the same time 

reacting to form isohexanes with a high octane number.  

The scope of the project will be carried out with an industrial naphtha reforming 

catalyst obtained from a local naphtha refiner. n-hexane will be used as a feedstock to 

evaluate the industrial Pt/Al2O3 catalyst in a high pressure micro-reactor. The 

temperature used for the study will be between 623 K to 723 K (350-450 oC), pressure 

300 to 700 KPa (3-7 bar), contact time 1.02 to 7.11 min. 



 

 

7 

 

Chapter 2 

Literature Review 

2.1    Catalytic Naphtha Reforming Process 

Catalytic naphtha reforming is practiced extensively in the petroleum-refining 

industry to produce high-octane gasoline compounds, from low octane hydrocarbons. 

This is achieved mainly by conversion of straight chain paraffins in naphtha to iso-

paraffins and aromatics, (benzene, toluene and xylene (BTX)) for petrochemical feed-

stocks over a reforming catalyst. Isomerization of straight-chain hydrocarbons to 

branched hydrocarbons is an important process for the production of a high-

performance, clean-burning gasoline fuel in the petroleum refining industry [18]. 

Research octane number (RON) or octane number is generally used by refiners to 

evaluate and measure the performance and quality of gasoline fuel [19]. The 

reformate octane number can be determined by using the engine test method but, this 

method is not well investigated in pilot plant screening studies of reforming catalysts. 

The reason being it is time consuming, very expensive and not suitable for an 

industrial scenario as time is of the essence when it comes to optimizing the operating 

conditions at short notice. An alternative test to predict the RON is desirable 

especially if it is faster, less expensive and requires smaller samples [20].  The 

common practice by refiners to analyze RON is by utilizing a GC method known as 

PIONA analysis. 

Fresh straight heart cut light naphtha comes with an octane number rating of 40 to 

75 and is mostly made up of C4–C8 hydrocarbon [8, 21, 22]. Since the motor 

industries need gasoline with an octane rating of 85+, the naphtha has to be upgraded. 

One of the major upgrading reaction techniques is catalytic reforming. In catalytic 

reforming, the following reactions take place:  
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dehydrogenation of cycloalkanes to aromatics, isomerization of n-alkanes to branched 

alkanes, dehydrocyclization of alkanes to aromatics, and hydro-cracking or 

hydrogenolysis of alkanes and cycloalkanes to low molecular weight alkanes [23, 24]. 

A general rule to improve the octane number is by increasing the yield of multi-

branched isoparaffins and reducing the content of aromatic hydrocarbons in the 

reformate pool (increase of isoparaffins/aromatics ration). 

2.2    Properties of reforming reactions 

The general properties of reforming reactions can be summarized as the bullets given 

below 

• Generally, all the catalytic naphtha reforming reactions produce an increase in 

octane number. 

• Reversible reactions usually reach thermodynamics equilibrium very rapidly 

while irreversible reactions like paraffin cracking are kinetically controlled.  

• A high process temperature and a low pressure favor the thermodynamic 

equilibrium and increase the reaction rate for both the reversible and 

irreversible reactions. In the case of a reversible reaction like dehydrogenation 

of naphthenes or cyclohexanes and dehydrocyclization of paraffins there is a 

strong influence, but for isomerization reactions this influence is much less. 

For an irreversible reaction like hydro-cracking, high temperature and low 

pressure would seem most desirable, but the same conditions favor 

deactivation of the catalyst [4]. For these reasons the process operating 

conditions are critical. 

• The two main reactions i.e. dehydrogenation and dehydrocyclization of 

paraffins are endothermic and generally dominate the heat balance, resulting 

in a decrease in temperature along the catalyst bed. 

• The overall catalytic reforming process is a net hydrogen producer because of 

the dehydrogenation reactions involved [10]. 
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2.3    Reforming mechanism 

As the main reactions during the naphtha reforming process are paraffin 

dehydrocyclization and naphthenes dehydrogenation, the dominant products are 

aromatics and hydrogen. This reaction can proceed either by a monofunctional or a 

bifunctional mechanism. The latter mechanism has been reported to be controlled by 

the acid catalyzed and/or the metal catalyzed step. With the fresh catalyst, 

dehydrocyclization on the metal function is important, but after a few hours on stream 

the acid function becomes the controlling factor for this reaction [10, 24-26].   

Isomerization can occur either involving only the metal function of the catalyst by 

the “bond shift” mechanism, or can take place by a bifunctional mechanism, whereby 

the n-alkane is first dehydrogenated by the metal function to form the alkene, which is 

then isomerizes by the acid function to an i-alkene and eventually the i-alkene is 

hydrogenated to the i-alkane on the metal function [27]. A schematic representation of 

the isomerization mechanism on the Pt/Al2O3 catalyst is shown in Figure 2-1. 

 

Figure 2-1: Schematic isomerization mechanism on a Pt/Al2O3 catalyst. Adapted from 

reference [25]. 

The figure above illustrates the mechanism of the isomerization reaction by the 

spillover hydrogen that can react with paraffin(S-1) and then produce a carbonium ion 

(S-2), followed by cyclization to methyl cyclopentane.  
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2.4    n-Hexane reforming chemistry 

n-hexane is protonated by Bronstead acid sites to form a carbonium ion. A shorter 

paraffin chain or hydrogen and a carbonium ion are produced when the carbonium ion 

is cracked or dehydrogenated.  

                                                                            C6H14
+   +   H2 

CH3 (CH2)4 CH3    Pt Catalyst    C6 H15
+ 

                                                                           CnH2n+2  +  C(6-n)H+
(13-2n) 

 

 

(2-1) 

 

The adsorbed carbonium ion can either be desorbed as an olefin or may start the 

bimolecular cracking mechanism. Carbonium ions can also rearrange to get skeletal 

isomers. Coke is formed from the alkenes produced in the cracking reactions and 

proceeds through a sequence of reaction steps, i.e. protonation, alkylation, 

isomerization and hydride-transfer, deprotonation and ring closure, finally leading to 

the formation of large polyaromatic molecules [28]. 

2.4.1    n-Hexane cracking 

The breaking of a high molecules weight C-C bond into low molecules weight 

compounds in reforming reactions is called cracking. An example of a cracking 

reaction can be referred to below. 

                                                                      CH4  +  C5H12 

CH3 (CH2)4 CH3  +   H2                                  2CH3CH2CH3 

                                                                      CH3 (CH2)2 CH3+CH3CH3 

 

 

(2-2) 

 

This reaction causes a significant gasoline yield loss. However, in the process, this 

reaction also helps improve the octane by removing the low octane number paraffins 

from the reformate pool by producing lighter hydrocarbons, which are outside the 

gasoline boiling range. This reaction is totally irreversible, exothermic and consumes 

hydrogen [4]. 
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2.4.2    n-Hexane Isomerization 

Isomerization of paraffin is the rearrangement of the molecule with essentially no 

change in yield but with a marked increase in the octane value. This is because 

branched paraffins in general have significantly higher octane values than their 

straight chain counterpart with similar molecular weight. Isomerization is a 

moderately fast reaction on the reforming catalyst, but not as rapid as 

dehydrogenation of naphthenes, but more rapid than the other reforming reactions. In 

the reforming process, isomerization of paraffins reaches near thermodynamic 

equilibrium, but since this is a very dynamic equilibrium; the paraffins continue to 

react in various other reactions to generate by-products. Paraffin isomerization 

requires the platinum function for dehydrogenation to olefin and hydrogenation of the 

olefin and the acid function for carbon skeletal rearrangement [4]. 

The isomerization reaction mechanism for n-hexane can be described as: 

 

 

 

(2-3) 

2.4.3     Dehydrocyclization / Dehydrogenation Reactions 

Isomerization reactions alone are not enough to produce reformates with a high octane 

number. Dehydrocyclization of paraffins is the most difficult reaction to promote, but 

it is the most desirable reaction in reforming to give aromatics. The paraffin ring 

closure reactions usually occur in the acid site followed by ring expansion and finally 

dehydrogenation on the metal sites to produce aromatics. Dehydrogenation reactions 

are faster than all other reactions [4, 10] . The overall catalytic reforming reaction is 
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endothermic. The dehydrocyclization reactions of paraffin is endothermic typically 

with values of 600-1200 kJ per kilogram of feed, whereas the isomerization reactions 

are essentially thermal –neutral [29]. 

A typical dehydrocyclization and dehydrogenation are: 

 

       

(2-4) 

 

 

 

(2-5) 

 

 

(2-6) 

 

The dehydrocyclization of paraffins to give aromatics (benzene) (equation (2-4) to 

(2-6)), is an endothermic reaction promoted by high temperature and low hydrogen 

partial pressure. For cyclization reactions to proceed, the paraffins with a minimum of 

six carbons are needed. The greater the increase in the paraffin straight-chain 

homolog, the more readily the dehydrocyclization reaction proceeds.  

2.5    Reforming conditions 

Catalytic reforming units operate at a medium or slightly low pressure regime for 

optimum production of aromatics, which increases with the decrease of pressure. 

Some catalytic reformers operate at a low pressure of 689 kPa, while others operate at 

>3447 KPa. Reforming at low operating pressure involves a combination of an 

increase in aromatic yield and catalytic deactivation [8, 29, 30].  

To elucidate the effects of hydrogen removal in the catalytic reforming of n-

hexane (used as a model paraffin), it was found that when no hydrogen was added to 

the n-hexane feed, a gradual decrease in the conversion with time on stream was 
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observed [25].  This decrease may be most probably due to the deactivation of the 

catalyst. This undesired phenomenon was solved by adding hydrogen into the  

n-hexane feed stream. The usual practice is to add an excess of hydrogen 2–8 moles 

per mole of feed prior to reforming reactions [31]. Reformers designed during the 

1980s however, operate in the range of 2-5 H2/hydrocarbons molar ratio and at 344.7 

to1034.2 kPa [8].  

Coke formation in a reforming reaction is believed to proceed via a reversible 

reaction and it can be regenerated with hydrogen. This result was confirmed by Liu et 

al. [32]. Moreover, in their studies they showed that hydrogen plays an important role 

in the de-coking of reforming catalysts. The de-coking properties of hydrogen can be 

explained by the reaction properties given below.  

Ø Hydrogen inhibits the dehydrogenation reactions by lowering the 

concentration of the coke precursors, and so less coke forms.  

Ø Hydrogen hinders the transformation of coke from a reversible to an 

irreversible form by an “ensemble effect” 

Ø Hydrogen plays a positive role in the removal of coke deposited from the 

catalyst by reacting with the coke precursor and as a result, retarding the 

formation of significant amounts of polycyclic aromatics which deactivate the 

catalyst. 

Ø Lower hydrogen partial pressure favors dehydrogenation of naphthenes and 

dehydrocyclization of paraffins [8]. 

Although the reforming reactions involve the loss of hydrogen, the 

dehydrogenation of alkanes to unsaturated products or to aromatics can occur without 

hydrogen, but the active life of the catalyst is very short under these conditions. 

Hydrogen can form metal-hydrogen combined sites which accordingly would be the 

active centers for hydrocarbon reactions. The importance of the geometric 

configuration of diene and triene implies that an abundant supply or a real pool of 

surface hydrogen may be necessary to promote the trans-cis isomerization and thus 

reduce coke formation on the catalyst surface [31]. This would explain why an 

increase in the hydrogen concentration, increases the residual activity of the catalyst.  
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The new catalysts including the bimetallic and trimetallic catalysts have more 

resistance to deactivation, so low pressure operation has become routine with the 

application of these new catalysts. Therefore, a minimum hydrogen partial pressure 

must be maintained to avoid excessive coke formation. Using a large hydrogen pool 

could prevent the reorganization of carbonaceous species into toxic coke and avoid 

the deep dehydrogenating of the carbonaceous species on the metal supported catalyst 

[33]. At higher hydrogen partial pressure, a correspondingly higher fraction of the 

metallic function is freed of coke. This is because the coke on the metallic function is 

richer in hydrogen than that on the acid function as found by Parera et al. [6]. They 

found that the H/C ratio is greater when a greater proportion of the coke is on the 

metal, and it decreases when the coke is eliminated from the metal. The choice of 

hydrogen pressure for a reformer is a matter of balancing product yields against 

deactivation rates [3, 24]. 

The effect of reaction temperature in reforming processes was investigated by 

Bartholomew [35], and he found that a higher reactor temperature increased the 

octane rating (aromatics formation) but reduced run time while increasing the cracked 

products yield. Temperature may also be raised in case of declining catalyst activity 

or to compensate for lower quality feedstock. It was found that, if the catalytic 

reaction is conducted at a high temperature, thermal degradation may occur in the 

form of active phase crystallite growth, the support or carrier pore structure might 

collapse, and solid-state reactions of the active phase with the carrier or promoters 

may occur [34].  

It was mentioned by Aristidis et al. [37] and Moulijn et al. [35, 36] that, coke 

formation is expected to increase with increasing reaction temperature. At high 

temperatures, poly-aromatic or even graphitic compounds are formed which 

deactivate the catalysts. These unwanted polymerization and unsaturated organic 

molecules can be present in the feed or formed as product. The effect of the reaction 

temperature on the deactivation by coke was mainly reported by Agbajelola et al. [25] 

and Patrick et al. [24, 37].With very reactive compounds such as olefins or alkyl-

aromatics at a low temperature there is generally no coke formation from paraffins or 

saturated naphthenes as they cannot be transformed into more reactive compounds 
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(essentially olefins). However, over strong acid catalysts, paraffins and naphthenes 

can be cracked and coke can be produced even at a low temperature.  

The higher temperatures on the other hand increase the desorption rate of coke 

precursors. At high temperatures, the retention of coke is mainly due to trapping in the 

blocked pores, whereas at low temperatures, coke retention is due to a stronger 

adsorption that lowers the volatility of the formed molecules. The results by Parera et 

al. [6] showed that, the operation temperature does not influence the nature and 

position of the coke whereas, increasing the pressure and time on stream produces a 

decrease in the H/C ratio of coke. The catalyst activity, selectivity and stability are 

influenced by temperature, time and partial pressure of hydrogen [38].  

2.6    Reforming catalysts 

Alumina supported Pt catalysts are very important for many industrial processes 

including oxidation, reforming, hydrogenation processes and others. The naphtha 

reforming catalysts contain both metal and acid functions. An adequate balance 

between both functions (metal and acid) is important to achieve a high selectivity of 

aromatic hydrocarbons and a low coke deposition rate [39].   

Platinum is a key ingredient in most dehydrogenation catalysts due to its high 

activity for C-H bond rupture coupled with its poor ability to cleave C-C bonds. 

Improvements in selectivity and in particular with respect to the catalyst stability 

towards deactivation due to coking may be achieved by catalyst modification with the 

addition of a promoter [40]. Although a number of patents have emerged over time 

using different recipes and metals, Pt still remains the major active component for all 

modern naphtha reforming catalysts. The addition of a second metal like Re, Ge, Sn, 

Pd, Ag or Pb, can be used to modify the catalytic properties of mono-metallic Pt 

catalysts, but this modification is based on electronic and/or geometrical 

considerations [5]. 

Iridium–platinum catalysts have been used for naphtha reforming, and one of the 

roles of the platinum may be to combine with the iridium in alloy like bimetallic 

clusters to suppress an undesired structure- sensitive reaction, via, paraffin 

hydrogenolysis [41]. Platinum is more active than any other known metal (except 



 

16 

 

iridium) in a number of reactions that increase the octane number of paraffins without 

substantially changing their molecular weights. These reactions include 

dehydrogenation, such as conversion of methylcyclohexane to toluene, 

dehydrocyclization of paraffins to aromatics, e.g. the conversion of n-heptane to 

toluene, and the skeletal isomerization which is also a desired reaction, but this 

reaction is mainly acid catalyzed, and Pt atoms have only a low activity for this type 

of reaction [10].  

Some of the new catalysts formulations have a higher resistance to coke 

deactivation and a higher selectivity to aromatics and isoparaffins. They also enabled 

the process to be performed at a lower pressure [2, 18, 42, 43] . With regards to Pt and 

Re catalysts, Pt is a better dehydrogenation metal than Re and it can be explained by 

the fact that benzene formation is higher on Pt/Al2O3 than on Re/Al2O3 [9]. On the 

contrary, Pt-Re catalysts promote hydrogenolysis reactions and it retards coking 

activity during hydrocarbon reforming reactions [44-47]. Although Pt-Re/Al2O3 and 

Pt-Ir/Al2O3 bimetallic catalysts had a high hydrogenolytic activity producing methane 

and other light alkanes, this drawback (hyper hydrogenolysis) can be eliminated by 

pre-sulfiding the catalysts. Unfortunately, these treatments make the activation 

process difficult [48]. 

On the other hand, Pt-Ge/Al2O3 and Pt-Sn/Al2O3 catalysts have the advantage of 

not needing pre-sulfidation. This enables their use in processes with continuous 

catalyst regeneration. The Pt-Sn/Al2O3 catalyst is one of the most important catalysts 

for reforming and dehydrogenation of hydrocarbon feedstock [14]. Geomar et al. [49] 

reported that, the addition of Sn to supported Pt catalysts has a significant effect on 

catalytic behavior. Sn strongly interacts with the alumina support and if present as Sn 

(II) it weakens and reduces the number of acid sites on alumina and also eliminates 

basic sites. Luciene et al. [39], explained that the electron transfer from tin to 

platinum makes the Pt-C bond weaker, thus increasing the resistance against coke 

formation. It was pointed out by Luciene et al. [39], that Pt-Sn systems have a better 

selectivity to aromatic hydrocarbons compared to Pt and Pt-Re due to the inhibition of 

hydro-cracking and coke deposition on the surface of the catalysts. 

Study by Matusek et al. [50] on “Reactions of n-hexane on Pt–Sn/Al2O3 and 

removal of retained hydrocarbons by hydrogenation”, they found that there are three 
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types of carbonaceous deposit on Pt/Al2O3. These are; one on metal particles, another 

on the metal– support perimeter and the third one entirely on the support. Tin removes 

some of the carbonaceous deposits on the catalyst surfaces, which blocks the passage 

to the catalyst active site. Addition of Sn to Pt inhibits the carbon deposition on 

metallic surfaces [51]. The modification of Pt/Al2O3 catalyst studies conducted by 

Ordonez et al. [52], using vanadium caused a slight decline in the catalysts activity 

but, proved to be more resistant to deactivation. 

The latest improvements in the naphtha reforming technology have been aimed at 

increasing the length of the operation cycle time and for this purpose new trimetallic 

catalysts have reached the market. These bifunctional trimetallic catalysts are 

gradually replacing the previous industrial bimetallic catalysts because of their higher 

stability, selectivity and adaptability to different feedstock and resistance to poisons 

[2]. Epron et al. [53], found that the addition of tin on a bimetallic Pt–Ir catalyst can 

replace the sulfiding step that is necessary to decrease the hydrogenolysis activity of 

this type of catalyst. A 

Additions of small amounts of Ge in trimetallic Pt-Re-Ge/Al2O3 catalysts produce 

some improvements in the liquid yield and the catalyst stability [18]. The 

modification of the Pt–Re/Al2O3 by decationized NaY and NaZSM-5 zeolites were 

found to increase the isomerization activity [54].  

Finally the tri-metallic catalysts are more resistant to deactivation by coke 

deposition and have better selectivity to isomers and aromatics (high octane products) 

than mono and bi-metallic catalysts. 

2.7    Effects of sulfur on reforming catalysts 

The effect of sulfur on coking rate of reforming catalyst is still a matter of debate. The 

reforming catalysts activity may be completely lost, because of sulfur poisoning. In 

order to avoid sulfur poisoning, it is recommended that the reforming feed should not 

contain more than 1 ppm of S. On the other hand, sulfur is not totally unwanted, 

because a low concentration of sulfur in the feed or during the start-up of units can 

suppress excessive hydrogenolysis at the beginning of the run and improve the 

catalyst stability [19, 55]. Sulfur affects both the nature and location of the coke 
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deposit. It has been proposed that coke is more dehydrogenated and located mainly on 

the support on sulfided catalysts. Sulfur greatly reduces the hydrogenolytic activity of 

the catalyst, increasing the amount of dehydrogenated compounds that desorbs from 

the metal function of catalysts [8, 56]. 

Reports from [34, 57] suggested that the pre-sulfided reforming catalyst has a 

great impact on reducing the hard coke, which is mainly responsible for the catalytic 

deactivation. These demonstrations were reported by Carvalho et al. [28] and Parera 

et al. [6, 27] that the pre-sulphidation of the skewed catalyst is widely applied to 

control the hyper- activity towards hydrogenolysis reactions. For the bimetallic Pt-Re 

catalysts in their partially sulfided form, the experimental results by Parera et al. [6], 

indicates that the skewed metal catalyst produces more gases and aromatics than the 

balanced metal catalyst. Sulfur increases the dehydrogenated activity due to the Pt-

Re-S interaction and at the same time decreases the metal ensemble size resulting in a 

higher amount of coke and fewer cracking activities [55, 56, 58].   

James et al. [45], suggested that the electron acceptor properties of sulfur decrease 

the electron density on the Pt metal. The electronic properties of metal are changed 

when sulfur is incorporated into the catalyst. This results in a weak Pt-H bond 

formation as electrons are transferred from platinum to sulfur. Sulfur not only 

drastically changes the coke profile on Pt-Re but also the amount of coke, its nature  

and its distribution on the Pt-Re /Al2O3 catalyst [33].  

It was reported by Querini and Fung [58] that, the coke deposition rate on the 

catalyst depends on the concentration of sulfur and chlorine in the system. However, 

the influence of chlorine is smaller than that of sulfur when the coke precursor 

formation is concerned. The investigation made by Jovanovic et al. [59] suggested 

that, the role of Re for hindering the polymerization reactions is improved when sulfur 

incorporates into the rhenium atoms. 

The Pt/ Al2O3 and Pt–Re/ Al2O3 reforming catalysts activity was significantly 

decreased by adsorbed sulfur, which deactivated the catalysts by dilution of surface 

active sites [60]. It was reported by Lin et al. [47] that, the addition of Pd to the 

supported Pt catalyst evidently improves the sulfur resistance of the catalyst. The 

explanation was that, the electrons are transferred from Pt to Pd by bimetallic 
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interactions. The decrease of electron density on Pt inhibits H2S adsorption and 

thereby enhances catalyst sulfur resistance. 

2.8    Catalysts acidity 

The regeneration process practiced by a local refiner is divided into 3 main areas 

which include; a burning zone, a chlorination zone and a drying /cooling zone. 

In the burning zone, the spent catalyst from the bottom of the reactor first enters 

the regeneration tower where coke is burnt off the catalyst in the presence of heat and 

air. The amount of oxygen used is vital and is maintained at 0.6 - 0.8 mol %. Greater 

then this level can lead to a high temperature runaway which could destroy the 

catalyst morphology. Low oxygen levels, on the other hand leads to incomplete 

catalyst regeneration. 

After coke burning, the catalyst gets chlorinated in the chlorination zone. A 

chlorinated compound containing adequate chlorine is injected into this zone in the 

presence of air. The main function of chlorine addition is to re-disperse platinum on 

the catalyst surface [8]. Most of the naphtha reforming processes have chlorine 

compounds added in the hydrocarbon feed [30]. The actual amount of chlorine added 

is dependent on the humidity of the recycled gas & feed and the reactor temperature. 

Chlorination is also important, as a certain amount of chlorine is needed on the 

catalyst to boost catalyst activity. It is also important to ensure that all coke is 

completely burned in the burning zone so that no coke is present in this oxygen rich 

environment.    



 

20 

 

 

Figure 2-2: Chlorination zone in the regeneration tower 

In the drying zone, the water accumulated on the catalyst from the burning zone 

and chlorination zone is removed in this stage. Too much water will cause the 

chloride to be stripped off from the catalyst in the reactor. Thus the catalyst is first 

dried using hot air and then cooled using cold air before leaving the regenerator and 

entering into the reactor. 

Catalytic naphtha reforming catalysts are bi-functional in nature; the metal 

function is provided by platinum and the acid function is provided by the high specific 

surface area alumina whose intrinsic acidity is enhanced by chlorine. Maintaining the 

balance between metal and acid function is a critical issue for optimizing the 

performance of the catalyst. A desirable amount of 0.8-0.9% chlorine concentration is 

generally used in several commercial reforming catalysts and the operation of a 

reforming process is strictly maintained to keep chlorine between these limits [30]. 

Mazzieri et al. [19] and George et al. [8, 18], reported that, both strong and weak 

acid are undesirable for reforming reactions, as it will increase catalyst deactivation. 

Milder acid strengths are beneficial for the isomerization rate due to the reduction of 

consecutive cracking and polymerization reactions.  

Moisture in the naphtha feed and chlorine concentration in the catalyst are the two 

main keys which control the acidity of the catalyst under actual reforming conditions 

[30, 31].  Water enhances the Bronstead acid sites on the alumina support but, when 

the level of water exceeds 20 ppm, it becomes undesirable as it strips off the chlorine 

from the catalyst, thereby lowering the catalyst acidity. In such cases, stripping of 
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chloride from the catalyst in wet conditions and a high temperature results in the 

formation of HCl which may cause the acute corrosion in downstream equipment if 

not controlled. On the other hand, working under dry conditions is also not good for 

the catalyst and products. In the later (dry) condition, it will destroy the acid sites as 

there is no regeneration of acid sites to compensate for those deactivated by coke 

deposits. 

Water is necessary to ensure a homogeneous distribution of chloride on the 

catalyst. Water-chloride balance can be restored according to the following reaction as 

given by George et al. [8]. 

 

 

(2-7) 

In reforming catalysts, the catalyst chlorination is usually performed by injection 

of chloro-carbon or chloro-compounds with sulfur into the feed [21, 29, 30, 61]. Some 

reforming units use a mixture of HCl and water according to a preset industrial level, 

while others injected the carbon tetrachloride (CCl4) in ppm proportion to enhance the 

acidity of the catalyst. Studies by George et al. [8] on the effects of chloride agents 

such as, CCl4 and/or HCl on the selectivity for the hydrogenolysis and the 

isomerization reactions over a Pt/alumina catalyst, suggested that, there is only a 

minor decrease of the hydrogenolysis reactions for the catalyst chlorided with HCl 

gas. Chlorinating with CCl4 is more effective in influencing the Pt sites responsible 

for hydrogenolysis [21]. They found that injection of about 2–3 % of CCl4 at high 

temperature 673 K (400 oC), the CCl4 is converted to coke which is deposited on the 

catalyst surface. 

The study made by Geomar et al. [49] reported that, the presence of chlorine 

produces a more uniform deposition of Pt over the alumina. Chlorine addition has a 

positive effect by improving the dispersion of the metallic phase over the support. 

Unfortunately, in a bimetallic catalyst, chlorine destroys the interaction between the 



 

22 

 

metals. Study done by Pieck et al. [62], on the influence of chlorine over the Pt-Re 

interaction and their catalytic properties, they found that, chlorine inhibits Pt-Re 

interaction and produces a decrease in the coke deposition over the metallic function. 

Chlorine has two opposite effects; first, it influences the spillover of hydrogen from 

the metal to the support, and via hydrogenation reactions where the coke precursors 

can easily be eliminated; secondly, the polymerisation of coke precursors is enhanced 

by the addition of chlorine [62]. 

During the regeneration process (burning the coke) of the Pt/Al2O3-Cl catalyst 

system under oxidizing atmospheres, the formation of water at high reaction 

temperature cause the platinum crystallites to grow (sintering process). In order to re-

establish the platinum dispersion and to restore the acidity of the support, the catalyst 

undergoes an oxychlorination treatment followed by reduction. Borgna et al. [63], 

reported that, the addition of chlorinated compounds to the oxidizing mixture during 

the regeneration process inhibits the platinum particle growth (reduces sintering). 

Fung [64] also found that the re-dispersion of agglomerated metal catalysts involves a 

direct reaction between the catalyst and reactive gaseous components such as Cl2, 

HCl, O2 and H2O, and it is directly dependent on the oxygen and chlorine partial 

pressures. Oxychlorination treatment applications are most common in catalytic 

reforming units (CRU) using continuous catalytic regeneration (CCR) cycles rather 

than adding the chlorine to reforming feed. These treatments can restore almost 

completely the original acidity of the catalysts [12].  

Chlorine was analyzed by dissolving the catalyst with sulfuric acid by distillation 

followed by titration of the distillate according to the method of Volhard-Charpenter, 

[5, 18, 30, 65]. 

Catalyst acidity of the reforming catalyst can be done by using temperature 

program desorption of pyridine (TPD) [27, 65]. Here pyridine is adsorbed on acid 

sites due to its basic character at low temperature. Desorption pyridine content at low 

temperatures is related to the presence of weak acid sites while desorption at high 

temperatures is related to the presence of strong acid sites. The total area under the 

TPD trace is representative of the total acidity of the catalyst. 
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2.9    Catalysts deactivation 

2.9.1    Mechanisms of Deactivation of Heterogeneous Catalysts 

Table 2-1: Describe type, mechanism, and definition of the catalysts deactivation 

Number Mechanism 

 

Type Definition/description 

1 Poisoning chemical Strong chemisorptions of species 

on catalytic sites which block sites 

for catalytic reactions(sulfur 

compounds) 

2 Fouling mechanical Physical deposition of species 

from fluid  phase into catalyst 

surface or catalyst pores (carbon or 

coke) 

3 Thermal 

degradation 

thermal Thermal loss of catalytic surface 

area, support area and active phase 

support reactions 

4 Vapor formation chemical Reaction of gas (oxygen) with 

catalyst phase to produce volatile 

materials (oxides compounds) 

5 Vapor-solid and 

solid-solid 

reactions 

chemical Reaction of vapor, support or 

promoters with catalytic phase to 

produce inactive phase 

6 Attrition/ 

crushing 

mechanical Loss of catalytic materials due to 

abrasion loss of internal surface 

area by mechanical induced 

crushing of the catalyst particles 
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Deactivation of a reforming catalyst is an important topic not only for the future 

development of a more stable catalyst, but also for the operational control for a 

commercial reformer and its catalyst regeneration processes. There are many reasons 

why catalyst deactivation takes place. Some of these reasons include fouling by 

carbon or coke, which are produced by condensation of unsaturated hydrocarbon 

(olefinic compounds). Others may come about from poisoning materials present in the 

feedstock which can chemisorbs on the catalyst active site and totally deactivate the 

catalyst. Additionally, the catalyst thermal degradation or sintering process (metal 

growth) may occur if the catalytic reactions are conducted at high temperatures. 

Furthermore, collapse of the support pore structure and solid–state reactions between 

the active phase and promoter or support may also happen at high temperatures. The 

catalysts used in power plant flue gas can be deactivated by dust and plugged with fly 

ash. Based on the following assumption given above, the mechanisms of solid catalyst 

deactivation can be grouped into six intrinsic mechanisms of catalyst decay as 

mentioned in Table 2-1.adapted from references [34, 41].  

2.9.2    Coke deposits on the catalyst surface 

During hydrocarbon reactions catalyzed by solid acidic catalysts, the catalyst always 

suffers from strong deactivation due to formation and retention of heavy byproducts, 

so-called coke, which deactivates both metal and acid sites of the catalysts. Coke 

components can be classified into coke precursors and hard coke, [62, 66]. The coke 

precursors  or reactive coke are the coke components that can be removed from the 

coked catalyst sample simply through volatilization in inert nitrogen, while the hard 

coke or un-reactive remains on the catalyst even at high temperature (873 K) and can 

be removed by burning in diluted oxygen gas. 

Studies conducted on the deactivation of naphtha reforming catalysts by coke 

deposition cover a broad spectrum of problems: starting from the role of coking in 

catalyst degradation to the effects of numerous process parameters on the rate of 

carbon deposition, its mechanism such as the nature and morphology of coke, the 

quantity and distribution of coke between metal clusters and the support, and the 

degree of condensation of coke and its nature which depend on the catalyst, feed and  
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operation parameters in the reforming process [67]. It has been shown by Jovanovic et 

al. Wang &Manos and Govind et al. [31, 59, 66]  that, trying to model the kinetics of 

the coking process based only on the amount of coke deposited on the catalyst while 

ignoring the location and molecular structure of coke, may be erroneous and 

misleading.  

The investigation made by Borgna et al. [9] on the simultaneous deactivation by 

coke and sulfur of monometallic Pt/Al2O3 and bimetallic Pt–Re (Ge, Sn)/Al2O3 

catalysts by using n-hexane reforming as a bi-functional test reaction and thiophene as 

a poisoning molecule, demonstrated that, at the beginning of the reaction test, acid-

controlled isomerization reactions such as the selectivity of i-C6 isomers are only 

marginally affected by coking over all the catalysts. The explanation provided by 

them was that in the short-term catalytic tests, coke precursors are essentially formed 

on the metallic function. The coke precursors (unsaturated compounds) are mainly 

aromatic and/or olefinic hydrocarbons, which are either contained in the starting 

materials or are formed as intermediate products in the process [68].  

In the study of the effects of Sn on Pt catalyst by Hill [7], it was mentioned that, 

during the reaction between hydrocarbons and the Pt-Sn catalyst, Sn weakened the 

chemisorptions bond (Pt-C), thereby enhancing the migration of the carbonaceous 

species away from the Pt sites and support. Sn suppressed catalyst deactivation even 

while having a higher coking rate than the other catalyst without Sn. This is because 

the transportation of coke from the active sites becomes easier when tin joins the 

catalyst. This theory is supported by temperature programmed oxidation, which 

showed that tin-promoted catalysts had higher peak temperatures meaning that the 

coke is on the support rather than on the platinum atoms. 

It was shown by Macleod et al. [69] that, the weakening Pt-C bond strength on 

adsorption of alkane reactants makes the catalyst less susceptible to deactivation by 

carbonaceous species onto the metal surface and it also alters the products selectivity. 

Another study by Hill [7] explained that, Pt single crystals are very effective 

hydrogenation-dehydrogenation catalysts, even when the catalyst is extensively 

covered by carbonaceous deposits.  
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Coke can basically be classified as two types of carbonaceous deposits: one of a 

low polymerization degree (H/C atomic ratio about 1) deposited on the metal which 

can be referred to as ‘soft coke’, and the other of a higher degree of polymerization 

(H/C ratio about 0.5) deposited on the support referred to as ‘hard coke’ [67, 70, 71]. 

It was shown by Zhongmin et al. [72] that the carbonaceous materials formed on 

different zeolites are different in nature based on H/C ratio. The coking reaction on an 

HZSM-5 zeolite takes place not only on the outer surface, but also inside the pores 

and channels with the species of–(CH2) or cyclo-paraffins and some mono-cyclic 

aromatics as coke precursors.  

The deactivation studies by Jovanovic et al. [59] on coke deposited on bi-metallic 

catalysts and mono-metallic catalysts proved that, during the reforming reaction, coke 

accumulates in the catalysts pores and it shifts the mean pore diameter towards the 

lower values in the case of a mono-metallic catalyst. The demonstration according to 

[70] was that, in mono-metallic catalyst the coke occupies the pore wall thereby 

moving the mean pore diameter towards the lower values. But in the bi-metallic 

catalyst, the coke fills the pores entirely and the mean pore diameter moves towards 

the higher values. 

2.9.3    Mechanism of coke formation 

Deactivation of supported metals by carbon or coke may occur chemically due to 

chemisorptions or carbide formation, or physically due to adsorption in multilayers. In 

both cases, it was shown by Calvin& Bartholomew [34] that, carbon blocks access of 

reactants to metal surface sites, accordingly the metal crystallites are totally 

deactivated and encapsulated by carbon (see Figure2-2). These carbonaceous species 

causes plugging of the catalyst micro- and mesopores. Sometimes the access of 

reactants is denied to the many crystallites inside these pores to the extent that they 

stress and fracture the support material, eventually, destruction of catalyst pellets by 

carbon filaments, and plugging of the reactor void occurs.  

The mechanism of coke formation will depend on the catalyst pore structure, 

acidic properties, the nature of reactants and reaction conditions [37, 70]. The 
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dependence of coke on the reactants (hydrocarbon feed) is reported in Table 2-2: by 

Hsu et al. [29]. 

 

Figure 2-3: Fouling, crystallite encapsulation and pore plugging of a supported metal 

catalyst due to Coke accumulation on the catalyst adapted from reference [34]. 

 

Two mechanisms of coke formation proposed by George et al. [8] are given below. 

(i)  The first mechanism suggests that successive dehydrogenation reactions lead 

to the formation of carbon atoms. These atoms may combine by 

polymerizations reactions to form more graphitic and more toxic coke 

deposits. 

(ii) The routes of coke deposition are based on polymerization reactions with the 

formation of different types of carbonaceous deposits on the catalyst 

surface. 

At the beginning of the operation cycle, coke is rapidly deposited on the metal. 

Some bare metal islands remain uncovered in a pseudo stationary state, after that it 

remains constant when coke continues to be accumulated on the acidic support [8, 44, 

73]. George et al. [8], showed that with the increase in the metallic dispersion, the 

coke coverage on the metallic phase decreases at a steady state. Increasing the 

platinum content, with the same metallic dispersion, increases the amount of coke on 

the whole catalyst. 
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Table 2-2: Coke percentages of various reforming hydrocarbons at same reforming 

conditions (773 K, 101 KPa, WHSV=2, H2/HC = 4, run length=5 h), [31]. 

Feed hydrocarbon Coke yield     

(Wt %) 

Feed hydrocarbon Coke yield 

(Wt %) 

n-hexane 3.5 benzene 0.3 

n-nonane 4.4 Ethyl benzene 2.3 

Cyclohexanes 0.1 Indan 25 

1,2-

dimethylcyclohexane 

2.1 Methylcyclopentane 13 

Methylcyclopentane 37 Cyclo pentadiene 67 

 

2.9.4    Coke characterization and regeneration 

Characterization of coke depends on three factors which are the most important; the 

nature (H/C ratio), amount and distribution of coke (coke location). Although coke 

has different natures, the oxidation of coke usually applies to reactivation of the 

catalyst.  The coke combustion is typically carried out in diluted air, but in some cases 

partial coke removal is achieved with hydrogen or inert gases [74]. Studies done by 

Guisnet et al.[76] and Patrick et al.[37, 75] on the nature of coke in zeolite were 

conducted using methods of dissolving the catalyst with a solution of hydrofluoric 

acid because it does not modify or alter the coke particles.  Wang [76], studied the 

coke molecules and their nature and distribution which are generally formed and 

trapped in catalyst micropores  using  GC/MS coupling or MS, UV-VIS and IR 

recovered by using dichloromethane (soluble coke).  

Other studies by other researchers used Fourier Transform IR Spectroscopy to 

analyze the structures of adsorbed molecules on a catalyst surface (soluble coke), and  



 

29 

 

it has applicability in investigating the structure of carbon deposits on supported metal 

catalysts [48]. The insoluble coke which is composed of highly polyaromatic 

compounds are analyzed by temperature program oxidation (TPO) [17, 40, 48, 51, 73] 

or by thermo gravimetric analysis (TGA) [11, 28, 77, 78]. For the study on the 

characteristics of coke in the MTG Process FTIR technique was used by Pedro et al. 

[79] to characterize the soluble coke at different reaction temperatures.  The FTIR 

analysis was applied by Li et al. [80] to study the soluble composition of the coke 

deposits on a spent industrial reforming Pt–Sn/-Al2O3 catalyst, detection of polycyclic 

aromatic compounds such as chrysene was noted. Similar technique was applied by 

Karge et al. [81] to study the effect of coke deposition on zeolite catalysts during 

hydrocarbon reactions.  

Two types of coke were described by Pedro et al. [79] over H-ZSM5 Zeolite 

which include light coke (high H/C ratio), which is soluble in pyridine, and heavy 

coke (low H/C ratio), insoluble in pyridine. It was observed that temperature 

noticeably affects not only the content of coke but also its nature. It was found that the 

H/C ratio decreased with increase in reaction temperature. This means the soluble 

light coke decreases and the insoluble heavy coke increases when reaction 

temperature is increased simultaneously.  

The investigation of de-coking conducted by Parera and Macleod et al. [69, 73], 

explained that the coke burning at low temperatures corresponds to highly 

hydrogenated coke, which deposits on the metal function. Whereas the coke that 

burns at high temperatures corresponds to amorphous polymerized coke, deposits on 

the acid sites of the support. The de-coking process follows the same sequence to that 

of the deactivation by coke formation. The elimination of coke by TPO occurs first on 

the metallic function where the metallic activity is recovered. Then, towards the end 

of the regenerating process, coke is eliminated from the acidic function resulting in 

the recovery of the catalytic activities for reactions of dehydrocyclization and 

isomerization [73]. 

In the study of the regeneration and rejuvenation of naphtha reforming trimetallic 

catalysts, it is well demonstrated by Vanina et al. [12] that, the fully regenerated 

trimetallic catalysts have a higher activity than the fresh ones, indicating that the 
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metal promoters become segregated during the coke burning-off. Therefore the 

concentration of free Pt sites and the dehydrogenation activity are increased. 

Periodic reactivation of the catalyst is necessary to save cost and time. This 

periodical regeneration can be done by burning the coke off at controlled conditions. 

Optimizing the operating conditions, such as, temperature, heating rate and time of 

regeneration were cited in literature. JGlio et al. [82], reported that low heating rates 

are usually maintained for good regeneration processes. It was found that, the catalyst 

activity decreased by 30% when the catalyst was regenerated at a high heating rate.  

Combustion temperatures, which is probably the most critical parameter in a 

regeneration process because of its impact on the stability of the metallic phase and 

the support [82]. In addition to de-structuring of the metallic phase (agglomeration, 

crystallization or volatilization), sintering of the support and reaction of the catalytic 

phases themselves or with the support (thus forming inactive species) may occur.  

Ordonez et al. [52], in their study using vanadium-modified Pt/Al2O3 catalysts, 

noticed that the lower combustion temperature of coke deposits on the Pt catalysts 

would indicate that their H/C or H/Cl ratios being higher. For a regeneration 

temperature, which is normally above 773 K (500 oC), extra care must be taken to 

properly control temperature runaway resulting from coke ignition. Time for 

regeneration, another important criterion, must also be accounted for as it is directly 

dependent on the regeneration temperature. A short regeneration cycle only allows a 

partial recovery of the catalytic activity [82].  

In general, the oxidation reactions for all types of coke are highly exothermic, as 

indicated by the formation enthalpies of the oxidation products. Exothermicity of the 

catalyst reactivation by coke oxidation is one of the key concerns in the design of a 

regenerator. If the rates of the reactions are not closely controlled, the generated heat 

may cause damage to the catalyst and the regeneration unit. If a safe operation is to be 

devised, the reaction rates occurring in the regeneration unit must be known. A kinetic 

model that describes the rates of regeneration reactions is therefore needed for the 

design of a catalyst regeneration unit [74]. 
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2.9.5    Prevention of coke formation 

Catalyst deactivation is a common problem in the petrochemical industry. This 

phenomenon has negative consequences on the activity and selectivity of the catalyst. 

Deactivation in the reforming process is caused by coke formation and deposition. 

The coke is derived from the degradation of reactants or products subject to 

successive condensations with elimination of hydrogen [83].  

Table 2-3: Elimination of the catalyst deactivation by catalyst and process 

modification. Taken from [41]. 

Process modification 

 

Catalyst modification 

Change reaction conditions: 

Temperature, Flow rate, Pressure, space 

velocity, Feed composition ….etc. 

Change materials: 

Different promoters, supports and active 

phases 

Reactor modification: 

Different reactor geometry, multiple 

reactor stages, different reactor type 

Optimize catalyst: 

Density, porosity, distribution of active 

phase in catalyst pellet 

Remove poisons: 

Guards beds, purifications, overdesign 

of  catalyst bed 

Modify Preparation method: 

Impregnation vs. precipitation, drying and 

activation temperature, heating rate and 

reducing agent. 

Change operating strategy: 

Increasing temperature with time, 

swing reactors, continuous regeneration 

 

Modify forming method: 

Monolith vs. pellet vs. extrudates, spray 

drying and binders. 
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General methods of elimination of the catalyst deactivation are mentioned in 

Table 2-3. In coke or carbon formation, one important fundamental principle must be 

underlined i.e.  carbon or coke results from a balance between the reactions that 

produce atomic carbon or coke precursors and the reactions of these species with H2, 

H2O, or O2 to remove them from the catalyst surface. If the conditions favor 

formation over gasification, these species accumulate on the surface and react further 

to less active forms of carbon or coke, which either coat the surface with an inactive 

film or plug the pores, causing loss of catalyst effectiveness, pore plugging or even 

destruction of the support matrix. 

The formation and growth of carbon or coke species on metal surfaces are 

minimized by choosing reaction conditions that minimize the formation of atomic 

carbon or coke precursors and by introducing gasifying agents. Regarding the catalyst 

modification, coke can be minimized by using a catalyst with a small crystal size. 

This result was proven by Patrick et al. [37]. They found that, when a large crystal 

size HBEA zeolite was used, the deactivation by coke formation was enhanced 

resulting in rapid deactivation due to the large crystal size of the zeolite and the low 

diffusion of coke-makers (aromatic and olefins) through the crystallite of these BEA 

zeolite forms. From their studies, they concluded that small crystallite zeolites are 

more appropriate to deter coke formation and catalytic deactivations since large 

crystallite zeolites retain coke-makers better than their smaller counterparts, resulting 

in enhanced coke formation and rapid catalyst deactivation. 
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Chapter 3 

Experimental Work 

3.1    Research Materials 

3.1.1    Catalyst Properties 

The table below describes the textural properties of commercial Pt/Al2O3: 

Table 3-1: Textural properties of Pt/Al2O3 fresh commercial catalyst 

Catalyst particles size 0.39-0.40 mm 

Surface area of Pt/Al2O3 150 m2/g 

Pore volume 0.6 cm/g 

Bulk density 0.67 g/cc 

Average pore diameter 
164 

o

A  

3.1.2    Gases and Chemicals 

The following chemicals were used in the study 

Ø Hydrogen gas with a purity of 99.9% from MOX, used for reduction.  

Ø Pure nitrogen gas with a purity of 99.90% from MOX, used for releasing the 

hydrogen and other sample impurities after reduction. 

Ø 5% H2 in pure N2 reducing gas obtained from MOX. 

Ø RGA (standard gas) for GC calibration from Agilent company 

Ø  n-hexane of analytical grade (Merck, ACS, 99.8% purity) used as a reforming 

feedstock.
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Ø Carbon tetra-chloride (CCl4) with a purity of 99.9% obtained from Merck, 

used for acid chlorination. 

Ø Dimethyl-disulfide with a high purity of 99.9% obtained from Merck is used 

as a sulfiding agent. 

Ø Fresh and spent commercial reforming Pt/Al2O3 catalyst with 0.29 wt % Pt 

content. 

3.2    General Description of Reactor Rig 

A schematic diagram of the reactor set up is shown in figure 3-1. The reactor consists 

of a control panel (1); which consists of a temperature display and controller, main 

switch, safety switch and valve switches.  Also, the reactor contains the liquid reactant 

tank (2), high pressure pump (3), and stainless steel SS316catalyst basket, which is 

30mm long and has a cylindrical chamber with several channels at the bottom to 

allow the reaction products to pass through it (4). The catalyst basket can be removed 

and tightened by using a custom-made Allen key rod. The crashed catalyst sample (5) 

was loaded inside the cylindrical basket. This reactor system is equipped with a split-

type electric tubular furnace (custom-made) with controllable temperature from 

ambient to 450 oC and accuracy of 0.5 oC (6&7). Two cylinder gases have been 

used, a nitrogen cylinder (8) and a hydrogen cylinder (9) connected with a gas flow 

meter (10), in order to maintain the flow rate. The product effluent is heated up using 

an external heater (11), before being sent to GC (12). 

 

Figure 3-1 A schematic diagram of the basic parts of a micro-tubular reactor 
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3.2.1    Micro-Tubular Reactor 

This reactor rig was supplied by Biofoam engineering Sdn. Bhd., Shah Alam. It 

consists of top and bottom support flaps tied with cylindrical steel. The reactor tubular 

body was fabricated from stainless steel SS 316.The body of the micro-tubular reactor 

has the dimensions of 25mmI.D, 60mm O.D. and 500 mm length. Permitting a total 

reactor volume of 2.45 ×  10-4 m3. 

Support Flap

Tie Rod

Inlet Manifold

Reactor Body

Catalyst Basket

Shaft Nut

Outlet Manifold

Thermocouple

A

B

C

D

500 mm

Ø 60 mmØ 50 mm

Ø 25 mm

TOP VIEW

CROSS SECTION

Electric
Furnace

 

Figure 3-2: High-pressure micro tubular reactor schematic diagram 

The micro-reactor is equipped with four different inlet manifolds (labeled A, B, C 

and D) located on the top side. Label (A) for the n-hexane flow into the reactor, and 

(B) for the H2 gas. A height-adjustable K-type thermocouple probe was tightened on 

the top side of the reactor with its bottom end reaching the catalyst basket inside the 

reactor body. The allowable pressure for this reactor system is up to 50 bars.  
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It is floor mounted in a 1/8 inch thick carbon steel cabinet with both front and 

back openings for easy access to the reactor system. On top of the cabinet, a single 

hole was provided for fitting the adjustable (height) thermocouple into the reactor 

body. It has three different gas ports (for reactants and reduction gas) accessible into 

the reactor and one port connected directly to the gas exhaust system (carrying 

reaction effluent). Please refer to figure 3-2. 

3.3    Experiments Method 

A commercially obtained fresh Pt/Al2O3 catalyst in the form of 1.6mm extrudates was 

supplied by a local refiner. It was then crushed and sieved to 0.39-0.4 mm in order to 

avoid the internal mass diffusion limitations. This catalyst form was used in all further 

catalyst evaluations unless stated otherwise.  

The MTR reactor was loaded with 5g of catalyst placed in the center of the reactor 

supported by alumina balls (inert packing). Reducing nitrogen gas blended with 5%H2 

in N2 with a flow rate of 20 cm3 /min was allowed to flow into the reactor chamber 

through ¼ inch stainless steel tubing. Here, the catalyst was then reduced at 573 K 

(300 oC) reduction temperature with a constant flow of the reducing gas to ensure the 

completion of the catalyst reduction. Then, the reduction gas was replaced with pure 

N2 inert gas to clean the line and remove the water and any impurities present from 

the reduced catalyst sample. Then liquid n-hexane using a high pressure pump 

together with pure H2 gas using a high pressure gas valve were pumped into the 

reactor system at a preset pressure and flow rate.  In the reactor, the n-hexane was 

vaporized with a tubular electric furnace surrounding the reactor body. The hydrogen 

gas and the n-hexane vapor react together over the reduced Pt/Al2O3 catalyst to 

produce high octane products.  

This reactor system was pressurized using the original pressure from the reactant 

(pure hydrogen) gas which is adjusted between 3 to 7 bars (300-700 kPa) at ambient 

temperature. The reactor was then heated from ambient to temperatures between 623 

to 723 K (350 to 450 oC) for further studies on the influence of temperature and 

pressure on reforming. Carbon tetrachloride between 1 to 5 vol/vol percent were 

mixed with n-hexane feed to study the effects of increasing the catalyst acidity on the 
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product yield. Selective poisoning of sulfur was also performed by doping dimethyl 

disulphide with the feed at various concentrations between 10 to 200 ppm. The outlet 

of the reactor effluent was trace piped to the gas chromatography unit (Hewlett 

Packard GC 6890 series) equipped with flame ionization (FID) and a thermal 

conductivity detector (TCD) to quantify conversion and products selectivity. 

3.4    Gas Chromatograph 

GC is a widely used technique for identification and quantification in the hydrocarbon 

industry. It is an extremely sensitive and versatile unit which when coupled with an 

automated system allows for an easy, accurate and reliable method for hydrocarbon 

analysis. A GC equipped with an FID is a powerful separation method for identifying 

and quantifying hydrocarbons in naphtha. 

The products from the reactor effluent are divided into desired (isomerization and 

dehydrocyclization) and undesired (cracking and dehydrogenation) products 

according to the reactions describe below: 

 

Figure 3-3 A schematic diagram of the n-hexane desired and undesired products 

Gaseous effluent products from the reforming reaction were analyzed via an 

online gas chromatograph (Hewlett Packard (HP) GC 6890 series) equipped HP-Plot 

U capillary column (15 meters ) and HP-Mole-sieve  (30 meters) which separate C1-
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C7 hydrocarbons, CO2, CO, H2O , H2  and the like; and is attached in a series  and 

ends at the  TCD while  the GC-AL/KCL column system separates light hydrocarbons 

ends at the FID end. All the columns mentioned above are capillary type. The mobile 

phase used for both columns was He. For the GC-AL/KCL column the flow rate used 

was 5 ml min-1. The ignition mixture for the FID system consists of air flowing at 400 

ml min-1 and H2 at 30 ml/min together with a He make up of 25 ml min-1 with the 

pressure at the gas tank for H2 set at 300 kPa (3 bars) and air at 158.6 kPa. 

A 3 way valve system was installed between the reactor effluent line and the GC 

sampling valve. A ¼ inch high pressure stainless steel tubing was used to connect the 

reactor outlet to the GC inlet. This tubing was trace heated and controlled at 60 oC 

using the custom –made heating tape equipped with a Watlow temperature controller 

to ensure that the effluent products are always in vapor phase.  

3.4.1    Mechanisms of sample analysis by GC 

The sample effluent from the reactor transfers by mobile phase to the GC column and 

it is interacted with the stationary phase, where the component separation takes place. 

The gas sampling system consisted of three pneumatic valves which are valve 1, valve 

2, and valve 3. Figure 3-4 shows the flow diagram for the sequence of valves system. 

Gas analysis was started when these valves were opened at 0.00 min run time to allow 

the gas sample to be injected into the respective columns. 

 

Figure 3-4 A schematic diagram of gas chromatography sampling valve diagram 
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To analyze the gaseous products from the MTR reactor through the back detector 

(FID), Valve 1 was turned on at 0.01 min to allow the gas sample to enter the line. 

Then the sample was passed directly to the back line towards GC-AL/KCL, 

eventually the individual analytes are sent to the FID detector, where the constituents 

of the sample are detected, eventually the results are recorded by sending a signal to 

the computer. Before starting the experiments the GC was calibrated with standard 

mixtures of hydrocarbons, please refer to (Appendix C). 

3.4.2    GC-Operating Conditions  

In gas chromatography analysis, a temperature program is generally used to ensure 

adequate separation of the compounds in a short time. 

The temperature programs used for the analysis are given in Table 3-2: 

Table 3-2: Description of GC operating conditions 

Type Condition 

Injector temperature 200 oC 

Detector temperature 200 oC 

Oven temperature 1 50 oC 

Oven temperature 2 190 oC 

Ramp rate 1 5 oC min-1 

Column pressure 0.49 bar 

Spilt ratio 30 
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3.5    Calculations 

3.5.1    Conversion 

Dietz W.A.’s [84], method was used to calculate the conversion and is given in 

equation 3-1. The calculation is based on the mass fractions of the reactant which are 

equal to the area fraction under the chromatographic peak. 

i
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=  
(3-1) 

Where HCi is the concentration of the fed hydrocarbon at the reactor inlet and 

HC0 is the concentration of the non-reacted hydrocarbon at the reactor outlet. the 

conversion of reactant A (XA) was calculated using equation (3-2).
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Where XA is the conversion of reactant A, No
Ao is the molar flow of reactant A at 

the inlet of the reactor, No
A is the molar flow of reactant A at the exit of the reactor, 

Mo
Ao is the mass flow rate of reactant A at the inlet of the reactor, which is equal to 

the total mass flow, Mo
A is the mass flow rate of reactant A at the exit of the reactor, 

AA is the GC area of reactant A. A Tot is the total GC area of the hydrocarbon reaction 

components and (AA /A Tot) is the GC area fraction of A.

 
3.5.2    Products selectivity 

Mazzieri et.al [18], method was used here to calculate the reforming products 

selectivity, and is defined as the equation 3-3: 
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Where Ai is the area of the chromatographic peak of product i, fi is its response 

factor, ni is the number of carbon atoms of i and Mi is its molecular weight.  
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3.6    Catalyst Characterization 

Characterization of a heterogeneous catalyst refers to the measurement of its physical 

and chemical properties (pore size, surface area, particle size, catalyst composition 

and strength). There are many important reasons for measuring the characteristics of a 

solid catalyst, such as understanding the catalyst structure and its function, elucidating 

cause of deactivation, designing methods for regeneration and ensuring quality 

control in catalyst manufacturing [85]. 

3.6.1    Field emission scanning electron microscope (FESEM) 

FESEM is a type of electron microscope that images the sample surface by scanning it 

with a high-energy electron beam (10 KV). The produced electron beam interacts 

with the atoms that make up the sample producing signals that contain information 

about the sample's surface topography composition. It has a large depth of field 

yielding, a characteristic of three-dimensional appearance useful for understanding the 

surface structure of a sample.  

Ultra High Resolution FESEM with excellent imaging properties has various 

applications such as material science, life science and semiconductor technology. It 

produces clearer, less electro-statically distorted images with spatial resolution which 

is better than the conventional SEM. The advantages of the FESEM technique are that 

it; has  a high efficiency ‘In-lens SE detector’ and good resolution down to 0.1 kV,  

requires minimal adjustments when changing operating voltage  low magnetic fields 

at the specimen level, enables examination of non-conducting specimens without time 

consuming preparation reducing penetration of low kinetic energy electron probes 

closer to the immediate material surface, and has  smaller-area contamination spots 

and can be examined at high quality with low voltage images with negligible 

electrical charging of samples. The field emission SEM (FESEM) increases the useful 

magnification range for observation and imaging up to 500,000X. Moreover, low-

voltage FE-SEM reduces damage of delicate samples, reduces sample charging for 

nonconducting materials and, enhances surface sensitivity [86].  

For the present study, the Zeiss Supra 55VP field emission scanning electron 

microscope (FESEM) compatible with Energy Dispersive X-ray (EDX) Spectroscopy 
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was used to study the catalyst surface morphology (commercial fresh and spent) 

including the size of the supported crystallites using ‘SMART SEM’ and ‘INCA’ as 

software for FESEM and EDX respectively. 

3.6.2    Thermo-analytical techniques 

Thermo-analytical techniques can be considered as transient response techniques; 

they describe the characteristic property of a solid sample which is related to the 

temperature in a process of programmed heating. The energy exchanges between the 

sample and its surroundings provide a means to detect and follow its physical or 

chemical transformations via a temperature function measured response. The thermo- 

gram reflects the nature of the system under study and the experimental conditions. It 

can be used as a tool for both quantitative and qualitative analysis for determining the 

effects of different factors on the sample reactivity [87].  

The method of temperature programmed techniques consists of heating the sample 

at a linear rate in a flowing stream of gas. The sample may be monitored during the 

heating using thermogravimetry, or by monitoring the exit gas stream using mass 

spectrometry. Mass spectrometry (MS) can detect very small concentrations, but it is 

not good for the compounds having  the same mass, they cannot be separated, and 

independently it cannot be determined which species is present [7].  

For the present study, the programmed thermo-analytical study was conducted by 

an SNG instrument- TPDRO 1100 series using TPDRO software. This equipment is 

constructed in such a way that it can be modified to accommodate the following 

techniques which include Temperature–programmed reduction/desorption and 

oxidation. The unit is connected to TCD detector. A brief discussion of these various 

techniques, their theory and application is given below. 

3.6.2.1    Temperature-programmed reduction (TPR) Principle 

The popular well known thermal analysis technique was proposed in 1975 by 

Delannay [88]. An oxidic catalyst precursor is submitted to a programmed 

temperature rise, while a reducing gas mixture is flowed over it (usually, hydrogen 
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diluted in some inert gas). The reduction rate is continuously measured by monitoring 

the composition of the reducing gas at the outlet of the reactor. 

The TPR analytical technique can be used to study the metal reduction state 

(metal surface activation) which has many applications as demonstrated by Kanervo 

[87]. These include; studying the reactivity of the metal, the reduction properties of 

materials, investigating the kinetics and reduction mechanism, it is also used as an 

indicator of alloy formation in bimetallic catalysts, the interactions between metal 

oxide and support, the temperature range of consumption; the total consumption of 

the reducing agent is also monitored by TPR. 

 

TPR method: 

The TPR analysis was carried out using the TPDRO-1100-MS instrument by SNG. 

The sample was pre-treated in N2 gas at 110 °C for 1hr to remove water prior to 

analysis. It was then cooled to room temperature under N2 atmosphere before being 

heated from room temperature to 800 °C with a heating rate of 10 K min-1 in a 

reducing gas stream made up of 5.1 v/v% H2 in N2 gas at a flow rate of 20 cm3 min-1.  

Two types of reforming Pt/Al2O3 catalyst samples (calcinning and non-calcinning 

samples) were analyzed by the TPR technique. The calcination was carried out in-situ 

(TGA) prior to reduction in the presence of air at 673 K for 3 h. The hydrogen 

consumption was monitored by a thermal conductivity detector (TCD). 

3.6.2.2    Temperature-programmed desorption (TPD) 

Temperature-Programmed Desorption (TPD) was developed in 1963 by Delannay 

[88] and was first extended to the study of supported metal catalysts by Amenomiya 

and Cvetanovic [89]. It was mentioned by [87] that TPD was effectively an extension 

to powder solids of the flash desorption technique developed by Redhead [90], for the 

study of the desorption of gases from heated metallic filaments in a high vacuum. 

TPD is one of the most widely analytical techniques used for characterizing the 

acid sites on oxide surfaces.  It can also be used to measure the catalyst surface acidity 

(quantity and strength of the acid sites) and characterization of adsorptive properties 
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of materials [76]. Apart from that, TPD can also be applied to study;  the kinetics and 

mechanisms of adsorption & desorption, the adsorbed molecules binding states, 

heterogeneity of surface energy, the temperature range of adsorbate release, the total 

desorbed amount, adsorption capacity, metal dispersion and surface area [87]. 

 

TPD method: 

TPD by pyridine measures the amount and strength of the acid sites of the catalysts. A 

0.22 g of the catalyst to be analyzed was first immersed in a closed vial containing 

pure pyridine (Merck, 99.9%) for 3 h. Then, the vial was open in a fume cupboard at 

room temperature conditions to allow excess pyridine to evaporate out. The sample 

was then loaded into a quartz micro tube reactor and supported over a quartz wool 

plug. A constant flow of nitrogen at 20 cm3 min-1 was set up to flow over the sample. 

During the  first (pre-treatment) step, desorption of weakly adsorbed pyridine and 

stabilization was performed by heating the sample at 150 °C for 1 h. The temperature 

of the oven was then raised to a final value of (1000 °C) with a heating rate of 10K 

min-1. The effluent from the reactor outlet was channeled to the thermal conductivity 

detector (TCD) to be analyzed. 

3.6.2.3    Thermo gravimetric Analysis (TGA) 

TGA is another important analytical technique mentioned by Wang [76], which can 

be used as differential scanning calorimetry (DSC) or used during the heating 

processes, to monitor the energy released or adsorbed via chemical reactions. In 

addition to this, differential thermal analysis (DTA), another usage of TGA can be 

used to record the temperature difference between the specimen and one or more 

reference planes.  

Thermo-gravimetric analysis (TGA) is a very convenient method for 

approximating the oxidation state of a component within a compound. It can used to 

reduce or oxidize a sample in a control environment and measure its weight change by 

microbalance techniques. TGA is also used as a standard tool for studying the reaction 

of solids with gases. The measurement of weight loss (or gain) is normally carried out 
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in air or in an inert atmosphere, such as Argon, Nitrogen, Helium, and then recorded 

as a function of temperature [85]. For the present study, TGA was used to study the 

kinetics of de-coking on the commercial and lab spent catalysts. The commercial 

catalysts were collected from a local catalytic reforming unit which had been coked 

under the pressure 6 kg cm-2, after six cycles in a reforming unit and being 

regenerated five times. The TGA analysis was carried out in nitrogen inert gas and air, 

and measures the sample weight loss.  

The current TGA method used here considers only the weight loss by coke 

burning at high temperatures, ignoring the removal of any volatile material 

constituents. The coke amount can be obtained by measuring the weight loss during 

coke burning in air. Figure 3-5: gives a flow chart of a typical TGA unit. 

 

Figure 3-5: Flow chart of thermo-gravimetric analysis [91]. 

 

TGA method for coke characterization: 

The spent commercial catalyst was finely ground to a mesh size of 0.4mm using a 

glass pestle and mortar. A sample weight of 95mg was placed in the pan of the Perkin 

Elmer Pyris 1 TGA unit. The coked sample was thermally pre-treated starting from 

323 to 473 (50 to 200 oC) under pure N2 gas with a flow rate of 20 ml min-1 to remove 

moisture and unbounded volatile material. After this, the pure N2 gas was replaced by 

air and heated to a preset maximum temperature of 1073 K (800 oC) but maintaining 

the same flow rate. The weight loss with time, at a fixed heating and flow rate was 

recorded to evaluate the kinetics of de-coking. 
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The de-coking process in the present study can be divided into three stages. Stage 

one from 473 to 673 K (200-400 oC), stage two from 673 to 873 K (400-600 oC) and 

stage three from 873 to 1073 K (600-800 oC). The weight percentages of coke that 

have been removed from the coked catalyst for each stage were measured in 

accordance to method used by Wang et al. [11] illustrated by the following equation: 

( ) %100*% Re

CokeTotal
Coke

wtCoke =  (3-4)

 

                                                                    

 

3.6.2.4    Temperature programmed oxidation (TPO) 

The coked catalysts were analyzed for coking properties using the SNG instrument- 

TPDRO 1100 series. The TPO method is one of the few methods accepted for this 

type of analysis and is based on the complete combustion of coke deposited on the 

Pt/Al2O3 catalyst. 

Temperature programmed oxidation, used for various purposes, is described by 

Kanervo [87]. These purposes can be summarized as: 

• Characterization of coke species in deactivated catalysts. 

• Total coke content in deactivated catalysts. 

• Mechanisms and kinetics of oxidation reactions. 

 The coke oxidation description, according to Hill [7], is that the coke reacts with the 

oxygen to form carbon dioxide and water as per the following equation: 

OH
x

COO
x

CHx 222 24
1 +=







 ++  
(3-5) 

Where, x is referred to as the H/C ratio.  

Based on Hill’s [7] assumption, coke on the metal is removed at a lower 

temperature, because it has a higher x value, while coke on the support, has a lower x 

value and is removed at a higher temperature. An example mentioned by Hill [7] is 

that, the oxidation temperature of coke deposited on the metal occurs between 430 to 

620 K (157 to 347 oC). 
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Whereas the oxidation peak for the coke deposited on the alumina support occurs 

between 620 to 820 K (347 to 547 oC). 

TPO method: 

The CO2 production was monitored by a thermal conductivity detector (TCD) in the 

TPO measurement. The pre-weight sample was charged to a glass quartz tube, which 

has a 1mm inner diameter to allow only a small fraction of gas to exit. 

TPO studies were carried out using two different methods. In the first method, the 

coked catalyst was burnt in two different stages. In this method of TPO, the sample 

was heated with 20 cm3 min-1 in N2 atmosphere followed by O2 (5.0 v/v % in N2) with 

3 different heating rates 10, 15 and 20 K min-1 For each of the 3 different heating 

rates, 6 different temperatures of 573, 673, 773, 873, 973 and 1073 K (300, 400, 500, 

600, 700 and 800 °C) were analyzed. For each of the temperatures referred to above, 

3 different dwell times of 30, 60 and 120 mins were measured at constant heating rate 

10 K min-1. 

 The kinetics of de-coking was studied here by the second phase TPO experiment; 

a new method developed to study the activation energy of the combustion reaction. A 

0.2 g of the industrial acquired coked reforming catalyst was charged to a quartz tube 

and pre-treated at 383 K (110 °C) in N2 gas in order to remove unbounded impurities 

and moisture from the sample [28, 76]. The sample was then burned in 5.0 % O2 in 

helium at a 20 cm3 min-1 flow-rate to a maximum temperature of 1123 K (850 °C) 

with a constant temperature ramp rate of 10 K min-1. Measurements of the sample 

weight loss were recorded at different observed temperatures. 

3.6.3    Fourier Transform infrared spectroscopy (FTIR) 

FTIR spectroscopy is an important and popular tool for structural elucidation and 

compound identification. It can be used for a wide range of sample types such as 

gases, liquids and solids to determine the chemical functional groups in the sample, 

such as OH, CO, organic and inorganic compounds.  

For the present study, the FTIR technique was used in the investigation of the 

structure of carbon deposits on supported metal catalysts. It was also used to analyze 
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the structures of adsorbed molecules on a catalyst surface (the soluble components) or 

the soft coke, which can be also be  determined using IR, UV-VIS and GC/MS [48, 

80]. This soft coke is determined under controlled atmosphere conditions by the 

SHIMADZU FTIR 8400S instrument.   

50 mg of coked catalyst sample was ground to powder form in an agate mortar 

and mixed well with KBr (potassium bromide) power. The product was pressed into a 

self-supporting disc at (9000psi).The prepared sample disc was then placed in the 

centre of the reaction chamber, fixed in between a folded tungsten grid. The spectra 

were recorded by the SHIMADZU FTIR 8400S spectrometer. The above procedure 

was repeated for other samples after desorption of soft coke in nitrogen inert gas (after 

TGA, first stage).   
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Chapter 4 

Results and Analysis 

4.1    Chapter overview 

For the present study, n- hexane reforming was carried out in a high pressure micro-

reactor using an industrial Pt\Al2O3 catalyst. This study can basically be divided into 2 

main sections namely, (a) the reforming process variable and modification of the 

catalyst support and (b) regeneration and kinetics of spent catalyst. 

 Under the reforming process variable, H2 partial pressure and temperature were 

investigated against the influence of contact time. Here, overall conversions and 

product species are analyzed. For the n-hexane reforming reaction a simple kinetics 

was developed. As for the product species, an Array for Design of Experiment by 

Taguchi method was put in place. Modification of the catalyst support was tailored 

towards catalyst acidity. For this study, two further areas of interest were investigated 

i.e. the enhancement of support acidity and the selective poisoning of active sites. For 

the former, the reaction was carried out by introducing a pre-determined amount of 

carbon tetrachloride (CCl4) blended into the feedstock while for the later, di-methyl 

disulfide (DMDS) was used in the place of CCl4. For the reforming conditions 

mentioned above, the area of research was centered on the conversion and product 

distribution. 

The 2nd part of this chapter, regeneration study of the spent industrial catalyst was 

done. In this part the detail analysis on factors required for the maximum recovery of 

catalytic activity was conducted. 
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4.2    Reforming process variables and modification of the catalyst support 

4.2.1    Process variables and product classification for n-hexane reforming 

The process variables chosen for this section are H2 partial pressures ranging between 

300 to 700 KPa (3-7 bars) and process temperatures varying between 623 to 723 K 

(350 to 450 oC). For this purpose, three H2 partial pressures namely 300, 500 and 700 

KPa (7, 5 and 3bars) and three process temperatures of 623, 673 and 723 K (350, 400 

and 450oC) were chosen.  

Products arising from reforming reactions can basically be divided into either 

reversible or irreversible reaction products for kinetic studies.  The product 

distribution was then divided into 4 groups namely cracked products, coke precursors, 

isomers and aromatics. The cracked products are classified under irreversible, while 

the others are reversible reaction products. The cracked products are all those 

reforming products which are saturated products ranging from C1 to C4 n-alkanes, 

while the coke precursors include C2 to C6 olefins, others like the isomers refer to 

iso-C5 & C6; the aromatics are basically benzene. A list of the various products 

described above is listed in Table 4-1. It should be noted that n-C6 is the feedstock for 

the above reforming reaction. 

Table 4-1: Grouping of Products from Reforming Reactions 

Reforming Product Group 

Cracked Coke precursors Isomers Aromatics 

Methane Ethylene Iso-butane Benzene 

Ethane Propylene Iso-pentane - 

n-Propane+ n-Butane Iso-propylene Iso-hexane - 

- others Cyclo hexane - 
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4.2.2    Effect of contact time against pressure and temperature on n-hexane 

conversion 

The reforming reaction was carried out as mentioned in chapter 3.3 over a 3½ hours 

time on stream. Sampling was done every ½ hour and analyzed with an on-line Gas 

chromatography. The conversion of pure n- hexane under the influence of contact 

time at different temperatures and pressures are shown by Figures 4-1 (A, B & C). 

Each sub graph, A, B and C in Figure 4-1 refers to the temperature fixed at 723, 673, 

and 623K respectively with varying H2 partial pressure and contact time. The 

experiment was conducted using 3 different H2 partial pressures of 300, 500 and 

700KPa, while 7 different contact time was include which include 1.02, 1.12, 1.42, 

1.78, 2.37, 3.56 and 7.11 minutes. For each of the experiment, the average results over 

3 ½   hours time on stream was reported. It should be noted that analyzed time for 

each sample is every ½ hour using an on-line GC. The contact time was calculated 

based on a variation of flow of n-hexane (F) per gram of catalyst weight (W). 

( )
( )gW

gF
TimeContact

1min −

=                                                              (4-1) 

Based on the results obtained in Figure 4-1, a simplified version was derived on 

the average conversion under the influence of pressure and temperature and is shown 

in Table 4-2. The average conversion here refers to the conversion obtained from 2.4 

to 7 minutes contact time.  Having calculated the average conversion, it is then used 

to interpret the influence of temperature and pressure. The maximum average % 

conversion from Table 4-2 is 79.32% observed at 723 K and 300 KPa. From the same 

table, it can be seen that by maintaining the reforming reaction at 723 K and 

increasing the H2 partial pressure from 300 KPa to 500 KPa results in a decrease on 

average conversion by 7.8%. A further increase by 200 KPa, results in a drop of 2.6% 

on the average n-hexane conversion. This indicates that lower H2 partial pressure 

results in an increase in n-hexane conversion. The opposite is seen in the case of 

temperature. For this case we maintain the H2 partial pressure at 300 KPa, and 

decrease the temperature by 50 K to 673 K, a marked decrease of 12.3% of n-hexane 

conversion is observed. Further decrease in temperature to 623 K decreases the n-

hexane conversion by 8.3%. 
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Table 4-2: The average conversion at contact time 2.4 to 7 min, pressures 300, 500 

and 700 KPa and temperatures 723,673 and 623 K. 

 

Temperature (K) 

Average conversions % 

300 (KPa) 500 (KPa) 700 (KPa) 

723 79.32 71.53 68.91 

673 67.02 62.18 61.71 

623 58.69 56.55 47.71 

 

The above observation for changes in temperature and H2 partial pressure is seen 

for all the other combinations. This indicates that changes in temperature are more 

significant than H2 partial pressure. 

From the above observations, the overall conversion increases by increasing the 

temperature and decreasing the H2 partial pressure. This can be one of the main 

reasons why reforming reactions demand a high reaction temperature and low 

pressure. It was reported by Taskar [4] that a high process temperature and a low 

pressure favor the thermodynamic equilibrium as well as the reaction rate in two most 

important reforming reactions, i.e.  dehydrogenation of naphthenes or cyclohexanes, 

and dehydrocyclization of paraffins. Moreover, higher increase in reaction 

temperature is not recommended because it can increase catalytic deactivation by 

increasing sintering. In some cases, the temperature might be raised in the case of 

declining catalyst activity or to compensate for lower quality feedstock.  
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Figure 4-1: n-hexane % conversion over the Pt/Al2O3 catalyst at 723 K [A], 673 K [B] 

and 623 K [C] using H2 pressures of 300, 500 and 700 KPa. 
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4.2.3    Effect of contact time against process variables on reformate species 

The influence of H2 partial pressure and temperature on reformate species yields were 

done by varying the contact time against temperature and pressure.  For this purpose, 

the process temperature was fixed at 723, 673 and 623 K while the H2 partial pressure 

was maintained at 300, 500 and 700 KPa for each of the temperature set points. The 

results obtained from these experiments are shown in Figures 4-2 and 4-3. Each figure 

is divided into 3 similar smaller graphs and is marked as A, B and C. Figure 4-2 

represents the reforming temperature condition set at 723 K while H2 partial pressure 

is varied between 300, 500 and 700 KPa.  

For each pressure mentioned above, the evolution of reformate species is 

represented by the smaller graphs A, B and C respectively. But in Figures 4-3 the 

pressure is set at 300 KPa while the temperature is varied between 623, 673 and 723 

K respectively. Temperature of 723 K and H2 partial pressure of 300 KPa was chosen 

as it gives the maximum conversion for the n-hexane reforming reaction studied. 

Based on this input an investigation into the effects of the reaction temperature and H2 

partial pressure on the reformate products was carried out. 

The reformate species mentioned above is basically divided into four different 

reformate species labeled as: cracked, coke precursors, isomers and aromatic 

reformate species (please refer to Table 4-1).  

4.2.3.1    The effects of contact time over H2 partial pressure 

From Figure 4-2 (reaction temperature fixed at 723 K), it can be noticed that apart 

from aromatic, the H2 partial pressure (between 300 to 700 KPa) does not have 

significant effect on the yield % of the other reformate products (isomers, coke-

precursors and cracked). Observation from the same figure indicates that isomers are 

less affected by the H2 partial pressure. Coke precursor selectivity on the other hand 

decreases slightly whereas for the cracked the reverse of the former is observed. In the 

case of aromatics, a lower H2 partial pressure enhances overall yield.  

From Figure 4-2, it can be noticed that contact time is more detrimental than H2 

partial pressure. From the same figure it can be noticed that the isomer reformates 



 

55 

 

yield has an initial increase from 1.0 to 2.4 mins, where it reaches the maximum yield 

of 29.2% at 300 KPa (Figure 4-2-A). After 2.4 minutes contact time the isomer 

reformate gradually decreases until 3.5 minutes. Thereafter until 7.1 minutes, no 

drastic change is observed. As for the cracked product a gradual increase in yield is 

observed with increase contact time which is more obvious at lower H2 partial 

pressure. This finding is in agreement with Anup et al [93]. and Aberuagba [92, 93] 

who claim that at high contact time, some of the isomers are converted to cracked 

product group as a result increases the cracked reformate selectivity.  

For the coke precursor a gradual increase was observed with increasing contact 

time, but the selectivity decreases with increasing H2 partial pressure. This can be 

attributed to the fact that increase H2 partial pressure subdues cracking activities as 

reported by Anup et al. [92] This is apparent since the coke precursors are unsaturated 

hydrocarbon. With an increase in H2 partial pressure these get converted to saturated 

hydrocarbon products contributing to the crack reformate yield. 

For aromatic selectivity significant drop was observed with increasing contact 

time at higher H2 partial pressure. At lower H2 partial pressure no significant change 

was observed. The same explanation as that used for coke precursor can be used for 

aromatics, where they tend to form cyclic hydrocarbon (saturated) on hydrogenation.  

From Figure 4-2-A the selectivity to coke precursors at 300 KPa reached 22.1% at 

the highest contact time (7.1 mins) while it was 10% lower at 1.0 min contact time. 

The isomerization reaction in Figure 4-2-A followed a different path; it reached the 

maximum 26.8% at 2.4 minutes, and then decreased to 18.8% at 7.0 minutes contact 

time. As for the aromatic yield it had the highest yield of 18% at 7.0 minutes and 

lowest of 9.0% at 1.0 minute contact time. The cracked product also flow a similar 

trend to that of the aromatic having the lowest conversion of 12% at 1.0 minute and 

doubles at 7.0 minute contact time.  

Similar trends and yields to that at 300 KPa (Figure 4-2-A) are observed for the 

isomer, cracked and coke precursor product group at 500 KPa H2 partial pressure 

(Figure 4-2-B). This was not the case for aromatic, where with increase contact time 

and H2 partial pressure, the yield decreased.  
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Figure 4-2:Yield % to reformate products as a function of contact time over the 

Pt/Al2O3 catalyst, at 723 K and pressures at A-300, B-500 & C-700 KPa. 
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In Figure 4-2-C, it can obviously be seen that, conducting the reforming reaction 

at the highest H2 partial pressure (700 KPa), increases sharply the cracked products 

with decrease in the coke precursors (decreases of catalyst deactivation rate). This is 

because H2 inhibits the dehydrogenation reactions by lowering the concentration of 

the coke precursors [32]. However, the lowest pressure (300 KPa) favors the coke 

precursor over the cracked product. This essentially leads to higher deactivation rate 

of the catalyst. From the above observation it can be summarized as, applying a lower 

H2 partial pressure and fixing contact time at 1.78 minutes has a positive effect on the 

reformate octane number.  

4.2.3.2    The effects of the reaction temperature and contact time 

Having studied the effect of H2 partial pressure on contact time, the second part of this 

study investigates the effects of the reaction temperature on contact time. In this case, 

we keep the H2 partial pressure at 300 KPa (as recommended from the previous 

section) and vary the reaction temperature from 623 to 723 K against the same range 

of contact time as discussed above. The results from this study are shown in Figure 4-

3. Similar to Figure 4-2, the results are shown in three segment labeled as A, B and C 

which represent the reaction temperature at 623, 673 and 723 K respectively.  

From Figure 4-3 it can be seen that the reformate products yield in general 

increased with reaction temperature. The most important aspect of this study is to 

maximize the aromatics and isomers (desired) and minimize the cracked and coke 

precursors (undesired) product group. From Figure 4-3 it can be seen that lowering 

the reaction temperature decreased the cracked products as well as the formation of 

unsaturated hydrocarbons (coke precursors) which are the undesired reactions. These 

types of products are the main causes of catalyst deactivation. By accumulation of 

these products on the catalyst surface, it can block the catalyst pores. Furthermore, 

these compounds demand high reaction temperatures to be polymerized on the 

catalyst acid sites. Coke is more aromatic and stable at high reaction temperatures 

than at low reaction temperatures as reported by Wang and Manos [11].   

On the other hand increasing reaction temperature also improves the yields of the 

desired products i.e. the isomers and aromatics. If the catalytic reaction is conducted 
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at a very high temperature, thermal degradation of the catalyst may occur in the form 

of active phase crystallite growth or sintering building up on the support or carrier 

pore structure which in the long run will result in structural collapse [34]. This may 

result in drastic measures to be taken for reforming catalytic process.  In view of that, 

a temperature must be chosen to increase the desired over the undesired product group 

while maintaining the catalyst integrity. It was reported by Huayun [94]that, 

decreasing the reaction temperature, decreases the aromatics yield while increasing 

the reaction temperature caused an increment of coke precursors which lead to an 

increase in the deactivation rates. This coke precursors causes a rise in coke formation 

which is expected to increase with  increasing the temperature [35, 36]. Liu [3], 

demonstrated that, increasing the reaction temperature thermodynamically shifts the 

equilibrium of the main reaction in the desired direction. Taskar [4], also indicated 

that by increasing reaction temperature acceleration of side reactions and coking rate 

increased. 

From Figure 4-3 it can be seen that contact time has a greater influence than 

reaction temperature when desired product are required. From the same figure, it can 

be noticed that a contact time of 1.78-2.4 minutes is desirable to produce higher yields 

of isomer and aromatics yields at the expense of cracked and coke precursor product. 

Increasing the temperature by 50 K (623 to 673) results in an increase of 1.0 % 

isomer, 4.0% aromatics, 2% coke precursor and 0.5% cracked product yield. Further 

increase by 50 K (673 to 723 K) a drastic decrease of 6.0% cracked product and 2 to 

3.0 % of all the other individual reformate product yield was observed. This is in 

agreement with the findings of Anup et al. [93] and  Aberuagba [92, 93] they reported 

that, higher cracking activity is observed over Pt/Al2O3 at a higher reaction 

temperature.  

From the above observation it can be seen that the optimum contact time for n-

hexane reforming is1.78-2.4 minutes. By increasing contact time from 2.4 to 7.0 

minutes, reformate products yield was observed to be more stabilize, causing an 

average increase of 4.5 to 5% for cracked and coke precursor product group 

respectively. While for the isomer product an average drop of 11% and a small 

increase of < 1.7% for aromatics were observed. The above observation is based on an 

average taken across the board over the 3 temperature readings. This indicates that 
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increasing contact time increases undesirable products over the desirable in n-hexane 

reforming. 

 

 

Figure 4-3:  Effect of reaction temperature on H2 partial pressure of 300 KPa, as 

function of contact time on n-hexane reforming over a Pt/Al2O3 catalyst. [Reaction 

temperature A=623; B=673 and C = 723 K]. 
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4.3    Design Expert software (version 6.0.6) using a Taguchi orthogonal array 

design 

The classical method (full factorial design) used in statistical design of experiments 

requires a large number of experiments to be carried out to determine the most to the 

least importance of any one process variable analyzed.  The number of experiment to 

be carried out (N) can be given by the equation N=Lm, where L is the number of 

levels for each factor and m is the number of factors or variables used. In this study 

the effect of three parameters (H2 partial pressure, reaction temperature and contact 

time) are to be analyzed. In view of that 27 (33) different combinations of parameters 

are possible. It is therefore very difficult to identify and quantify the contribution of 

individual parameters as indicated by Adewuyi et al. [95]. Hence, there was an 

absolute need for a design of experiments strategy that can reduce the number of 

experiments as well as identify the contribution of each factor. To simplify and solve 

this problem a Design -Expert software (version 6.0.6) using a Taguchi orthogonal 

array design was used to identify the optimal reforming conditions which favors 

aromatics and isomers over cracked and coke precursor reformate products.  For this 

purpose 3 factors and 3 levels were chosen and are shown in Table 4-3. The 

placement of factors number in Table 4-3 is based on; 1 for the highest n-hexane 

conversion and 3 for the lowest for each factor (temperature, pressure and contact 

time). 

Table 4-3: Reforming conditions and levels used in this experiment 

Factor level 

1 2 3 

A:A Temperature (K) 723 673 623 

B:B Pressure (KPa) 700 500 300 

C:C Contact time (Min) 7.11 1.78 1.02 
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4.3.1    Optimization of percentage conversion of n-hexane reforming using 

Taguchi OAD method 

For Taguchi orthogonal array design simulation, three factors were chosen which 

include reaction temperature, H2 partial pressure and contact time. For each factor 

three levels a standard L9 orthogonal array employed by Cetinkaya et al. [96] was 

used. This is shown in Table 4-4. Each row of the matrix in Table 4-4 represents the 

average conversion at specified conditions. The statistical analysis of the results was 

carried out using analysis of variance (ANOVA), and the results are shown in Table 

4-5. From the same table it is obvious that the model F- value for temperature which 

is 83.13% (average value) implies this model is significant and there is only 2.1 %  

chance that a “model F-value” this large could occur from noise effect. Apart from 

reaction temperature, contact time and H2 partial pressure are also significant model 

terms since “Prob>F” is less than 0.05% for all 3 process variable. 

Table 4-4: L9 Array for Design of Experiment by Taguchi Method 

Run Experimental Conditions Hexane 

conversion% 

1 2 3 1 67.085 

2 1 1 1 66.934 

3 2 2 3 43.520 

4 3 2 1 59.985 

5 3 3 2 54.631 

6 3 1 3 32.917 

7 1 2 2 65.787 

8 1 3 3 55.517 

9 2 1 2 54.230 
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The purpose of the analysis of variance (ANOVA) shown in Figure 4-4 is to 

investigate the factors which significantly affect the response factor. The significant 

factor from ANOVA analysis, grades the contribution on a percentage basis for the 

process variables used in this study which include temperature, H2 partial pressure 

and contact time. 

From ANOVA Table 4-5 and Figure 4-4 it can be seen that, the significant factors 

affecting the n-hexane conversion are contact time, which has a major contribution of 

64.2%, followed by reaction temperature (26.58%) and a minor contribution 8.82% 

for H2 partial pressure. In order to optimize n-hexane conversion, the effects of 

significant factors level are described by Figures 4-5. 

Table 4-5: The ANOVA table of n- hexane conversion 

Factors DOF Sum Sqrs F Value Prob>F Contribution% 

Temperature 2 278.228 66.556 0.0148 26.582 

H2 Pressure 2 92.279 22.074 0.0433 8.816 

Contact time 2 671.978 160.747 0.0062 64.202 

Error 2 4.180 - - 0.399 

Total 8 1046.666 - - 100 

 

 

Figure 4-4: Percentage contribution of individual factors on variation in n-hexane 

conversion. 
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From Figure 4-5, it can be seen that, the highest conversion observed at level 1  

 for reaction temperature (A: A) which is at 723 K and reduces with decreasing 

temperature. The effects of contact time (C: C) for n-hexane conversion followed a 

similar path to that of the reaction temperature where conversion increases with 

increase in contact time, or in other words maximum n-hexane conversion is observed 

at level 1 which is at 7.1 minutes. As for hydrogen partial pressure (B: B), the 

conversion follows a reverse pattern to that of reaction temperature and contact time. 

Level 3 or 300 KPa is observed to have the maximum n-hexane conversion which 

decreases with increase in H2 partial pressure. In conclusion the optimum operating 

conditions that enhance the n-hexane conversion are operating the process at reaction 

temperature 723 K at contact time 7.1 min with a H2 partial pressure 300 KPa. 

Figure 4-5: Effect of reaction temperature (A: A), contact time (C: C) and hydrogen 

pressure (B: B) on hexane conversion. 
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Having said so, the next step is to maximize the desirable (aromatics and isomers) and 

minimizing the undesirable (cracked and coke precursors) reformate product. It 

should be noted that desirable products improve octane number, while the undesirable 

decreases it. 

4.3.2    Optimization of aromatics reformate % yield using Taguchi OAD method 

The next attempt in the Taguchi orthogonal array design is to find the optimum level 

for aromatic yield. For this purpose similar methods as described above was used and 

the results are shown in Figure 4-6. From Figure 4-6 be can be seen that hydrogen 

pressure (51.9 %) is the major contributor followed by contact time (32.7 %) for the 

production of aromatic. The reaction temperature (<1 %) has no significant effects on 

the aromatics production. 

 

Figure 4-6: Percentage contribution of individual factors for aromatics yield. 

The next step is to find the optimum level for each of the factors to maximize 

aromatic production. For this study the H2 partial pressure and contact time are taken 

into consideration since reaction temperature proved to have insignificant role. The 

variation for each of these significant factors was plotted and is shown in Figures 4.7.  

From the Figure 4.7, it is shown that, the H2 partial pressure (B:B) in level 3 (300 

KPa) has the highest yield selectivity for aromatics. George et al. [8], reported that, 

lower hydrogen partial pressure favors dehydrogenation of naphthenes and 

dehydrocyclization of paraffin. But low H2 pressure reduces the activity of the 
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catalyst. Therefore the choice of hydrogen pressure for a reformer is an important 

matter of balancing product yields against deactivation rates as recommended by [3, 

24, 41]. As for contact time (C:C) level 1 (7.1 min) is most favorable for highest 

selectivity for aromatic production. 

Although the reaction temperature (A:A) has insignificant effect in our present 

situation, but Huayun [94], indicated that higher reaction temperature induces higher 

production of aromatics which increases octane rating however Agbajelola [24], warn 

that this will reduces catalyst life. In view of that an optimum temperature condition 

should be taken into consideration for the final Taguchi analysis.   

 

Figure 4-7: Effect of H2 pressure (B: B) and contact time (C: C) level for aromatic 

yields. 

4.3.3    Optimization of isomers reformate % yield using Taguchi OAD method 

The Taguchi OAD method for optimization of isomer reformate yield is calculated 

and presented in Figure 4-8.  From the same figure it can be observed the contribution 

from all three process variable factor is more or less quite similar unlike the earlier 

studies. Contribution factors for contact time, reaction temperature and H2 partial 

pressure are 35.7, 25.3 and 18.7 % respectively.  
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Figure 4-8: Percentage contribution of individual factors on isomers yield. 

 
Figure 4-9: Effect of reaction temperature (A: A), contact time (C: C), and H2 partial 

pressure (B:B) level on isomers yield. 
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Plots of the influence of variation of process variable for all three are highlighted in 

Figure 4-9. From the plot on reaction temperature (A:A), isomers yield is found to 

maximize at level 1 (723 K), in other words it increases with increasing reaction 

temperature. Contact time on the other hand maximizes at level 2 (1.78 min) for 

isomer reformate production. It was reported by. Anup et al. [92] that increasing the 

residence time of the reactant on the catalyst leads to an enhanced yield of the skeletal 

isomers, but a much longer residence time results in cracking/polymerization of these 

products. The effect of H2 pressure in isomers yield is less significant as compared 

with reaction temperature and contact time, but it favors lower H2 partial pressure. 

 Base on the present study, the optimum process conditions for isomers 

production is operating at a reaction temperature of 723 K with 1.78 min contact time 

and using H2 partial pressure of 300-500 KPa. 

4.3.4    Minimizing of cracked reformate % yield using Taguchi OAD method 

In the earlier case maximizing of aromatic and isomer reformate was the main 

priority. For the present case minimizing of the cracked reformate is the main priority. 

In view of that Taguchi OAD was applied to the cracked product reformate main 

process variable contributor and it is presented in Figure 4-10. Based on this figure it 

can be seen that the contact time is the main contributor where its contribution stands 

at 73.9 %, followed by reaction temperature at 15.0 % and H2 partial pressure at 8.4%. 

In order to improve the octane number, the cracked reformates yield need to be 

reduced. Since contact time and reaction temperature are the main contributor for this 

process variable, it has to be minimized. In order to have a better understanding on the 

effect of contact time and temperature a plot on its effect of level of variation is 

conducted and is presented in Figure 4-11.  

From Figure 4-11, it can be seen that cracked product reformates has the lowest yield 

at 1.02 min (Level 3 for contact time). Here it can be seen that with decreasing contact 

time, yield % of cracked reformate products decreases. 
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Figure 4-10: The percentage contribution of individual factors on ‘cracked’ yield. 

This is in agreement with the findings of Aberuagba [93]. The same trend was 

observed for reaction temperature i.e a lower yield was obtained at lower temperature. 

H2 partial pressure does not impose much significant effects of on cracked reformate 

product yield, but, it was observed that the higher H2 partial pressure favors these 

types of undesired products. Based on this information the process should be operated 

on a lower contact time (1.02 mins) and reaction temperature (623 K) and probably 

lower H2 partial pressure (300 KPa) to minimize cracked reformate product yield. 

 

Figure 4-11: The effect of contact time (C:C) and reaction temperature (A:A) level on 
‘cracked’ yield. 
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4.3.5    Minimizing coke precursors reformate % yield using Taguchi OAD method 

The same procedure as the other reformate products mentioned above was carried out 

for the coke precursors. The result is presented in Figures 4-12 and 4-13. Figure 4-12 

shows that the major contributor is contact time (68.75 %) followed by reaction 

temperature (20.7 %) and the minor, H2 partial pressure (7 %).  

 

Figure 4-12: The percentage contribution of individual factors on variation in coke 

precursor’s yield. 

 

Figure 4-13:  Effects of contact time (C: C) and reaction temperature (A: A) level on 
coke precursor’s yield. 
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Since here too, H2 partial pressure has little effect on the overall process, it will be 

of low priority, and the concentration will be taken for both the contact time and 

reaction temperature which is presented in Figure 4-13. 

From Figure 4-13, it can be seen that the yield % decreases with increasing 

contact time. The same is also true for temperature. As mentioned by Aristidis et al. 

[36], the higher the reaction temperature, higher the desorption rate of coke precursor. 

George et al. [8], also reported that by increasing the temperature, yield of unsaturated 

products, which are coke precursors also increases.  

Although the effect of H2 pressure is not really a significant factor in this study 

but others like Liu et al. [32], reported that hydrogen inhibits the dehydrogenation 

reaction by lowering the concentration of the coke precursors; accordingly, it 

decreases the deactivation by coking. In order to minimize these coke precursors 

reformate, the process should be operated at lower contact time (1.02 mins) and 

reaction temperature (623 K).  

From the above results it can be concluded that for n-hexane reforming, the main 

process condition to improve yield is reaction temperature, operated at 723 K. To 

improve product selectivity towards aromatics, H2 partial pressure is most critical 

parameter and the optimum level is operating the reaction at 300 KPa. For the desired 

isomers reformate contact time is most critical and to obtain maximum yield the 

operation at 1.78-2.4 mins is recommended. For the undesirable product (cracked and 

coke precursor), the main process variable is contact time. To produce the least 

selectivity, 1.7 min contact time is recommended for both.  

Based on the summary given above, the optimum condition for n-hexane 

reforming tailored to the desired product is to operate at reaction temperature of 723 

K, 1.7 minutes contact time and 300 KPa H2 partial pressure. 

4.4    Kinetics study of n-hexane reforming 

The study of n-hexane reforming kinetics here is done in order to have a clearer 

understanding on the reaction mechanism and investigate the activation energies for 

reversible and irreversible reactions. The classification for the reformate species is 
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based on the reaction mechanism, while that from the activation energy, a clearer 

picture on this reaction can be identified. For the n-hexane kinetics we can basically 

divide reformate reaction into 2 parts, namely reversible and irreversible. 

The reforming reactions termed as reversible will include isomerization, and 

aromatization, while hydrocracking will belong to the irreversible reaction. The 

reversible reactions are the most rapid reactions in the reforming process, till it finally 

reaches the thermodynamics equilibrium. 

4.4.1    Reversible reactions  

Cyclization and dehydrocyclization of n-hexane to aromatics and isomers can be 

considered as reversible reactions. For this kinetics model (reversible) first order will 

be assumed and will follow the model introduced by Levenspiel [97], where the n-

hexane conversion termed as uncompleted will be applied here. The concentration of 

the reversible reaction can be graphically calculated based on equations 4-2 through 

4-10. 
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From the slope (equation 4-10), the activation energy can be calculated using 

Arrhenius equation given below  

ekk RT
E

o

−
=  (4-10) 

Figure 4-14 represent a plot of - ln (1-XA/XAe) against t (min) for the reversible 

reaction where XAe is equilibrium conversion of n-hexane. The reforming reaction 

conducted at 3 different temperatures (623, 673 and 723 K) at fixed H2 partial 

pressure of 300 KPa. The forward (k1), back (k2) and equilibrium (Kc) reaction rate 

constants have been accounted for, according to the equations mentioned above. The 

activation energy has been accounted according to EQ (4-10) (Arrhenius equation), 

from the results showed, the highest reaction rate constant was observed at the highest 

reaction temperature (Table 4-6). This is well documented by Taskar [4], who claimed 

that increasing the reaction rate at a high reaction temperature, will favor 

isomerization (cyclization) and aromatization (dehydrocyclization). The activation 

energy for reversible reactions only requires 16.39 kJ/mol. This was determined by 

plotting of ln (k) vs 1/T (Figure 4-15).  
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Figure 4-14:  A plotting of - ln (1-XA/XAe) versus t (min) for n-hexane kinetics at 300 

KPa and varied temperatures over a Pt/Al2O3 catalyst. 

Table 4-6: Reaction rate constants: k1, k2 and Kc at varied temperatures for n-hexane 

reforming 

Reaction 

temperature (K) 

Forward reaction rate 

constant k1 (min-1) 

Back reaction rate 

constant k2 (min-1) 

Equilibrium rate 

constant (Kc) 

723 0.868 0.421 2.060 

673 0.613 0.332 1.844 

623 0.554 0.417 1.327 

 

 

Figure 4-15: A plot of ln (k) versus 1/T. 
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4.4.2    Irreversible reactions  

In catalytic n-hexane reforming, the exothermic reactions such as, cracking of paraffin 

to small molecular weight products is considered as irreversible reaction. The 

irreversible reaction is simply a special case of a reversible reaction in which CAe =0 

or XAe =1or KC = ∞.[97].  

For a first order kinetics model for an irreversible unimolecular type: 

A                      Products (4-11) 

The first order rate equation is 

A
A

A kC
dt

dC
r ==−  (4-12) 

The separation and integration of equation (4-12) gives 
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The rate of reaction in terms of conversion is 

( )A
A Xk

dt
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−= 1  (4-14) 

The rearranging and integrating gives 

( ) ktX A =−− 1ln  (4-15) 

A plot of –ln (1-XA) vs. t, gives a straight line and the slope =k (rate constant). 

Irreversible reactions are kinetically controlled. This includes reactions such as 

cracking of paraffins to their smallest molecule components (methane, ethane…etc). 

A plot of ln (1-XA) vs t (min) gives the linear graph (Figure 4-16). The slope of this 

line is the rate constants according to the equations given above (EQ 4-15). In table 4-

7, the highest rate constant was observed at the highest reaction temperature. This is 

why increasing the reaction temperature favors the formation of cracking 

(irreversible) products. 
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Figure 4-16:  A plot of - ln (1-XA) versus t (min) for irreversible n-hexane kinetics at 

700 KPa at varied temperatures over a Pt/Al2O3 catalyst. 

Table 4-7: Rate constants (k) at 700 KPa at varied temperatures for n-hexane 

irreversible reforming reaction  

Reaction temperature (K) Rate constant k (min-1) 

723 0.589 

673 0.479 

623 0.415 

 

.  

Figure 4-17: A plot of ln (k) versus 1/T (K) for n-hexane irreversible reforming 
reactions. 
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From Figure 4-17, the activation energy for this reaction was calculated to be 13.4 kJ 

mol-1.  In the study of n-hexane aromatization over Pt/Al2O3 by Aberuagba [24] the 

activation energy was reported to be 19.5 Kcal mol-1. In this study the lower 

activation energy recorded could be due to mass transfer or diffusion controlling this 

reaction. 

4.5    Effects of adding CCl4 as an acid booster for n-hexane reforming reactions 

To recap, a Pt/Al2O3 catalyst is bi-functional in nature; the role of Pt is to catalyze the 

dehydrogenation reaction, whereas the role of the support is to provide the acid sites 

which are responsible for the isomerization reactions. These acid sites are generated 

by addition of chlorine to the alumina support. Chlorided alumina acts as an acid and 

catalyzes carbon skeletal rearrangement through carbonium ion mechanisms. Proper 

acid activity is generally maintained by injecting trace amounts of a chloride 

compound with the feed based on the works by Nora et al. [30]. 

4.5.1    Effect of adding CCl4 on n-hexane conversion  

Introduction of carbon tetra chloride to pure n-hexane feed is to increase the acidity of 

the catalyst. The acidity of the catalyst should be tailored to favor higher 

isomerization reactions, as well as aromatics yields. In the present work, we 

investigate the effects of adding carbon tetrachloride (CCl4) to the n-hexane feed 

using various concentrations of CCl4 (1, 3 and 5 vol/vol %). A control without CCl4 is 

also incorporated into the study for comparison purpose.  Results from experimental 

and Taguchi OAD analysis explained earlier showed that contact time is the most 

critical parameter, while reaction temperature and H2 partial pressure were less 

significant. In view of that the reaction temperature and H2 partial pressure was fixed 

at 723 K and 300 KPa respectively, while the contact time was varied for the present 

investigation into the effect of CCl4 acidity on n-hexane reforming reaction. The 

experiment for this study was carried out according to that explained in chapter 3 

section 3.3. 
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For this study, four runs consisting of three concentrations addition of CCl4 of 1, 3 

& 5 vol/vol% in pure n-hexane and another without CCl4 (represented as ‘W’) were 

compared and are presented in Figure 4-18. From the same figure it can be seen that 

for all the four runs, the conversions increase till they reach the maximum and then 

stabilized with increasing contact time. It was observed that, there is a slight increase 

of the average overall conversion by addition of CCl4 to the n-hexane feed. The 

average conversion refers to the average n-hexane conversion taken from contact time 

between 1.78 to 7.11 minutes. The calculated result from Figure 4-18 for the average 

n-hexane % conversion for 0, 1, 3 and 5% are 78.6, 84.9, 92.8 and 95.5 respectively. 

This indicates that by the addition of the first 1% CCl4 gives an improvement of 6.3% 

above that of the control (pure n-hexane ‘W’). Further addition of CCl4 thereafter (1 

to 5 %) gives an additional increase of 10.6 % conversion. 

 

Figure 4-18: n-hexane conversion % over the Pt/Al2O3 catalyst, at 723 K and H2 

pressure at 300 KPa for1 %, 3 %, 5 % CCl4 and pure hexane (W-CCl4). 

From the above observation it can be seen that the highest conversion of n-hexane 

was obtained from the addition of 5 % CCl4, but 0 to 1% addition of CCl4 gives more 

value to the n-hexane conversion (6.3 %). This is because when going from 1 to 5% 

gives a moderate rise of 2.65 % per 1% CCl4 addition.  Further as discussed earlier in 

this study, increasing the concentration of chloride causes a rise in the catalyst acidity. 

The higher acidity favors higher n-hexane conversion, but it should be noted that 

increase in acidity increases catalytic activity, resulting in more cracking reaction 

favoring gaseous products at the expense of liquid products. The later product is more 

meaningful for the reforming process.  
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4.5.2    Effects of addition of CCl4 on selectivity of reformate species 

Since the main objective of n-hexane reforming process is to maximize isomers and 

aromatic product species, another set of experiment was carried out for this purpose. 

The reformate product species grouping are here similar to those explained in the 

previous sub-section. Further based on the n-hexane conversion results from the 

previous section, it can be noticed that the results obtained follows a similar trend 

with or without CCl4 addition. Based on the Taguchi OAD analysis done in section 

4.3, the process variable for this series of experiment was preset as; contact time, 1.78 

minutes reaction temperature, 723 K and H2 partial pressure, 300 KPa. This was done 

to ascertain the significant role in n-hexane reforming and at the same time improve 

catalytic stability so that the selectivity is directed to the desired reformate yield at the 

expense of the undesirable ones. 

For this study the n-hexane reforming reaction, the process variable was fixed as 

explained above, and its affect of addition of CCl4 from 0, 1, 3 and 5 vol/vol% in pure 

n-hexane was investigated. The result from these calculations is presented in Table 4-

8. Under the total conversion column, the value in bracket indicate the selectivity 

normalized towards desired (isomer and aromatic) products. 

Table 4-8: The effect of CCl4 doping on yield selectivity of reformate species during 

n-hexane reforming over industrial Pt/Al2O3 catalyst  

CCl4 

Doping 

(%) 

% Yield of Reformate species 

Cracked Coke 

precursor 

Isomers aromatics Tot. Conv 

0 19.87 15.88 29.18 15.01 79.9( 55.3) 

1 22.87 19.88 30.92 18.01 91.7( 53.4) 

3 25.19 15.66 30.19 21.01 92.1(55.6) 

5 26.10 19.03 30.73 19.74 95.6(52.8) 
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From Table 4-8 it can be seen that the total n-hexane conversion over the Pt/Al2O3 

catalyst increased with increase in CCl4 doping. This is expected because addition of 

CCl4 increases the number of acid site on the catalyst as a result more products are 

formed. 

It is interesting to know that with the addition of CCl4, the isomer reformates yield 

are practically unaffected. As for the aromatics reformate species they increase 

steadily by multiple of 3% from 0 to 3%, CCl4 addition, but going from 3 to 5% a 

small drop of 1.3% (compared to that at 3%) was noticed.  

The cracked reformate species increases steadily with increase in CCl4 addition. 

This is also anticipated since increase in acid sites increases cracking activities as 

reported by Raj et al. [61] .Coke precursor follows a different route entirely. An 

oscillation type curve is observed. When going from 0 to 1% CCl4 addition, an 

increase of about 4% yield is observed. Further addition to 3% the yield drops by 

4.2% close to 0% addition. At 5% CCl4 addition, coke precursor yield increases by 

about 3.6%. This indicates that CCl4 addition induces dehydrocyclization reactions 

which are favorable to aromatic formation. Since dehydrocyclization dehydrogenation 

(formation of coke precursor) reactions produces excess hydrogen, a balance must be 

struck to stabilize the system. Some of these excess hydrogen is taken up by the 

cracked saturated reformate (reason for the increase the cracked reformate products). 

The rate of intake of H2 by the cracked saturated reformate species is not fast enough 

to consume all the hydrogen produced resulting in an unbalance system generated by 

increasing CCl4 addition. We believe this is one of the main reasons for the sudden 

drop of coke precursor at 3% addition of CCl4, while an increase yield of aromatic is 

observed at the same addition. At this stage dehydrocyclization competes with 

dehydrogenation, while the former is more predominant than the latter.   

Further addition of CCl4 to 5%, creates even more acid sites. This induces further 

competing reaction between the dehydrogenation and dehydrocyclization reactions, as 

a result  a major increase in cracked reformate species over the aromatic reformate. 

This indicates that at 3% CCl4 addition dehydrocyclization reaction will dominates 

while at 5% CCl4 addition dehydrogenation (coke precursors) dominates. It is well 

documented by Anand et al. [21] that, the injection of CCl4 at a high reaction 

temperature causes 2–3% of CCl4 to be converted into coke and deposited on the 
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catalyst surface. As for the desired product (within bracket in’Tot Conv’ column), 

addition of CCl4 does not improve their yield significantly. The main function for 

CCl4 addition is to improve catalytic stability, or in other words it can be used to 

repair or replace damaged acid sites. 

4.6    Effects of dimethyl disulfide (DMDS) on n-hexane reforming 

Borgna et al. [9], in their study, showed that sulfur compounds poison the catalyst 

surface, resulting in deactivation of the catalyst. Others [19, 55] proved that sulfur is 

not totally unwanted, because a low concentration of sulfur in the feed or during the 

start-up of units can suppress excessive hydrogenolysis at the beginning of the run 

and improve the catalyst stability.  

4.6.1    Effects of DMDS on the yield selectivity of reformate product species 

Dimethyl disulphide (DMDS) was used for selectively poisoning the catalyst active 

site to reduce the catalyst activity so that more preferred liquid product are produced 

rather than gaseous products. For the purpose of this study, the process variable 

selected based on the results obtained earlier using the Taguchi analysis for optimum 

n-hexane reforming process. These recommendations include maintaining the reaction 

temperature at 723 K, H2 partial pressure at 300 KPa and contact time of 1.78 

minutes. The results from this analysis are presented in Table 4-9. Under the total 

conversion column, the value in bracket indicate the selectivity normalized towards 

desired (isomer and aromatic) products. 

From the Table 4-9, it can be seen that addition of DMDS, in general both coke 

precursor and isomer selectivity increase, while that of cracked and aromatic 

reformates decreased. The total conversion initially decreased on addition of 10 ppm 

after which they start increasing on further addition until they reach the highest 

conversion of 82.3 % (2.4% above 0 addition) at 200 ppm of DMDS addition. This 

indicates that although the DMDS selectively poison the active acid sites, it 

selectively increased isomers and coke precursor reformates. 
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Table 4-9: The effect of DMDS doping on yield selectivity of reformate species 

during n-hexane reforming over industrial Pt/Al2O3 catalyst  

DMDS 

Doping 

(ppm) 

% Yield of Reformate species 

Cracked Coke 

precursor 

Isomers Aromatics Tot. Conv 

0 19.87 15.88 29.18 15.01 79.9( 55.3) 

10 11.96 19.02 29.15 11.06 71.2(56.2) 

100 7.16 23.80 33.19 9.87 74.0 (58.2) 

200 5.70 30.99 36.64 9.00 82.3(55.4) 

 

In the case of coke precursor, increased yield was observed with increased 

addition of DMDS. In other words more unsaturated coke precursor is desorbed due 

to imbalance and limited free hydrogen. This effect is shown by the decrease of both 

the cracked and aromatic yield. This decrement of cracked products may be a result of 

poisoning of the catalyst acid sites rendering limited space on the catalyst to undergo 

cracking reaction. As for the aromatics, dehydrocyclization reactions are hindered as a 

result from competing reformate for active sites (Pt) as suggested by Garry et al. [19, 

55].  

On introducing 10 ppm DMDS, the total conversion decreases by about 8.7 %, but 

the selectivity towards desired product increased by about 1 % only. The cracked and 

aromatic yield decreases by about 8 and 4 % respectively. The coke precursor 

reformates on the other hand increases by 3 %. A similar trend was noticed with 

increased in DMDS doping, but the cracked and aromatic reformate products yield % 

decreased by reduced amount with increase of DMDS doping. The coke precursor on 

the other hand increases at a faster rate with similar increase of DMDS doping. 

George et al. [8] and Pieck et al. [8, 56], reported that small amount of S increased the 

amount of dehydrogenated compounds (coke precursors) by desorbing them from the 

catalyst. This partial sulfur poisoning of the Pt/Al2O3 reduces the hydrogenation 
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/dehydrogenations activity and at the same time it decreases mono-functional metal-

catalyzed reactions (hydrogenation /dehydrogenation activity).  

As for the isomer reformates, they are unaffected at lower (10 ppm) doping of 

DMDS, but  starts to increase above 100 ppm doping of DMDS. An interesting point 

to note is that the selectivity towards desired reformates has the optimum level at  

100 ppm DMDS doping. Pieck et al. [56], suggested that there is a concomitant 

increase in the activity for acid-control for the isomerization reactions (skeletal 

rearrangement reactions) due to the partial sulfur poisoning of the Pt/Al2O3. Borgna et 

al. [9], also supports the above statement, that sulfur increases the activity for acid-

controlled isomerization reactions. 

From the above observation it can be concluded that 100 ppm of DMDS doping is 

the optimum level for n-hexane reforming reaction. The conversion although is much 

lower than at 200 and 0 ppm, gives the highest selectivity towards the desired 

reformate products. 

4.7     Kinetics and regeneration of industrial spent reforming catalyst 

It is a well documented fact that the major cause of catalyst deactivation in naphtha 

reforming is due to coking [11]. In order to embark on the regeneration studies, an 

understanding on the kinetics of carbon deposition at a macro level should be 

available. Deactivation of naphtha reforming start from the role of coking in catalyst 

degradation and extend further to the influence of conversion and in certain cases 

product selectivity. Rate of carbon deposition and its mechanism varies from one 

process to another a result it influences the nature and morphology of carbon deposits, 

their quantity and distribution between metal clusters and the support as reported by 

Pieck et al. [67]. Coke can either be present as chemisorbed (strong bonded as 

monolayer) or physorbed (weakly bonded in multilayers).  These absorbed molecules 

can totally cover the metal active site resulting in partial or total isolation of reactant 

from the active sites hastening the deactivation of the catalyst particles. Build-up of 

this deactivator in the pores of the catalyst will exert stress and finally fracture the 

support material.  
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In catalyst with wider pore structures, which are partially filled will limit access of 

the reactant to the active sites. If the average pore diameter shifts towards lower 

values after coking, location of coke either on the metal or the support and the nature 

of coke (hard or soft) become more critical for catalyst stability rather than coke 

content [31, 59, 66]. Increase in the average pore diameter may be an indication of 

structural damage. 

For regeneration studies of spent catalyst which involve mechanisms of 

deactivation, regeneration conditions, textural properties and the nature of the metallic 

phase of the catalysts should be well understood. As a result each regeneration 

activity must be treated on case to case basis. Sample histories like purity, feedstock 

composition, industrial process conditions, etc. are important criteria to aid in the 

understanding and to device a proper regeneration technique. Temperature regime can 

be the most critical parameter in the regeneration process because it directly 

influences the stability of the metallic phase and the support. Temperature above 773 

K (500 °C) can also influence the de-structuring of the metallic phase  by 

agglomeration, crystallization, volatilization or sinterization of the catalytic phases 

themselves or with the support forming inactive species [82]. 

TGA technique is utilized in this work to simulate and study commercial coked 

catalysts regeneration properties, coke formation mechanism and its affects to 

catalytic activity.  TGA aided with thermo analytical techniques like TPO offers 

additional insights to the chemical reactivity of the coke and gas solid regeneration 

kinetics. All these techniques measure the weight loss by coke burning at high 

temperatures in different atmospheres.  

Prior to selecting an industrial spent Pt/ Al2O3 naphtha reforming catalyst, its 

history was collected. Based on the history of the spent catalyst it is understood that 

the catalyst was collected after the sixth cycle of operation in a commercial radial 

flow reactor unit at hydrocarbon pressure of 6 kg cm-2, temperatures from 763 to 793 

K, WHSV= 2.0 h-l, and H2/HC molar ratio of 3.80. The detail information of the 

thermo-analytical techniques and calculation please refer to Chapter 3 section 3.6  
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4.7.1    Thermal gravimetric analysis (TGA) 

For the TGA studies two similar portion from the same batch of spent industrial 

catalyst were used. A similar technique as described below was followed, but the 

main difference lies on the heating rate used. Form Figure 4-19, the temperature range 

used was from 323 to 1073 K with a constant flow rate 20 ml min-1 (using different 

gas medium for different temperature range) and heating rate of 10 K min-1. For the 

initial heating range from 323 to 473 K was done under N2 medium (stage N2). This is 

basically done for the removal of water and volatile materials. The second heating 

range from 473 to 1073 K, the flow medium was switched to air with the same 

heating and flow rate. A duplicate test was also done for the same spent catalyst 

batch; the only difference was the heating rate was increased from 10 to 15 K min-1. 

The weight loss resulting from the second heating range will be will be considered 

for the de-coking studies. This temperature range for each graph is then divided into 3 

different stages denoted by stages 1, 2 and 3 in Figure 4-19 to differentiate the 

different coke species. The stage 1, from 473 to 673 K will be considered as ‘soft’ 

coke while 673 to 873 K (stage 2) as ‘hard’ coke and the last, stage 3 from 873 to 

1073 K as non-volatile or ‘laid’ coke.  Table 4-10 gives the numerical data 

accumulated from Figure 4-19. Matusek et al. [50], distinguished three types of 

carbonaceous deposits on Pt/Al2O3; one on metal particles, another on the metal–

support perimeter and the third entirely on the support.  

During the pretreatment stage (stage N2) it can be seen that a weight loss is steep 

and accounts about 2.97 and 4.12 mg or 36 and 44% (values in bracket in row 3 of 

Table (4-10) of the total loss from the catalyst for graph A and B respectively.  This 

loss is considered as the loss from the moisture and volatile compounds (not 

associated with coke) present on the spent catalyst and will be omitted from all the 

coke calculations. This shows that higher heating rate increases volatile component 

removal. 

The ‘soft’ coke (stage 1) reaction rate loss is observed gentler than the stage N2.  

This ‘soft’ coke from heating rates 10 K min-1 and 15 K min-1 accounts for 1.67 and 

1.65 mg respectively of the absolute coke present in the spent catalyst and is 

presented in Table 4-10. This indicates that the heating rate does not influence 
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desorption of ‘soft’ coke species. Larsson et al. [15], reported that the soft coke 

(reactive coke) formed at the vicinity of the active sites of the metal. 

 

Figure 4-19: The original TGA curve; shows the catalyst weight [mg] versus the time 

[min] and temperature [oC] at heating rate 10 K min-1 

Table 4-10: Coke and volatile species desorption from TGA at different heating rates. 

Rate (K min-1) 10 15 

Temp. Range 

(K) 

Wt Loss 

(mg) 

Coke species 

Norm (%) 

Wt Loss (mg) Coke species 

Norm (%) 

323- 473 

(v’tile) 

2.97 (36%) 4.12 (44%) 

473-673 (soft) 1.67 31.7 1.65 31.3 

673-873 (hard) 3.31 62.8 3.14 59.6 

873- 1073 (laid) 0.29 5.5 0.48 9.1 

Coke Cumm. 5.27 (64%)  5.27 (56%)  
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As the temperature increases from 673 to 873 K (stage 2) a high and rapid weight 

loss of ‘hard’ coke amounting to 3.31 and 3.14 mg using a heating rate of 10 and 15 K 

min-1 respectively was observed (Table 4-10). This indicates that heating have some 

influence on desorption of ‘hard’ coke. A higher heating rate retards desorption of 

‘hard’ coke.  Further it is possible that this type of coke is mostly present at the 

catalyst support and it has higher activation energy. JGlio et al. [82], confirmed that 

the slow heating rates are usually employed to better control the coke combustion. 

From 873 to 1073 K [stage 3], the loss of non-volatile or ‘laid’ coke is drastically 

reduced. For heating rate of 10 K min-1 the loss was 0.29 mg and for 15 K min-1 is it 

0.48mg. Since desorption rate is very low, this may indicate the air may have 

difficulty reacting or reaching the remnants of coke left over deep in the catalyst 

particles. It may also transformation of the coke into another species because of the 

high temperature equilibrium setting in. The non-volatile compounds may be too 

unstable to form or may decompose before it has an opportunity to be transported 

from the system [34].  

From Table 4-10 it is interesting to note that although different heating rate was 

employed, the removal of volatile material differ by more than a mg, the rate of 

removal of coke varied, but the final cumulative coke yield remains almost the same. 

This shows that temperature is one of the main criteria for coke removal. 

From the above observation it can be seen that the heating rate does not play a 

significant role when removing ‘soft’ or ‘laid’ coke. As for ‘hard’ coke, heating rate 

has a much more significant role. Lower heating rate (10 K min-1) is more efficient 

than a higher heating rate (15 K min-1).  ‘Hard’ coke which is the main constituent of 

the coke material is more than double the quantity (62.8% of the total coke analyzed) 

of the sum of both the ‘soft’ and non-volatile coke material present on the spent 

catalyst. For regeneration studies a lower ramp rate is much more preferred since the 

major portion of the coke is the ‘hard’ type. This observation is in agreement with 

most industrial application. It should be noted that the slow heating rate are usually 

employed to better control the coke combustion [82]. This indicates that the ‘hard’ 

coke can be removed with proper de-coking methods. It is also interesting to see that 

the cumulative or sum of coke (‘soft’, ‘hard’ and ‘laid’ ) species removal are similar 

for both rates. This indicates that the structure of the coke material is unchanged when 
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applying   different heating rate provided the temperature used is the same. The main 

difference is in the rate of species removal as described above. 

For the present study it is assumed that the major portion of the coke is present on 

the catalyst surface. In view of that the desorption of coke from the catalyst surface 

can be assumed as 1st order based on the studies by Querini and Fung [17] and Yan 

Ren et. al [16, 91]. The coke is looked upon as tri-dimensional structure. Coke 

exhibits an increasing reaction order from almost zero to approaching 1 as the 

oxidation reaction set in. This is a typical reaction in a gas-solid reaction. Large 

surface coke particles decrease in size very slowly (reaction order close to zero) at the 

early part of the burning in order to generate similar size surface area coke particles 

(reaction order approaches 1). Using this assumption together with those of Ortega et 

al. [78] the kinetic model with respect to coke was created. To test the kinetic model 

the result from TGA with a heating rate of 10 K min-1 was fitted to their model, and 

the following equation was used for the calculation of activation energy. 
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Therefore, a plot of ln [-ln (1-X)]/T2] vs. 1/T; the slope gives the value of Er and 

ko from the intercept. 

The results obtained from the above calculation are tabulated in Table 4-11 below. 

This current work further examines the exact mechanism of coke removal through 
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TGA experiments with two different heating rates for estimating the apparent 

activation energy of the process. The method of Ortega et al. [78], was used to 

estimate the activation energies. The highest activation energy was observed in stage 

2 which is basically made up of ‘hard’ coke.  It was demonstrated by Wang et al. [11] 

that relatively high apparent activation energy values should indicate decomposition 

via a chemical activated process, whereas low values should indicate diffusion 

limitation of the coke species. The coke with a high H/C ratio has high combustion 

reactivity and a low activation energy value. This indicates that the soft coke has a 

high H/C ratio while ‘hard’ coke has a lower H/C ratio [78]. 

Table 4-11: Activation energies and pre-exponential factors for the 3 coke species 

taken from TGA run at ramp rate of 10 K min-1. 

Coke type Er kJ/mol ko Temp range (K) 

Soft 19.7873 1.8 473-673 

Hard 86.3326 1.4X105 673-873 

Laid 6.08098 0.06 873-1073 

4.7.2    Fourier Transform infrared spectroscopy (FTIR) 

To complement the results from TGA, the FTIR surface analysis technique was used.  

The main objective of using FTIR is find the nature and location of especially the 

‘soft’ coke species.  

For this FTIR characterization two spectra of the same spent industrial catalyst 

were taken, one before the N2 pre-treatment stage and the other after N2 gas. Both this 

spectra are presented in Figure 4-20. Ruixia et al. [99] and Donald et al. [98, 99], from 

their studies suggested that the main absorption band at 3448.5 cm-1 is due to the 

vibrations of hydroxyl groups on the catalyst surface and the shoulders at 1606.6 and 

1637.5cm-1 are possibly due to adsorption of olefin and aromatics on the catalyst 
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metal surface. This may indicate that the coke species found near the active metal is 

‘soft’ coke and it is mainly made up of unsaturated hydrocarbon and heavy aromatics. 

Li et al. [80], assigned the absorption bands between 3000 and 2800 cm-1 to 

aromatic and aliphatic rings, which are probably produced by polycyclic aromatics 

like chrysene. Ruixia et al. [98], suggested that the other two absorption bands, at 

2854.5 cm-1 and 2925.8 cm-1 were caused by symmetric and asymmetric flexion 

vibration of the C-H bonds associated with CH3. The physisorbed CO2 shows in 

figure 4-20 by two successive bands at 2360.71 and 2341.42 cm-1, for both catalysts. 

Evidence from work by Karge et al. [81], suggested that the absorption band at 

1400.2 cm-1 is due to ethylene type polymers adsorption. From these results and on 

comparison with Figure 4-20 strongly suggest that the commercial coked catalyst 

contains aromatics, alkyl groups, hydroxyl groups, aliphatic rings and olefins. 

In case of spent Pt/Al2O3 catalyst after nitrogen gas treated, it can be observed that 

the absorption band due to (C=C) and aromatics (coke precursors) between 3000 cm-1 

and 2800 cm-1 are missing. This shows that elimination of these coke precursors is 

possible under N2 gas treatment. So nitrogen gas might be used here to disrobe the 

coke precursors (soft coke) from the spent catalyst. This is a well documented by 

Wang [76].  

 
Figure 4-20: FTIR spectrum for spent Pt/Al2O3 catalyst prior and   after pre-treatment 

with N2 gas. 
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The de-Coking process is well described by TGA techniques. FTIR was used as 

evidence to show that soft coke can be removed after N2 treatment. The ‘hard’ coke, 

the most abundance species, shows high activation energy of 86.3 kJ/mol. This ‘hard’ 

coke can be removed by proper re-generation process because it is chemically 

controlled phenomenon, the heavier non-volatile coke is diffusion controlled in nature 

and its existence is minimal. 

4.7.3    Temperature Programmed Oxidation (TPO) 

Having analyzed the nature of ‘soft’ coke and its regenerability, the next stage is to 

figure out how to tackle the removal of ‘hard’ coke. Based on the previous 

understanding, ‘hard’ coke is a chemically controlled phenomenon and usually found 

in the catalyst support sites. In order to understand the removal techniques, the 

chemistry of these coke species and its removal from the active sites must be 

understood. For this purpose we make use of the TPO, a surface technique which 

basically uses a simple temperature ramping program in an oxidizing atmosphere to 

dislodge and convert the coke species into its CO2 form and volatize them from the 

surface of the catalyst. This technique is similar to TGA, but gives more information 

on the quantification of the CO2 and temperature shift. 

A similar technique used in TGA was extended to the TPO analysis.  For this 

purpose the ‘soft’ and ‘hard’ coke were separately analyzed to find the influence of 

heating rate and oxidizing temperature on the coke species. For this purpose the 

industrial spent catalysts were treated under N2 gas. In the 1st set of experiment, the 3 

pretreated (void of volatile material) coked samples was heated till 873 K under 5% 

O2 in N2 medium at a flow rate of 20 ml min-1. For each sample the effect of using 3 

different heating rates of 10, 15 and 20 K min-1 was investigated. The result obtained 

from the 1st stage is given in Figure 4-21. The amount of CO2 produced from the TPO 

analysis was directly related to the amount of coke species (‘hard’) present. Weight 

loss at different heating rates of 20, 15 and 10 K min-1 is represented as ‘a’, ‘b’ and ‘c’ 

respectively and given in Figure 4-21.  
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Figure 4-21: TPO results on commercial spent reforming catalyst at different heating 

rates, [a=heating rate 20 K min-1; b=15 K min-1; c=10 K min-1]. 

From Figure 4-21, it can be observed that increase in heating rate decreases CO2 

production. Querini & Fung [16], suggested that this phenomenon may be due to the 

fact that large coke ensembles are first broken down into smaller ensembles before 

being released as CO2. This assumption is based on first order reaction rate.  

Increasing the heating rate leads to decrease in CO2 production and shifting the 

oxidation peak to a low temperature. A slow heating rate is usually employed in 

industrial applications to have a better control of coke combustion [82]. When 

employing slow heating rate, temperature regime is important, because during the 

regeneration processes, coke removal and metallic phase stability must to be 

maintained. Final temperature is critical parameter because it directly influences the 

stability of the metallic phase and the support. Regeneration is an exothermic reaction. 

At high heating rate, if not fully controlled, will give rise to temperature runway. 

In the 2nd set of experiments, the 3 pretreated coked samples were heated under 

5% O2 in N2 medium at a flow rate of 20ml min-1 with heating rate of 15 K min-1. In 

this case three different final temperatures were used (873, 973 and 1073) K. The 

results obtained are shown in Figure 4-22. Labeled as ‘I’, ‘II’ and ‘III’ in the same 

graph represent the different final temperature used which is 873, 973 and1073 K 

respectively. This was done so as to investigate the optimum temperature in which 

‘hard’ coke can be removed. 
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Figure 4-22: TPO results from a commercial spent reforming catalyst at different 

temperatures [I= 873 K II = 973 K III = 1073 K]. 

From the same Figure 4-22, it can be seen that the highest oxidation peak for ‘I’ 

(873 K) was observed at 753K (480 oC) whereas for 973 K and 1073 K the highest 

oxidation peaks have shifted to 793 K  (520 oC) and 813K (540 oC), respectively. This 

indicates that the ‘hard’ coke is not completely removed if the regeneration is 

conducted at a temperature of 873 K (600 oC), although this is supposed to be the 

final cut point for the volatilization of the ‘hard’ coke. A significant amount of the 

‘hard’ coke is still trapped on the surface of the catalyst even after the regeneration 

temperature had been increased to 973 K (700 oC). At the regeneration temperature of 

1073 K, significant amount of ‘hard’ coke is removed, but there are still some left-

over on the catalyst.  Performing at a higher temperature is not advisable as the 

integrity of the active metal catalyst may be affected.  As a result, it is advisable to 

perform regeneration activities at a temperature close to but not higher than 1073 K. 

From Figure 4-21 and 4-22, it can be seen that just one peak was detected for each 

different heating rate and maximum temperature used. Based on these observations, it 

can be assumed that for industrial spent catalyst ‘soft’ coke may have volatilized in N2 

gas. 

To prove this assumption another set of experiment was conducted. Here 5% O2 

in N2 with a flow rate of 20 ml min-1 was introduced and heated from room 

temperature to 1073 K at a heating rate of 10 K min-1. The results are shown in Figure 

4-23. 
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Figure 4-23: TPO result for industrial spent Pt/Al2O3 reforming catalyst, at < 5% O2 

in N2, with a flow rate of 20 ml min-1 and a heating rate of 10 K min-1. 

From Figure 4-23 it can be seen that two oxidation peaks are present. The first 

peak (a) is the contribution from ‘soft’ coke which is closely attached on the vicinity 

of catalyst metal active site; whereas the bigger second peak (b) represents the ‘hard’ 

coke which is more tightly bound with the alumina support [31]. This further proves 

that N2 gas regeneration is only capable of removing ‘soft’ coke only but not the 

‘hard’ coke. This is in agreement with findings of Larsson et al. [15] they showed 

that,  the ‘soft’ coke’ can be readily removed by N2 gas. Further from our present 

study it can be concluded that combustion is necessary to remove the ‘hard’ coke. 

The next step was to study how heating rate influence the removal of both ‘soft’ 

and ‘hard’ coke. For this purpose the TPO analysis was carried out at two different 

stages using 2 different mediums. In the first stage, N2 was used (Figure 4-24), while 

in the second stage, 5.0 v/v % O2 in N2 was used. This is presented in Figure 4-25.  

For both stages, different heating rates (10, 15 and 20 K min-1) were used but, the 

dwell time of 120 minutes was fixed. Losses in soft, hard and total coke were 

recorded at various temperatures from 573 to 1073 K (300 to 800 oC) recorded after 

every 100 K. Both the soft and hard coke was calculated base on the equation given 

below [36, 77, 100]. 
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(4-22) 

 

Figure 4-24: TPO results on weight % loss of soft coke (Sc %) during the 1st stage 

with different heating rates and temperature under a nitrogen atmosphere (A = 10 K 

min-1; B = 15 K min-1; C = 20 K min-1). 

The results were explained using Figures 4-24 through 4.26. Figure 4-24 reflects 

the desorption rate of the ‘soft’ coke in N2 gas atmosphere. In Figure 4-24 it can be 

seen that ‘soft’ coke weight percentages decrease with an increase in the heating rate. 

This may be due to the ‘soft’ coke becoming less stable at a low heating rate and 

becoming easily detachable from the surface due to rigorous phase transformation on 

the catalyst surface. In the case of a higher heating rate, the catalyst surface is less 

aggravated than at lower heating rate. The same result was observed in the TGA 

analysis, and it has been well documented that the low heating rate is always applied 

in the regeneration process to give better de-coking results than a higher heating rate 

[82]. As a result, the release of the ‘soft’ coke increases with lower heating rate and 

higher final temperature. 

The same catalyst after the 1st stage is subjected to 5.0 v/v % O2 in N2 (removal of 

‘hard’ coke) with the same combustion regime (2nd stage) to investigate it effect of 

multiply medium of heating on ‘hard’ coke removal. The result from this experiment 
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is presented in Figure 2-25. The weight percentage of coke removed from the catalyst 

was calculated as per the equation mentioned above.   

It was noticed the results observed from Figure 4-25 showed an entirely reverse 

trend to that of Figure 4-24. Here the release of coke is retarded with an increase in 

temperature and heating rate. This observation can probably be explained by the fact 

that during the N2 heat treatment (1st stage) most of the ‘soft’ coke and some ‘hard’ 

coke may have been volatized or removed. Some of the ‘hard’ coke at higher 

temperatures may have undergone phase transformation to a more graphitic nature 

with the release of H2 species. This graphitic coke tends to   penetrate deeper and stick 

more strongly on the catalyst surface. This makes the coke sensitive (less reactive) 

and more difficult to remove.  

Calvin &Bartholomew [34], explained this phenomenon by saying that at high 

temperatures the rate of formation of coke equals the rate of its de-composition, i.e. 

equilibrium occurs. However, during the transformation the volatility of coke 

decreases and makes transport from the system difficult. This phenomenon was also 

be explained by Wang [76]. He indicated that the coke is more aromatic and stable at 

high reaction temperatures than at low reaction temperatures. As a result it is more 

difficult to remove due to its low volatility. Pedro et al. [79], found that the H/C ratio 

decreased with increase reaction temperature. This means the soluble light coke 

decreases and the insoluble heavy coke increases while increasing the temperature 

simultaneously. 

 

Figure 4-25: TPO results on weight % loss of Hard Coke (Hc %) at 2nd stage with 

different heating rates and temperatures under 5.0 v/v % O2 in N2. (A = 10 K min-1; B 

= 15 K min-1; C = 20 K min-1).  
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A higher heating rate results in poor coke removal. At 1073 K, the coke removal 

capability becomes similar to that at a higher heating rate. The reason for this 

observation may be explained in that, at a higher heating rate the ‘hard’ coke is 

undergoing transformation to graphitic form. At a higher heating rate the 

transformation is faster which may result in different stages of transformation leading 

to more stable graphitic coke. This in turn results in a slower release of the coke 

species which is similar to that of higher temperature.   

For the next set of observations, a serial treatment of N2 and 5.0 v/v % O2 in N2 

were analyzed. Here the result from 1st and 2nd stages were combined (sum of ‘soft’ 

and ‘hard’ coke) termed as total coke is presented in Figure 4-26. The same figure 

analyzes the effect of total coke removal with different heating rates and 

temperatures. This was done to interpret the effect of serial treatment on total coke 

removal when introduced to the regeneration process. 

 

Figure 4-26: The sum of % weight loss of total coke from 1st and 2nd stage at 

different heating rates and temperatures (A = 10 K min-1; B = 15 K min-1; C = 20 K 

min-1). 

The coke is usually made up of unsaturated hydrocarbons which may contain 

olefins and aromatics. The desorption rate of these compounds are directly related to 

the heating rate, temperature and dwell time. Besides these, the catalyst properties 

(metal crystallite size) and amount of the catalyst in the reactor all can play an 

important role in the amount of the material loss [34]. The contact time necessary to 

remove coke depends on the regeneration temperature. A short regeneration cycle (ca. 
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1 h at ca. 673 K) allows a partial recovery of the catalytic activity only [33, 82]. 

Essentially here, only coke associated with the metallic phase is removed.  

The effect of coke (‘soft’ and ‘hard’) removal with respect to dwell time at 

different maximum temperature was analyzed. During these experiments the heating 

rate was maintained at 10 K min-1. For this study, 3 different dwell times of 120, 60 

and 30 minutes were evaluated against temperature range from 573 to 1073 K. 

Measurements were taken for every 100 K within the range. The result obtained from 

these experiments is presented in Figure 4-27.  

Figures 4-27 are segregated into 3 mini graphs labeled as A, B & C representing 

the dwell time of 120, 60 and 30 minutes respectively at the maximum temperature 

analyzed. From 4.27 it can be seen that the ‘soft’ coke in general increases with 

increase in regeneration temperature and dwell time. The ‘hard’ coke on the other 

hand shows a reverse trend to that of the ‘soft’ coke. This indicate that as we increase 

the regeneration temperature and contact time more ‘soft’ and part of the ‘hard’ coke 

are removed or  transformation to graphitic form occurred. 

In the second phase of the TPO experiment; the previous (TGA) model was used 

in order to study the kinetics of coke deposition on the commercial Pt/Al2O3 catalyst. 

Although TGA is considered more accurate in calculating the activation energy for 

different types of coke (hard, soft and laid) species, TPO was used to complement 

TGA results. TPO analysis can provide a good picture on the distribution of the 

reactive (soft) and un-reactive (hard) coke over catalyst functions, as suggested by 

Carlos et al. [71]. For this purpose the activation energy was calculated again using 

results from TPO analysis. The activation energy can gives an insight as to whether a 

reaction is controlled by mass diffusion, chemical, or catalyst activity limited. For a 

ball park figure, activation energy of 100 kJ/mol is catalytic activity limited or there is 

a presence of strongly bounded species as explained by Larsson et al. [15].  
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Figure 4-27: Effect of dwell time and varied regeneration temperature on industrial 

spent Pt/Al2O3 spent catalyst [Dwell time for A= 120 min, B= 60 min & C= 30 min]. 

(Sc=soft coke, Hc= hard coke and Total=hard coke + soft coke). 

C 

A 

B  
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Figure 4-28: A plotting of 1/T versus ln [-ln (1-x)/T2] for the coked Pt/Al2O3 catalyst. 

From our results obtained from the TPO analysis, it was found that the activation 

energy Er is 82.7 kJ/mol with a frequency factor of 1.6x106; for the spent industrial 

catalyst. This is result is similar to that obtained from TGA (86.3 kJ/mol) which is 

attributed to the ‘hard’ coke. This finding further supports that the major portion of 

the coke present in the spent catalyst is ‘hard’ coke and is most probably bonded to 

the support acid sites. The Er obtained for the present study strongly suggests that the 

major coke deposition is chemically controlled limited and can be removed by proper 

regeneration procedures. 

4.7.4    Temperature Programmed Reduction (TPR) 

To further understand the reducibility nature of the metal- support bonding and to 

complement the TGA and TPO analysis, a TPR analysis was carried out. Prior to 

embarking into the bonding of the coke material to the active site, it is important to 

determine the strength and nature of the bond between the active metal and support.  

For this TPR studies, on a fresh industrial catalyst Pt/Al2O3 was chosen to 

understand the bond strength and nature between the Pt metal and the Al2O3 support. 

TPR analysis was carried out under a reducing gas stream of 5.1v/v % H2 in N2 gas 

with a flow rate of 20 ml min-1. The catalyst sample was heated up to 1073 K with a 

temperature ramp rate of 10 K min-1.  Trace consumption of H2 in a monometallic 

Pt/Al2O3, was detected.  For the purpose 2 different pretreated samples were analysed. 
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One sample was calcined and the other uncalcined catalysts. The calcination was done 

under air by heating the uncalcined catalyst from ambient to 673 K at a ramp rate of 

10 K min-1 in TGA INS. At 673 K a dwell time of 3 hours was observed. The results 

obtained from this analysis are shown in Figure 4-29. For further information on TPR 

analysis technique please refer to chapter 3 section 3.6 of this thesis.  

From Figure 4-29, two peaks are observed.  Peak I represent the consumption of 

H2 for the fresh regenerated catalyst sample before calcination and Peak II after 

calcination. In the same figure, it was noticed that there is a pronounced reduction of 

Pt oxychlorinated (PtOCl2) species which weakly interact with alumina occurring at 

523 K (250 °C) after for both cases (calcined and uncalcined catalysts). This 

reduction pattern has been frequently observed by several authors; [5, 18]. It can be 

seen that the calcined Pt/Al2O3 catalyst adsorbed more H2 than the uncalcined one.  

 

Figure 4-29: TPR traces for the consumption of H2 in a monometallic Pt/Al2O3 

catalyst, Peak I and Peak II for catalysts before and after calcinations, respectively. 

This indicates that the calcined catalyst is more difficult to reduce than the 

uncalcined catalyst. The reason for this is the presence of a Pt oxide species in the 

calcined catalyst are more strongly bounded to active sites than the uncalcined 

sample. This result is well documented by Pieck et al. [101] in their study of TPR, 

which was carried out for Pt/Al2O3 and Re/Al2O3 reforming catalysts. The authors 

mentioned that, the samples which were previously oxidized at 673 K (400 °C) 

showed lower oxidation temperatures and lower hydrogen uptake signals (increasing 

the oxidation temperature caused a rise in H2 uptake).  
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On the other hand, higher oxidation temperatures would favor a greater 

segregation of the metal oxides. In the present study, the lower hydrogen uptake was 

observed (Figure 4-29) for the uncalcined catalyst sample, this is because of the 

oxidation state of the metal particles not existence in this case and the metal may be 

completely surrounded by large chloride molecules limiting access and shadowing the 

active metal site. Not like the calcined sample which shows the higher hydrogen 

consumption because of the presence of oxygen atoms as compared to the uncalcined 

one. 

4.7.5    Temperature Programmed desorption (TPD) 

Pyridine is adsorbed on acid sites due to its basic character. Desorption of pyridine at 

low temperatures is related to the presence of weak acid sites while the desorption at 

high temperatures is because of the presence of strong acid sites. The total area under 

the TPD trace is representative of the total acidity of the catalyst [76]. In Figure 4-30, 

it can be seen that the fresh catalyst has a higher amount of strong acid 873 to 923 K 

(600 to 650 oC) than the weak acid sites 633 to 673 K (360 to 400  oC). These strong 

acids are most likely to be Lewis acids, while the weaker ones are the Bronstead 

acids.  

 

Figure 4-30: TPD trace for the fresh Pt/Al2O3 catalyst. 

 



 

102 

 

4.7.6    Field Emission Scanning Electron Microscopy (FESEM) 

Having done the mechanical properties of the catalyst, the next step is to check the 

morphology of the catalyst surface. This was done to check for any transformation of 

the active catalyst particles on the catalyst support. For this purpose FESEM was used 

to characterize the catalyst particles distribution at high magnification for the fresh 

and spent industrial Pt/Al2O3 catalysts. Figures 4-31 represent 4 images taken by the 

FESEM instrument using secondary electron and in-lens detectors for fresh and spent 

industrial catalyst, respectively. 

  

A/ Fresh catalyst morphology 

 

 

 

 

 

B/Spent catalyst morphology 

 

 

Figure 4-31: FESEM for fresh and spent catalyst by the in-lens (right image) and SE2 

(left image). 
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The top pair represent the view of the fresh catalyst surface (left image) was used 

to determine the particles size of both fresh and spent catalysis using a secondary 

electron detector, whereas the vertical view (right images) of the catalysts as  captured 

by  an in-lens detector to determine the catalyst topography. The in-lens detector was 

used for applications which demand the highest magnification.  

The particle sizes were quite different for both the fresh and spent catalysts. The 

spent catalyst has a bigger crystal size than the fresh one.  The average particle size 

for a fresh catalyst is 46.3 nm and for that of a spent catalyst is 82.74 nm. The bigger 

particle size for the spent catalyst might be due to sintering induced by higher 

temperature oxidation during regeneration [49]. 

Catalyst deactivation may be the principal cause of the size difference and shift of 

surface morphology. During the reforming reaction the coke accumulates on the 

catalyst surface and the metal particles, either partial or total encapsulation. Coke or 

carbon, are easily deposited on the catalyst surface filling up the dug-out structure due 

to the presence of reactive sites created by the ‘absence of nearest neighbor’.  As a 

result, strong carbon filaments may dig itself into its pores and fracture the support 

material accordingly. This may result in agglomeration of the catalyst particles due to 

structure collapse [34]. 
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Chapter 5 

 

Conclusion and Recommendation  

5.1    Conclusion 

The overall n-hexane reforming conversion was improved by increasing the 

temperature and contact time while decreasing the H2 partial pressure. Higher reaction 

temperature is not recommended because it can increase catalytic deactivation by 

increasing the concentration of coke precursors and sintering process. 

A high temperature (723 K) and the lowest H2 pressure (300 KPa) it desorbs the 

desired reformates (isomers and aromatics) but when the H2 partial pressure is 

increased to 700 KPa, the selectivity switch to the non-desired cracked reformate  

products affecting the catalyst activity towards desorption of unsaturated 

hydrocarbons (coke precursors). 

Contact time of 1.8-2.4 minutes was found to be desirable towards production of 

higher yields of isomer and aromatics, but 2.4 minutes and above favors the cracked 

and coke precursor products (undesirable products). For this reason in Taguchi 

orthogonal array design, 1.78 has been taken as the optimum contact time. 

Furthermore, the carbon tetrachloride study confirmed this assumption. 

Using Design of experiment 6.0.6 software (TOAD), the optimum operating 

conditions that enhance the n-hexane conversion to desired products was operating 

the process at reaction temperature 723 K at contact time 7.1 min with a H2 partial 

pressure 300 KPa. From the TOAD analysis, H2 partial pressure is most critical 

parameter when selectivity towards aromatics is desired. The optimum level for it is 

to operate the reaction at 300 KPa. For the desired isomers reformate contact time is 

most critical and to obtain maximum yield operation at 1.78 minutes is recommended. 
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The undesirable products of cracked and coke precursor the main process variable 

is contact time. To produce the least selectivity, 1.0 min contact time is recommended 

for both. Based on the above information the optimum condition for n-hexane 

reforming tailored to desired products is to operate at reaction temperature of 723 K, 

1.78 minutes contact time and 300 KPa H2 partial pressure. 

Introducing carbon tetra chloride (CCl4) to n-hexane feed causes a rise in the 

catalyst acidity and this increase the hydrocarbon rearrangement reaction 

(isomerization). These types of reactions demand higher acidity. Unfortunately, the 

higher acidity favors the formation of cracked products too. The cracked product 

overwhelms the isomers at the present reforming condition as such it increases 

steadily with increase in CCl4 addition while the isomers remain unaffected. 

Therefore the main reason for CCl4 addition is to improve catalytic stability, or in 

other words it can be used to repair or replace damaged acid sites. 

Suppressions of the cracking products have been well investigated by introducing 

DMDS to the reactant. DMDS decreases monofunctional metal-catalyzed reactions 

but concomitantly increases the activity for acid-controlled isomerization reactions 

(skeletal rearrangement reactions), which is the other important product. It has higher 

octane number than paraffins, but the addition of sulfur increases the deactivation rate 

by desorption of unsaturated hydrocarbon, such as coke precursors. 

TGA found that, the hard coke de-coking rate was higher than the soft and laid 

coke. This is because increasing the regeneration temperature causes a rise in the 

reaction rate. Further increase in temperature converts the hard coke to laid coke 

where some of the ‘hard’ coke at higher temperatures may have undergone phase 

transformation to a more graphitic nature. This latter, tends to   penetrate deeper and 

stick more strongly on the catalyst surface and is very difficult to react and remove.  

TPO analysis showed that, at the higher heating rate (20 K min-1) is not 

recommended for regeneration process, while a lower heating rate (10 K min-1) is 

better for de-coking process.  

The activation energy obtained for the present study, by using TGA and TPO 

techniques, strongly suggests that coke deposition can be removed by proper 

regeneration procedures. 
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FESEM results show that the commercial spent catalyst has a bigger particle size 

compared to that of the fresh counterpart. This is most probably caused by sintering of 

catalyst. 

5.2    Work contributions 

One of the most noteworthy contributions of this thesis is using various reforming 

conditions such as hydrogen partial pressure, temperature, contact time, feed 

chlorination and sulfidation. These give a clear picture to understand the effects of 

these parameters on product distributions as well as the catalyst activity. 

Applying simple regeneration procedures for the spent catalyst by using TPO and 

TGA techniques, kinetics of the de-coking process, gives an insight view of 

regeneration behaviour and coke nature. Regeneration of catalysts using an inert gas 

such as N2, only can restores more than 50 % of the catalyst activity. This has been 

well proven here by the TPO technique. 

5.3    Recommendations and Future work 

• The present work concentrates only on reaction temperature, H2 partial 

pressure and contact time for n-hexane reforming. It will be interesting to 

know how the higher homolog of paraffins will behave under similar 

conditions.  

• The effects of reforming conditions, chlorination and sulfidation have been 

reported and investigated. For the future work other parameters such as, 

optimizing the catalyst size, changing the metal loading, catalyst to fuel ratio, 

using a multi metallic catalyst (modification of the catalyst with the other 

elements), and using mixtures of hydrocarbon feed should be investigated. 

• Optimization of the level of catalyst acidity by oxy-chlorination during 

regeneration process has been widely practiced by refiners. Leaching of this 

chloride from catalyst should be well investigated for its prevention and 

retention especially with changing process variables. In this work, carbon tetra 
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chloride was used as a chloriding agent. Since it is a very poisons material, 

and with concern for the environmental situation another chloriding agent 

should be explored. 

• The de-coking process is directly related to heating rate; temperature and 

dwell time has been investigated and discussed. During regeneration attrition 

is one of the main factors which increase catalytic loss. Addition of promoter 

to increase catalyst integrity towards attrition at high temperature should be 

well investigated. 

• Simulation and modeling of n-hexane reforming reaction and regeneration of 

spent catalyst is another area that can be explored.  
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APPENDIX A 

Experiment Results 

Table A-1: Reforming Conditions (723K -300KPa) 

Contact time 

(min) 

cracking Coke 

precursors 

isomers aromatics Hexane 

conversion 

1.016217 12.44449 10.03309 23.95176 9.08774 55.51708 

1.185587 14.55092 12.09113 26.33531 11.09332 64.07068 

1.422704 16.0024 14.23945 24.06782 11.97947 66.28914 

1.77838 19.09567 16.03482 27.9772 13.4411 76.54879 

2.371173 19.8728 15.88392 29.18124 15.01225 79.95021 

3.55676 21.99218 18.93982 18.90467 16.27704 76.11371 

7.113519 22.93075 22.06834 19.99403 16.90467 81.89779 

 

 

Table A-2: Reforming Conditions (723K -500KPa) 

Contact 

time (min) 

cracking Coke precursors isomers aromatics Hexane 

conversion 

1.016217 14.0954 8.087423 22.875492 5.5492 50.607515 

1.185587 15.00743 7.989762 21.045882 5.44987 49.492944 

1.422704 15.58118 11.822041 19.60089 8.45997 55.464081 

1.77838 19.0022 14.88733 24.804472 8.09338 65.787382 

2.371173 21.97732 15.997503 26.88402 9.9452 75.804043 

3.55676 21.0991 15.8894 19.044678 11.241 67.274178 

7.113519 24.0489 17.93784 18.77302 10.77837 71.53813 
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Table A-3: Reforming Conditions (723K -700KPa) 

Contact time 

(min) 

cracking Coke precursors isomers aromatics Hexane 

conversion 

1.016217 18.99927 7.119109 19.07783 4.09328 49.28948 

1.185587 19.80463 7.93451 20.99857 6.001123 54.73884 

1.422704 19.90224 9.88941 23.66403 7.045982 60.50166 

1.77838 21.70385 11.03821 23.09558 7.99218 61.82982 

2.371173 22.00056 14.7442 24.06645 8.661983 70.47319 

3.55676 22.06892 16.11423 21.09553 10.04299 69.32167 

7.113519 24.90771 15.97783 20.00027 6.048655 66.93446 

 

 

Table A-4: Reforming Conditions (673K -300KPa) 

Contact time 

(min) 

cracking Coke precursors isomers aromatics       Hexane 

conversion 

1.016217 12.94449 8.03309 22.95176 6.88774 50.81708 

1.185587 10.55092 10.09113 21.33531 8.79342 50.77078 

1.422704 12.0024 11.23945 24.06782 9.97947 57.28914 

1.77838 11.09567 12.03482 25.98452 11.4411 60.55611 

2.371173 13.8728 13.88392 27.09524 12.01225 66.86421 

3.55676 19.99218 17.93982 18.90467 10.27704 67.11371 

7.113519 20.03075 18.156023 16.99403 11.90467 67.08547 
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Table A-5: Reforming Conditions (623K -300KPa) 

contact time 

(min) 

cracking         Coke precursors isomers aromatics        Hexane 

conversion 

1.016217 8.56921 6.93309 21.95176 5.849274 43.303334 

1.185587 10.55092 7.09113 21.33531 6.409822 45.387182 

1.422704 10.879224 11.23945 20.06662 6.997947 49.183241 

1.77838 12.09567 10.103482 23.939702 8.4924118 54.6312658 

2.371173 13.85728 11.88392 26.18128 8.0721225 59.9946025 

3.55676 16.99218 14.93981 15.1190467 9.223904 56.2749407 

7.113519 18.93075 16.97023 12.99403 10.90467 59.79968 

 

 

Table A-6: Reforming Conditions (1%CCL4, (723K -300KPa)) 
Contact time 

(min) 
cracking          Coke precursors isomers aromatics     Hexane 

conversion 

1.016217 15.94449 10.03309 25.95176 10.066324 61.995664 

1.185587 20.55092 11.09113 27.33531 12.09332 71.07068 

1.422704 21.0024 10.23945 29.06782 11.97947 72.28914 

1.77838 22.95671 19.83482 30.99772 18.01225 83.07232 

2.371173 20.0728 19.03392 29.918124 15.94411 91.687094 

3.55676 21.99218 20.93982 21.90467 15.23104 80.06771 

7.113519 20.93075 23.88023 19.99403 19.90942 84.71443 
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Table A-7: Reforming Conditions (3%CCL4, (723K -300KPa)) 
Contact 

time (min) 
cracking         Coke 

precursors 
isomers aromatics    Hexane 

conversion 

1.016217 19.75837 11.87952 28.95171 9.08774 69.67734 

1.185587 20.99053 14.76383 27.97431 13.09332 76.82199 

1.422704 22.0024 15.76684 30.06782 15.97947 83.81653 

1.77838 25.15567 15.63482 30.18752 21.04411 86.86212 

2.371173 23.09728 17.0328 26.98742 19.71225 92.05023 

3.55676 26.99218 18.44067 27.432876 23.927704 96.79343 

7.113519 25.93075 25.59327 25.97621 17.90467 95.4049 

 

 

Table A-8: Reforming Conditions (5%CCL4, (723K -300KPa)) 
Contact 

time (min) 
cracking         Coke precursors isomers aromatics     Hexane 

conversion 

1.016217 22.75837 11.09352 25.67331 16.08774 75.61294 

1.185587 23.55092 14.088732 28.37321 18.09332 84.106182 

1.422704 25.0024 18.23945 31.06782 18.97947 93.28914 

1.77838 26.10567 19.03482 30.73239 19.74411 95.60699 

2.371173 27.98728 16.99415 26.18521 22. 01125 93.18389 

3.55676 28.99218 18.99843 29.904672 18.28729 96.182572 

7.113519 29.93075 23.093528 28.07731 15.93241 97.033998 
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Appendix B 

Gas Chromatograph 

 

 

 

 

 

 

 



 

123 

 

Appendix C 

Table 3.5 Gas Chromatograph calibration of standard gases 

 

No. 
RT 

(min) 
Signal Gas Standard 

Concentration 

(mol %) 

Peak 

Area 

1. 1.177 FID Methane 5 4663 

2. 1.405 FID Ethane 3.99 7088.1 

3. 1.735 FID Ethylene 2.010 3629.9 

4. 2.596 FID Propane 2.010 5493.1 

5. 4.678 FID Proelene 0.989 81.426 

6. 4.75 FID Acetylene 0.988 2642.5 

7. 6.155 FID n-Butane 0.299 1101.1 

8. 6.572 FID 1.2- Propadiene 0.964 1429.3 

9. 6.696 FID Trans-2-butene 0.300 1870.2 

10 6.890 FID Iso butane 0.300 2524.2 

11 9.985 FID 1-butene 0.2990 1055.6 

12 10.027 FID Iso butane 0.3 1091.9 

13 10.605 FID Cis-2-butene 0.299 1012.7 

14 11.083 FID Iso pentane 0.100 1068.7 

15 12.211 FID Methyl acetylene 0.987 440.66 

16 12.856 FID n-pentane 0.100 435.56 

17 13.405 FID Trans-2-pentene 0.0990 2607.2 

18 13.846 FID 1,3 butadiene 0.297 1059.3 

19 15.394 FID 2 methyl-2butene 0.0485 420.170 

20 15.986 FID 1-pentene 0.0997 644.98 

21 16.591 FID Cis-2-pentene 0.0945 404.82 

22 19.000 FID n-hexane 0.499 232.59 

23 29.99 FID Benzene (liquid) 0.219 245.11 
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Appendix D 

 

Thermo-gravimetric analysis (TGA) at 15 K min-1 
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