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ABSTRACT 

The need for processing of heavy sour crudes is increasing as good quality crude 

oil reserves are depleting fast. Presence of sulfur in the crude oil can corrode the 

process equipment, poison the catalysts and can lead to environmental pollution. 

Trickle bed reactors are widely used for hydrodesulfurization by reacting sulfur in the 

crude with hydrogen. Optimal design of these units is possible through development 

of easy to use performance models for trickle bed reactors recognizing the multiphase 

nature of the reactor and nonlinearities in the parameters.  

Liquid holdup in trickle bed reactors is an important hydrodynamic parameter 

which controls the liquid residence time in the bed and hence the degree of sulfur 

conversion. A new model to estimate liquid holdup in trickle beds is developed 

considering gas to flow around particles enveloped by trickling liquid. Ergun’s 

equation for gas phase pressure drop is modified incorporating the effect of presence 

of liquid phase on gas phase voidage and tortuosity for gas flow. The model is 

compared with large experimental database available in the literature to evaluate the 

effect of parameters such as gas and liquid velocities, liquid properties, particle shape 

and size, operating temperature and pressure. The model equations compare 

reasonably well with the experimental observations.  

A one-dimensional multiphase cells-in-series model is developed to predict the 

steady state behavior of trickle bed reactor applied to the hydrodesulfurization of 

vacuum gas oil (VGO). The reactor model is established through mass and enthalpy 

balances with reaction using carefully selected correlations and hydrodesulfurization 

reaction kinetics based on Langmuir-Hinshelwood mechanism from the literature. The 

model is validated with experimental data on hydrodesulfurization of VGO reported 

in the literature. The model is simulated to investigate the effect of various parameters 

to analyze ways and means to improve the sulfur reduction. 



vii 

ABSTRAK 

Pemprosesan minyak dari ‘sour crude’ dilihat mampu untuk memenuhi 

permintaan kerana sumber minyak dari ‘sweet crude’ semakin mengalami penyusutan. 

Namun begitu, kandungan sulfur yang tinggi di dalam ‘sour crude’ akan 

mendatangkan kesan buruk kepada reaktor, mangkin dan mencemarkan alam sekitar. 

‘Trickle bed reactor’ merupakan reaktor yang digunakan dalam proses 

hidrodesulfurisasi dimana sulfur ditindakbalaskan dengan hidrogen bagi 

menghasilkan hidrogen sulfida. Rekabentuk secara optimum bagi reaktor tiga fasa ini 

dapat dilakukan melalui pembangunan model dengan mengenalpasti sifat dan keadaan 

reaktor serta ketidakseragaman parameter pada reaktor tersebut. 

‘Liquid holdup’ merupakan parameter penting dalam menilai kecekapan reaktor 

kerana ia mengawal tempoh minyak berada di dalam reaktor dan seterusnya 

mempengaruhi kadar hidrodesulfurisasi. Satu model baru telah dibangunkan bagi 

menganggarkan ‘liquid holdup’ di dalam reaktor. Persamaan Ergun telah diubahsuai 

dengan memasukkan kesan kehadiran fasa cecair terhadap aliran gas. Model ini 

menggunakan data-data eksperimen dari kajian terdahulu untuk melihat kesan 

beberapa pembolehubah seperti diameter partikel, suhu, tekanan, kelikatan cecair dan 

sebagainya terhadap ‘liquid holdup’. Didapati bahawa nilai bagi ‘liquid holdup’ yang 

dianggarkan dari persamaan model memenuhi nilai dari data eksperimen. 

Satu model reaktor baru telah dibangunkan (1-D cell in-series-model) bagi 

meramal keadaan di dalam ‘trickle bed reactor’. Model ini dibangunkan melalui 

persamaan jisim dan tenaga, tindakbalas kimia, serta menggabungkan kolerasi 

hidrodinamika. Tindakbalas kimia bagi hidrodesulfurisasi adalah berdasarkan 

mekanisma ‘Langmuir-Hinshelwood’. Kesahihan model reaktor ini ditentukan 

melalui perbandingan dengan data eksperimen dari kajian terdahulu. Model ini 

disimulasi untuk menilai kesan beberapa parameter terhadap kadar hidrodesulfurisasi 

dan seterusnya dapat diaplikasikan bagi meningkatkan kecekapan reaktor. 
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CHAPTER 1 

INTRODUCTION 

1.1 Petroleum Industry 

Petroleum industry is one of the largest and important industries with operations 

spread over every corner of the world. This industry covers petroleum products, 

natural gas and petrochemicals. It is continuously evolving to satisfy growing 

demand of fuel and petrochemical feedstock. Transportation fuels such as gasoline, 

diesel and jet fuel are the highest volume products from the petroleum industry [1]–

[3]. Rapid growth of the petroleum industry is mostly credited to the availability of 

vast quantities of oil and gas as feedstock. According to the International Energy 

Agency (IEA), the oil demand is expected to surpass the oil supply by 2012 as shown 

in Figure 1.1 [4].  

 

Figure 1.1: Global oil supply and demand from year 2005 up to 2016 [4] 
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Figure 1.3: Malaysia’s oil production and consumption, 1990–2009 [6] 

1.2 Hydrotreating Units 

The heavy oils contain higher volume of residue with boiling point higher than 

525oC as well as more undesirable components such as sulfur, nitrogen, oxygen, 

halides and metals. Conventional refineries do remove the heteroatoms in 

hydrotreating units. Hydrotreating, which includes hydrocracking, 

hydrodesulfurization, hydrodeoxygenation, hydrodenitrogenation and 

hydrodemetallization, plays an important role in upgrading petroleum streams to 

meet the stringent quality requirements [1]–[3]. With the necessity of using heavier 

crudes while meeting the stringent quality restrictions on the products, future 

hydrotreating units need to be more efficient. Hydrodesulfurization is the focus of the 

present work.  
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2005           2006           2007           2008           2009           2010          2010+ 

1.3 Research Background 

In the pursuit of cleaner environment, developed countries adopted stringent 

specifications on maximum allowable sulfur content in ultra low sulfur diesel 

(ULSD) (15 wppm in America and 10 wppm in Europe). Most other countries still 

have much higher sulfur content in their fuel at the moment. Figure 1.4 presents 

diesel regulatory timeline for the Asia-Pacific region. 

        

Japan   E4 10ppm S 

Hongkong   E4 10ppm S 

Singapore   E2 E4 10ppm S 

Australia   E2 E4 10ppm S 
New 

Zealand   E2 E4 10ppm S 

India 
  

E3 E4 10ppm 
S 

Malaysia   E2 E4 

Thailand   E3 E4 

China   E2 E3 E4 

Indonesia   Country Spesific E2 E3 

Figure 1.4: Diesel regulatory timeline for the Asia-Pacific region. E2 standards at 

500 ppm, E3 standards at 350 ppm, E4 standards at 50 ppm [7]  

Hydrodesulfurization of heavier crudes is carried out by reacting sulfur in the 

crude with hydrogen gas in the presence of a porous catalyst in three phase trickle 

bed reactors. Performance of the trickle bed reactor is influenced by the liquid 

residence time in the reactor, efficiency of liquid solid contact and catalytic reaction 

kinetics. Liquid holdup is an important hydrodynamic parameter as it determines the 

liquid residence time as well as catalyst wetting efficiency. Modeling and simulation 

of the trickle bed reactor seems to be the best approach to evaluate the current 

technologies and to develop strategies to produce desired low level of sulfur 

efficiently. 

 

 



5 

1.4 Knowledge Gaps 

Trickle bed reactors have been the subject of many investigations, and several 

authors have summarized them in various reviews [8]–[15]. Hydrodynamic 

parameters such as liquid holdup and bed pressure drop received extensive attention. 

Several phenomenological models have been proposed so far, such as the 

permeability model of Saez and Carbonell [8], slit based model of Holub et al. [9], 

and fluid-fluid interaction force balance of Attou et al. [10]. Inconsistencies in these 

models were brought out by Carbonell [11]. A fresh look to develop a physically 

realistic model can be useful.  

There were some attempts to develop performance models for 

hydrodesulfurization in trickle bed reactors based on continuum concepts (e.g. 

Bhaskar et al. [12], Rodriguez and Ancheyta [13] and Murali et al. [14]). However, 

the multiphase nature of the reactor and nonlinearities in the parameters make the 

models very complex and intractable for easy application. There is a need to develop 

a realistic easy to use model considering the multiphase nature of reactor applied to 

crude oil desulfurization. 

1.5 Research Objectives and Scope  

The main objective of the present study is to develop a multiphase one dimensional 

cells-in-series model to describe the hydrodesulfurization (HDS) process in a trickle 

bed reactor to estimate the species concentration and temperature profile along the 

reactor. For efficient design of trickle bed reactor systems, model equations for liquid 

holdup and bed pressure drop are needed. Simulations using the model should be 

able to provide strategies for improved performance of HDS unit. The model would 

serve as a guide to understand the reactor behavior.  
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1.6 Thesis Outline 

A review of the literature on sulfur compounds in petroleum crudes, 

hydrodesulfurization process, hydrodesulfurization catalysts, trickle bed reactor, 

liquid holdup, pressure drop, and hydrodesulfurization reactor models is presented in 

Chapter 2. A new model to estimate liquid holdup and pressure drop in trickle bed 

reactors is developed and validated with literature data in Chapter 3. In chapter 4, a 

new model for describing hydrodesulfurization reaction in a trickle bed reactor is 

developed and validated. Chapter 4 also includes the trickle bed reactor model 

simulations to investigate options to improve the reactor performance to reduce 

sulfur content to the prescribed limits. Chapter 5 presents conclusions of the present 

work and recommendation for future work. 



CHAPTER 2 

LITERATURE REVIEW 

Nature of sulfur compounds in petroleum crude is presented in section 2.1. 

Comprehensive descriptions of hydrodesulfurization (HDS) process to reduce sulfur 

content in crude oil are presented in section 2.2. Section 2.3 describes catalysts used 

for HDS reaction while section 2.4 describes reactors employed for HDS process. 

Hydrodynamics of trickle bed reactors is presented in section 2.5, with particular 

emphasis on liquid holdup and bed pressure drop. Relevant experimental information 

on reactor performance is given in section 2.6. Reviews on HDS reaction kinetic 

models as well as HDS reactor models are presented in section 2.7 and 2.8. Section 

2.9 concludes the chapter. 

2.1 Sulfur Compounds in Petroleum Crude 

Sulfur in crude oil is present as compounds such as mercaptans, sulfides, disulfides, 

thiophenes etc. or as elemental sulfur. Sulfur content may vary from as little as 0.05 

wt% to as high as 6 wt%. Most common sulfur contaminates are sulfides, disulfides, 

thiols (mercaptans) and its various thiophenic derivatives. The proportion and 

complexity of sulfur compounds generally increases with the boiling point of the 

distillate fraction [16]–[18]. Table 2.1 shows the distribution of sulfur compounds 

found in petroleum by boiling point. 



8 

Table 2.1: Sulfur compounds in petroleum [1] 

 

Presence of sulfur compounds in the petroleum streams is highly undesirable as 

they can cause corrosion of pipes, tanks and other process equipment. Moreover, 

they can deactivate some of the catalysts used in crude oil processing. Combustion of 

petroleum products containing sulfur compounds can release large quantities of 

sulfur dioxide into the atmosphere causing air pollution. Sulfur dioxide in the 

atmosphere can react with moisture in the air to pollute water streams through acid 
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rain. This can in turn affect agricultural land [1]–[2], [18]–[20]. Thus, reducing the 

sulfur content in the crude by treating with hydrogen in the presence of a suitable 

catalyst is essential.  

The reactivity of sulfur compounds varies depending on the electron density on 

the S atom. The higher the electron density on S atom and the weaker C-S bond, the 

higher the reactivity of sulfur compounds. Sulfur compounds in low boiling crude oil 

fractions are very reactive and can be removed easily from the crude oil in 

hydrotreating process. Sulfur contained in paraffins is easier to remove than 

naphthenes followed by aromatics. Sulfur in higher boiling crude oil fractions is 

included in ring compounds such as thiophenic rings, and they are much less 

reactive. The reactivity of sulfur compounds in high boiling crude oil decreases in 

the order thiophene > alkylated thiophene > benzothiophene > alkylated 

benzothiophene > dibenzothiophene. Many studies on hydrodesulfurization of sulfur 

compounds present in the gas oils mainly as dibenzothiophene and its alkyl 

derivatives have been reported in the literature [21]–[23]. 

2.2 Hydrodesulfurization Process 

Sulfur content in the hydrocarbons can be reduced by reaction with hydrogen in a 

hydrodesulfurization (HDS) unit in presence of catalysts such as mixed sulfides of 

NiMo or CoMo supported on alumina. In the same reactor, other unwanted 

heteroatoms such as oxygen, nitrogen and metals may also be reduced. Depending on 

the operating conditions, there can be hydrocracking as well to produce lighter 

hydrocarbon. These processes are together referred to as hydrotreating processes [1], 

[2], [18], [19]. 

Hydrodesulfurization process for light feed (gas phase) is frequently performed 

in vapor phase fixed bed reactors. For heavier fractions, the reaction is commonly 

accomplished in trickle bed reactor. In this mode, gas (hydrogen) and liquid (oil) 

flow co-currently downward through a catalytic packed bed to undergo chemical 

reactions [19]–[20], [24]. Sulfur atoms attached to the hydrocarbon molecules in the 

liquid phase react with dissolved hydrogen on the surface of catalyst to form 

hydrogen sulfide.  
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The hydrodesulfurization reaction can be represented as follows 

)()()()(. 2
catalyst

2 GSHLHCGHLSHC + →+              (2.1) 

HDS reactors operate at elevated temperatures in the range of 300–450ºC and 

elevated pressures, in the range of 0.7–15MPa. The operating conditions are a 

function of type of feed and the desired level of desulfurization in treated product [1], 

[3], [16]. All hydrotreating reactions are irreversible and exothermic in nature. 

Presence of higher levels of sulfur can lead to substantial increase in reactor 

temperature and it can be controlled by quenching with cooler hydrogen and liquid 

stream (Figure 2.1). Reviews on hydrogen and liquid quenching have been described 

by Alvarez and Ancheyta [24].  

 

Figure 2.1: Quenching alternatives for the industrial VGO hydrotreater  

(a) hydrogen quenching (b) liquid quenching [24] 

Many past studies have reported that increasing reactor temperature would 

enhance hydrodesulfurization reaction rate [14], [25]–[27]. However, it should be 

noted that high temperature also may cause excessive hydrocracking of the feed 

which in turn reducing desirable product yield. Also, it can lead to coke formation 

and shorten catalyst cycle life [1], [18], [28].  

Hydrogen partial pressure is an important variable to manipulate to achieve 

satisfactory performance. It is affected by reactor pressure and hydrogen purity in the 

feed gas. Increasing reactor pressure leads to an increase in hydrogen partial 
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pressure, thus improves the solubility of hydrogen gas and the driving force for gas-

liquid mass transfer. An increase in hydrogen purity would decrease the hydrogen 

sulfide partial pressure and thus reduces the hydrogen sulfide inhibition effect. 

Operation at high hydrogen partial pressure not only favors the HDS reaction rate, 

but also can diminish the coke deposits on the catalysts and hence increases the 

catalysts life. Hydrogen requirements for the hydrodesulfurization process depend 

upon the degree of desired sulfur removal [16], [18], [28].  

2.3 Hydrodesulfurization Catalysts 

Mixed metal sulfides of molybdenum promoted by cobalt or nickel and supported on 

a high surface area of γ-alumina, Al2O3 are used as the catalyst for 

hydrodesulfurization reaction. Nickel-molybdenum catalyst is often chosen when 

higher activity is required [29]–[31]. The high surface area in a porous catalyst 

particle is essentially due to pore size. Based on pore size, catalysts can be identified 

as 

1. Microporous catalysts (pore diameter ≤ 2 nm),  

2. Mesoporous catalysts (pore diameter 2–50 nm) and  

3. Macroporous catalysts (pore diameter ≥ 50 nm).  

 

Figure 2.2: Schematic representation of catalyst structure [30] 

Micropore 

Macropore 

Mesopore 
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Effective utilization of catalyst is determined by the pore diffusion of reactants 

into and products out of the pores. The larger the diameter of the catalyst particle, the 

lower the effectiveness factor. However, the use of smaller particles increases bed 

pressure drop. So it is necessary to find the optimal size of catalyst particle [32]–

[35].  

Bed voidage is around 0.4 for spherical and near spherical particles, and bed 

pressure drop is high with such a low bed voidage. To reduce bed pressure drop, 

there were many attempts to increase bed voidage by creating particle of different 

shapes such as big particles with multi holes (like Raschig rings) and small diameter 

multi lobe extrudates. Extrudate particles of sizes with diameter of 0.13-0.3 cm are 

the preferred catalyst type for HDS process [29], [31]–[34]. Typical particle shapes 

of industrial hydrotreating catalysts are shown in Figure 2.3.  

 

Figure 2.3: Particle shapes of industrial hydrotreating catalysts [33] 

Various investigations on the effect of particles shape and size on HDS catalyst 

behavior have been reported in the literature [31]–[35]. De Bruijn et al. [31] studied 

the influences of non-cylindrical shape of extrudates on the HDS of oil fractions. 

They found that non-cylindrical extrudates provides a higher catalyst activity 

compared to the cylindrical extrudates. Cooper et al. [33] emphasized that particle 
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size, shape, pore size and catalyst loading should be taken into account for reliable 

design of hydrotreating catalysts.  

2.4 Trickle Bed Reactors 

Trickle bed reactors are the most frequently used reactors for hydrodesulfurization of 

oil fractions. In trickle bed reactors, gas and liquid reactant flow concurrently 

downwards over a fixed bed of catalyst particles (Figure 2.4). There is no flooding 

limitation due to the concurrent downflow and hence velocities can be high. This 

improves gas-liquid mass transfer. Also, the gas-liquid flow approaches plug flow 

characteristics and can provide better conversions [15], [36].  

However, gas-liquid reactions such as hydrogenations and oxidations often suffer 

from the low solubility of the gas phase reactant in the liquid phase. Therefore, 

elevated pressures are required to increase the solubility of gas reactants in the liquid 

phase which in turn can increase the conversion rate. Also, it was reported that high 

pressure enables to slow down the catalyst deactivation [37]–[38]. In most industrial 

applications, trickle bed reactors operate adiabatically at high temperatures (350°C to 

425°C) and high pressures (up to 30 MPa). Industrial reactors can reach up to 3 m in 

diameter and up to 30 m in height. Fluid phase maldistribution can be a problem in 

trickle bed reactors which may give rise to hot spots, catalyst sintering and poor 

performance [15], [20], [37]. 

Due to higher hydrogen sulfide concentration in the reactor outlet, conversion of 

sulfur compounds in the exit region can be restricted by product (H2S) inhibition. A 

few investigators proposed that countercurrent operation can be helpful (e.g. 

Mederos and Ancheyta [36], Cheng et al. [39], and van Hasselt et al. [40]). However, 

countercurrent operation restricts the operating flexibility due to flooding.  
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Figure 2.4: Schematic diagram of trickle bed reactor [15] 

2.5 Reactor Hydrodynamics 

In gas-liquid reactions, net reaction rate depends on: 

i. Mass transfer of reactants from gas to liquid 

ii.  Mass transfer of reactants from liquid into the porous particle 

iii.  Reaction at catalytic surface in the pores  

iv. Mass transfer of products in the pores of catalyst particle to liquid and gas.  

Mass transfer rates depend on the interfacial area of contact and mass transfer 

coefficients which in turn depend on the relative velocity between the phases. Actual 
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gas and liquid velocities through the reactor depend on the phase holdups which can 

together be expressed as   

1=++ GLp εεε  

where the sum of the volume fractions of the gas and liquid adds up to the bed 

porosity.  

εεε =+ GL  

Thus, conversions in trickle bed reactors depend on the reaction kinetics as well as 

reactor hydrodynamics [41]. 

Reactor hydrodynamics can be described using hydrodynamic parameters such as 

flow regime, flow rates, pressure drop, liquid holdup, mass transfer and heat transfer. 

Among them, liquid holdup and two phase pressure drop are the main parameters 

that impact interfacial mass transfer, reactor performance and power consumption for 

the operation [42]–[43]. Therefore, understanding of the hydrodynamics of trickle 

beds is essential for reliable scale up for process design and performance evaluation. 

A number of empirical correlations [44]–[46] and models such as relative 

permeability model [8], [47]–[49], slit model [9], [50]–[53], and CFD models [10], 

[54]–[56] have been proposed to explain trickle bed reactor hydrodynamics. A brief 

review of trickle bed reactor hydrodynamics is presented in the following section.  

2.5.1 Hydrodynamic Regimes 

Flow regimes primarily depend on gas and liquid superficial velocities, together with 

the fluid properties as well as particles packing. They can be classified as low 

interaction regime (trickle flow regime) and high interaction regime (pulse, spray and 

bubble regimes) [57]. The flow regime boundaries with respect to gas and liquid 

flow rates are schematically shown in Figure 2.5. 
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Figure 2.5: Schematic illustration of hydrodynamic regimes with respect to gas and 

liquid flowrates [58] 

In the low interaction regime at low liquid and gas flow rates, the liquid trickles 

over the packing in the form of films and rivulets while the gas flows in the 

remaining void space as a continuous phase. This regime is known as trickle flow 

regime. In the high interaction regime at higher liquid flow rates and low gas flow 

rates, in bubble flow regime, liquid flows as a continuous phase and gas flows as 

dispersed bubbles. At higher gas flow rates and lower liquid flow rates, in the spray 

flow regime, gas flows as a continuous phase and liquid flows as dispersed drops. At 

high gas as well as liquid flow rates, in the pulse flow regime, both the phases flow 

as alternate pulses of slugs of gas and liquid. The pulsing flow regime has 

significantly higher pressure fluctuations and higher pressure drop. Reactors are 

often operated in the trickle regime closer to pulse flow regime [41], [57]–[58].  

Trivizadakis et al. [35] investigated the effect of particle size and shape 

(spherical of diameter 3–6 mm and cylindrical of diameter 3mm) on flow transitions 

and observed that the flow transitions were not affected by the particle size. 

However, the location of trickling to pulsing transition boundary shifts to higher gas 

flowrates when cylindrical extrudates were employed. 

 

Liquid flowrate 

Trickle flow 

Pulsing flow 

Spray 
 flow 

Bubble flow 

Trickle flow Bubble flow Spray flow 

Gas phase 

Liquid phase 

Solid phase 
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2.5.2` Pressure Drop in Packed Beds 

2.5.2.1 Single Phase Pressure Drop 

Energy required to move fluid through the reactor and hence the operating cost 

depends on the pressure drop across the reactor. Pressure drop for single phase flow 

in packed beds can be estimated by Ergun’s equation [59]. 
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The first term on right hand side represents the viscous energy losses in laminar 

flow while the second term represents kinetic energy losses in turbulent flow. 

)( 21 PP −  is the pressure drop through the packed bed, Z is the bed length or height, ε 

is the bed voidage, ou  is the superficial velocity of fluid flow, ρ  is the fluid density, 

µ  is the fluid dynamic viscosity, Ф is the particle sphericity and pd  is the particle 

diameter. For spherical particles, the value of Ф is 1. For beds with non-spherical 

particles and non uniform size particles, an equivalent particle diameter may be used. 

Bed porosity (ε) is defined as void fraction in the bed. 

bed of   volumetotal

bed  in the  particlesbetween     voidsof  volume=ε  

Note that a small change in bed voidage has a large effect on the pressure drop. 

Based on experimental data, Ergun [59] obtained the viscous flow constant (E1) and 

inertia flow constant (E2) as 150 and 1.75 respectively.  

Over the past years, classical values of the Ergun constants (150 and 1.75) have 

been the subject of considerable debate. Different values for E1 and E2 have been 

reported by different investigators for different bed geometries. Macdonald et al. [60] 

proposed modified values of E1=180 and E2=1.8 based on large experimental data 

base. For rough particle shape, they suggested using a value of E2=4.0. The 

numerical constants 180 and 1.8 have been used by other researchers (e.g. Saez and 

Carbonell [8] and Grosser et al. [61]). Kundu et al. [62] proposed values of 250 and 

2.1 for spherical nonporous packing. Ozahi et al. [63] recommended values of 160 
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and 1.61 for predicting pressure drop through packed bed with circular or non-

circular particle packing. Nemec and Levec [32] claimed that the coefficients (150 

and 1.75) in the Ergun equation are not constants but depend on the Reynolds 

number, porosity and particle shape. In view of this, they proposed an improvement 

to the original constants using empirical functions for non-spherical particles, where 

the original values were retained for spherical particles. Iliuta et al. [64] suggested 

neural network model to improve Ergun constants for various bed configurations. 

2.5.2.2 Pressure Drop for Two Phase Flow in Packed Beds 

Pressure drop for two phase flow through packed beds received great attention over 

the last several decades due to its importance in the design of packed bed absorbers, 

extractors and distillation units and trickle bed reactors [50]–[53], [64]–[66]. A 

variety of bed packing elements were developed for applications in absorption, 

distillation and extraction to increase bed voidage and external surface area per 

volume of bed. Voidage of a randomly packed bed of spherical particles is around 

0.4 and voidage in modern structured metal packing can be as high as 0.98. Energy 

consumption in trickle bed reactors per a given throughput for a given conversion 

also decreases with increase in bed voidage [35], [67]. As the catalyst particles are 

highly porous in nature, their mechanical strength is low and restricts the level of 

voidage that can be employed (generally less than 0.6). In trickle bed reactors, size of 

catalyst particles need to be small to minimize pore diffusion effects. In view of this, 

multilobe catalyst extrudate particles are preferable [67] as higher effectiveness 

factor and lower pressure drop can be achieved.  

Two phase pressure drop depends on velocities of gas and liquid phases, physical 

properties of the flowing fluids, operating variables and bed characteristics. Saroha 

and Khera [65] investigated the effect of gas and liquid velocities on two phase 

pressure drop in trickle beds. They observed that the pressure drop increases with 

increasing gas and liquid velocities. Aydin and Larachi [68] studied the effect of 

temperature, pressure (gas density) as well as gas and liquid velocities on bed 

pressure drop. They observed bed pressure drop decreases with temperature, 

increases with operating pressure and gas velocity. The effect of temperature was 
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more pronounced at higher gas and liquid velocities. Trivizadakis et al. [35] observed 

that bed pressure drop increases with decreasing particle size for spherical particles. 

They also observed that pressure drop with cylindrical particles was higher than with 

spherical particles.  

2.5.2.3 Pressure Drop Correlations for Two Phase Flow in Packed Beds 

There are many correlations for two phase pressure drop that were established on the 

basis of experimental data obtained in a wide range of operating conditions. One 

approach is based on the Lokhart-Martinelli concept according to which the ratio 

(∆PLG/∆PG) is correlated with the ratio (∆PL/∆PG) [69]. Some others adopted Ergun’s 

equation for two phase flow in packed beds considering the presence of liquid holdup 

in the bed. Some of the correlations are summarized in Table 2.2. 
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Table 2.2: Some correlations for two phase flow in packed beds 

Reference Correlation 
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The terms of GL X,Re and hd are same as Ellman’s correlation.
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2.5.3 Liquid Holdup 

Liquid holdup is a prime hydrodynamic parameter as it determines the residence time 

of the liquid phase reactant in the reactor. The liquid holdup has direct or indirect 

affect on the following parameters [65]–[66], [68]. 

i) actual gas and liquid velocities through the reactor  

ii)  pressure drop  

iii)  gas-liquid mass transfer  

iv) heat transfer  

v) degree of catalyst wetting  

vi) thickness of the liquid film covering the particles 

vii)  provides thermal stability due to the high heat capacity of liquid phase  

Total liquid holdup )( Lε  is defined as the total volume of liquid held in the 

reactor per volume of empty reactor. Liquid holdup in trickle beds with non porous 

particles was considered to be made up of two components which are static holdup

)( Lsε  and dynamic holdup )( Ldε . Static holdup can be described as liquid fraction 

that could not be drained out by gravity while dynamic holdup is liquid freely 

flowing in between the particles [72]. In trickle beds with porous particles, liquid 

held inside the catalyst pores contributes to the liquid holdup and it is refer as 

internal holdup ( )int,Lε [72]. Thus, total liquid holdup can be expressed as 

int,LLdLsL εεεε ++=
 
               (2.3)

 

Some investigators present information as liquid saturation instead of liquid 

holdup. Liquid saturation is defined as the liquid volume contained in void volume of 

column. It can be described as 

ε
εβ L=                  (2.4)

 

Most of the investigators reported measurement of liquid holdup in packed beds 

with non porous particles using liquid drainage [45], [73], [74], [75] or liquid tracer 

techniques [68], [72]. For packed beds with porous catalytic particles, Trivizadakis et 

al. [35] and Ayude et al. [76] employed tracer technique to measure the liquid 

holdup.  
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Basically, draining method is used to measure the dynamic saturation (dβ ) by 

simultaneously shutting off the gas and liquid input and collecting the liquid at the 

bottom of the bed. The flowing liquid holdup is determining by the balance of 

gravitational force, pressure drop over the column and resisting force (drag force at 

liquid solid interface and surface tension force). Static saturation ( sβ ) is the amount 

of liquid remaining in the packed bed after the draining period [73]–[75]. For the 

tracer technique, liquid holdup is measured through RTDs for different reactor 

length. A tracer pulse is injected into the liquid flow that enters the bed. The tracer 

concentration continuously recorded using the conductance probes inserted in the 

bed to get RTD curves different axial positions. Liquid holdup is calculated from the 

mean liquid residence time and contrasted to the normalized conductance measured 

by each probe. Reviews on experimental installation and the procedure employed 

have been described by Ayude et al. [76].  

The influence of the liquid and gas velocities on liquid holdup have been studied 

by several investigators (e.g. Saroha and Khera [65]; Guo and Al-Dahhan [66], Fu 

and Tan [72]; Xiao et al. [75]). Higher gas velocity results in lower liquid holdup 

while higher liquid velocity results in higher liquid holdup. Trivizadakis et al. [35] 

observed that liquid holdup with smaller porous cylindrical extrudates is higher than 

with larger spherical particles. Sidi-Boumedine and Raynal [77] investigated the 

effect of liquid viscosity on liquid holdup in structured packing under concurrent 

downflow with liquid viscosity varies from 1 to 20 cP. These authors observed that 

liquid holdup (both static and dynamic) increases with increasing liquid viscosity. 

Similar observations were also reported by Fu and Tan [72] and Xiao et al. [75]. 

However, Xiao et al. [75] noticed that the effect of liquid viscosity is more 

pronounced in trickling flow than pulsing flow. Guo and Al-Dahhan [66] 

investigated the influence of reactor pressures on the external liquid holdup in trickle 

beds with porous particle and found that liquid holdup decreases with increasing 

pressure. Aydin and Larachi [68] observed that liquid holdup decreased with an 

increase in temperature, pressure and gas velocity. 
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2.5.3.1 Liquid Holdup Correlations 

Static holdup is due to interfacial forces holding the liquid weight. In most of studies 

so far, static holdup was not extensively investigated either experimentally or 

theoretically. Charpentier et al. [78] first presented a correlation for static holdup as 
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To account for the dependence of static holdup on void fraction, Saez and 

Carbonell [8] recommended modification of dp to dp(1-ε). Kramer [71] recommended 

a correlation for static holdup based on assumption that static liquid is retained in 

liquid pendular bonds around contact point between touching spheres. 
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Sidi-Boumedine and Raynal [77] observed that static liquid holdup also can get 

affected by viscosity  
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Over the years, a number of empirical correlations devoted to dynamic/total 

liquid holdup have been established, as listed in Table 2.3. Specchia and Baldi [73] 

made use of Davidson’s model [79] based on liquid film flow and introduced a 

modified Galileo number in which the gas flow is taken into account by pressure 

gradient. Ellman et al. [45] proposed a correlation for dynamic liquid holdup for high 

interaction regime by incorporating a modified Lockhart-Martinelli parameter, 

Reynolds number and Weber number for the liquid phase. Later, Larachi et al. [46] 

measured total liquid holdup up to 8.1 MPa by means of tracer technique, and 

derived more simple correlation for them. Fu and Tan [72] proposed an equation 

considering the dependence of total liquid saturation ( )Lβ  on liquid viscosity and 

particle size. Xiao et al. [75] correlated dynamic liquid holdup in terms of interstitial 

velocity ratio. 
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Table 2.3: Empirical correlations of liquid holdup 

Reference Correlation 
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Table 2.3 (continued) 

Reference Correlation 
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2.5.4 Two Phase Flow Models 

Many of the equations for pressure drop and liquid holdup were developed using 

dimensionless groups of the operating variables. The empirical correlations are 

applicable only in their specific narrow range of process conditions. Many attempts 

are being made to model the multiphase flow in trickle bed reactors to develop 

predictive equations. Most of the models were formulated based on continuity and 

momentum equations for the gas and liquid phases, coupled with the drag forces 

between the fluid phases and particles. The drag forces were described by using 

appropriate closure terms. These models do have some adjustable parameters that 

need to be determined experimentally.  
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2.5.4.1 Relative Permeability Model 

Saez and Carbonell [8] have modified the Ergun equation for single phase flow in 

packed beds to model two phase flows through a porous media by introducing 

relative permeability concept (kα) in the expression of drag force for each phase.  
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The constants E1 and E2 in eq. (2.9) are the Ergun constants for single phase flow 

in the packed beds [59]. αRe  and αGa  are Reynolds and Galileo numbers for α 

phase respectively.  
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Saez and Carbonell [8] related gas relative permeability to gas saturation and 

liquid relative permeability to reduced saturation and developed the following 

correlations based on the literature data 
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They assumed that the flow is one-dimensional and the liquid holdup is independent 

of reactor length. Liquid holdup and pressure drop thus can be evaluated as  
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This model was extended by Lakota et al. [47], Nemec et al. [48], and Nemec 

and Levec [49] by proposing new closure laws for relative permeabilities. Lakota et 

al. [47] proposed  

30       ,92.2 . δk LLL ≥= δ                    (2.17) 

30  ,4.0 12.2 . δk LLL <= δ                   (2.18) 

for the liquid phase regardless of the particle shape and size, and  

( ) 774.0Re0.0478       , G
n
GG nk ×+== λβ                 (2.19) 

for the gas phase. The constant λ for spheres is 4.37 while for extrudates is 3.31. 

Nemec et al. [48] have conducted experimental studies and found that the 

correlation for gas phase permeability given by Lakota et al. [47] as presented in eq. 

(2.23) underpredicts the experimental observations. Thus, they proposed a 

correlation for gas relative permeability which explained the experimental data 

reasonably well. 

9.35.0 GGk β=                          (2.20) 

Nemec and Levec [49] confirmed through their extensive experimental studies in 

a wide range of operating conditions and shapes and sizes of particles that the 

relative permeabilities are functions of the phase saturation. They proposed new 

correlations for gas phase 

64.0  ;4.0 6.3 ≤= GGGk ββ                         (2.21) 

64.0  ;5.5 >= GGGk ββ               (2.22) 

2.5.4.2 Slit model  

Holub et al. [9] visualized two phase flow in trickle beds as equivalent to two phase 

flow in tortuous channels. They considered two phase flow through an inclined slit 

(Figure 2.6). They assumed no shear stress at gas-liquid interface. 
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Figure 2.6: Schematic representative of slit model [9] 

Their model compared well with experimental observations with a better 

accuracy than the existing correlations (i.e. Ellman et al. [45] and Larachi et al. [46]). 

However, Al-Dahhan and Dudukovic [43] observed that the Holub model 

underpredicts at high pressure and high gas flowrates due to interaction at the gas-

liquid interface is not accounted in the model. Al-Dahhan et al. [51] extended the 

Holub model by incorporating empirical velocity and shear slit factors between the 

phases to improve the predictions.  
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Iliuta and Larachi [52] generalized Holub slit model by considering partial 

wetting. Iliuta et al. [53] developed a slit model by incorporating wall effect 

functions into the drag force equations 
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2.5.4.3 Fluid-fluid Interaction Force Model 

Attou et al. [10] modeled trickle flow by annular flow pattern in which the gas and 

the liquid flow are completely separated by a smooth and stable interface. The drag 

force on each phase is contributed from fluid-fluid interaction as well as from the 

particle-fluid interactions.  
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Boyer et al. [74] extended the Attou’s model by incorporating two phase flow 

tortuosity in liquid-solid drag force.   

( ) ( )( ) ( )22 1  1 GGGLGGGL
n

GLLLSLLLSGLS uBuAuBuAF ρµερµε ++−+−=         (2.32) 

The exponent n was found to be -0.54 for aqueous fluids and -0.02 for organic fluids. 
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2.5.4.4 Computational Fluid Dynamic Model 

In recent times, application of Computational Fluid Dynamics (CFD) techniques to 

simulate two phase flow in packed beds is being attempted. Most of the previous 

studies applied fluid-fluid interaction force model as closure model in CFD 

calculations for simulating the flow through packed bed [54]–[56], [81]. Jiang et al. 

[81] developed a two dimensional CFD model including variation of bed porosity. 

Souadnia and Latafi [82] used the CFD model for predicting liquid saturation and 

pressure drop in the trickling flow.  

Gunjal et al. [54] developed 3-dimensional CFD model to predict liquid phase 

mixing and liquid flow distribution. Gunjal et al. [55] adopted CFD model to 

simulate spray flow regime and hysteresis on pressure drop in trickle bed reactors. 

Atta et al. [56] developed a two phase Eularian CFD model for gas-liquid flow in 

packed beds by applying relative permeability concept as closure terms. The 

simulation results compared well with the experimental data from literature. Table 

2.4 summarized various approaches towards hydrodynamic models for two phase 

flow in trickle beds. 
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Table 2.4: Various approaches for hydrodynamics modeling in trickle beds 

Approaches Remark 

Relative permeability model 

Saez and Carbonell [8], Lakota et 

al. [47], Nemec et al. [48], Nemec 

and Levec [49] 

 

Slit model 

Holub et al. [9], Holub et al. [50], 

Al-Dahhan and Dudukovic [43], 

Al-  Dahhan et al. [51], Iliuta and 

Larachi [53]                   

 

Fluid-fluid interfacial force model 

Attou et al. [10], Boyer et al. [74], 

Narasimhan et al. [83] 

 

Computational fluid dynamics 

Gunjal et al. [54], Gunjal et al. 

[55], Atta et al. [56], Jiang et al. 

[79], Souadnia and Latifi [82] 

Ergun equation has been modified to 

account the presence of second flowing 

phase by incorporation of relative 

permeability in each phase.  

 

A modified form of Ergun equation. The 

model represents the complex geometry of 

the actual void space in a packed bed of 

particles as a simple inclined slit.  

 

 

Fully wetted flow of gas and liquid phases 

The drag force on each phase are comprised 

of particle-fluid and fluid-fluid interactions.  

 

Relatively complex and computationally 

expensive. Boundary conditions are 

empirical (closure problems). Capable of 

dealing 2 and 3 dimensions 

2.5.4.5 Comparisons of Two Phase Flows Models 

Various approaches for predicting liquid holdup and pressure drop in trickle bed 

reactors (relative permeability model, slit model, fluid-fluid interfacial model and 

empirical correlation) have been compared with experimental data in trickling 

regime by Larachi et al. [46] to evaluate the models. The deviations between the 

models developed by various authors and experimental data are shown in Table 2.5.  
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Table 2.5: Mean absolute relative error for liquid holdup and pressure drop [46] 

Correlations Liquid holdup (%) Pressure drop (%) 

Saez and Carbonell [8] 

Holub et al. [9] 

Attou et al. [10] 

Ellman et al. [45] 

Larachi et al. [46] 

Al-Dahhan et al. [51] 

19 

18 

20 

25 

20 

13 

53 

70 

61 

70 

72 

68 

As can be seen in Table 2.5, none of the models are reliable in spite of the empirical 

correlations incorporated into the models. Among the models, slit model provides a 

reasonable estimate for liquid holdup while relative permeability model provides a 

reasonable estimate for pressure drop. Still, it is necessary to look for alternate 

approaches to describe two phase flow in trickle bed reactors as well as packed bed 

absorbers, distillation units and extractors. 

2.6 Reaction Kinetics of Hydrodesulfurization. 

2.6.1 Representation of Sulfur Compounds 

Sulfur is present in crude oil in the form many types of hydrocarbon compounds. 

Quantitative evaluation of reaction kinetics of hydrodesulfurization of the various 

sulfur compounds is an immense task. Some investigators grouped various sulfur 

compounds in terms of a few lumps (e.g. Ma et al. [84] and Shabina et al. [85]). 

Quantitative modeling of the performance of hydrodesulfurization reactor with so 

many lumps also can be formidable. To minimize the difficulty, a few considered 

sulfur componds as a single lump in developing models to explain the performance 

of industrial units (e.g. Bhaskar et al. [12], Rodriguez and Ancheyta [13] and Murali 

et al. [14]). Desulfurization of dibenzothiophene is less reactive among sulfur organic 
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compounds and it can be taken as the controlling compound to represent reaction 

kinetics of desulfurization of sulfur compounds in crude oil.  

2.6.2 Reaction Kinetics 

Two main models to kinetically model HDS are the power law and Langmuir 

Hinshelwood. Macias and Ancheyta [29] and Ancheyta et al. [86] conducted 

experimental studies to determine kinetics of HDS reaction described by power-law 

model.  

n
A

A kC
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               (2.33)

 

The value of n depends on the type and distribution of sulfur compounds in the oil 

fraction as well as on the catalyst employed. The apparent rate constant was 

calculated from the nth order rate equation.  
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where k is apparent rate constant for hydrodesulfurization, n is order of reaction, Sp is 

sulfur in product (wt%) and Sf is sulfur in feed (wt%).  

The Power Law model is simple but it unable to account for inhibition in the 

reaction processes. On the other hand, the Langmuir-Hinshelwood model is complex 

but has advantage of taking into account the inhibition in reaction processes. Most of 

the kinetic studies of hydrotreating that using Langmuir-Hinshelwood are based on 

sulfur and nitrogen model compounds which include hydrogen sulfide (H2S) and 

ammonia (NH3) as inhibiting species. The general reaction steps for Langmuir-

Hinshelwood model are as follows [87]; 

1) Adsorption of the reactant (A) on the active site of the catalyst with an 

adsorption factor; KA  

2) Reaction of A on the surface of catalyst with other reactants adsorbed on 

other  sites 

3) Desorption of the products from the active sites into the bulk fluid.  
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Broderick and Gates [88] analyzed the reaction kinetics of both the 

hydrodesulfurization and the hydrogenation reactions of dibenzothiophene using an 

isothermal plug-flow reactor, and recommended the reaction kinetics is based on 

Langmuir-Hinshelwood expression. Korsten and Hoffmann [89] presented a single 

lump model with Langmuir-Hinshelwood kinetics to account for hydrogen sulfide 

inhibition. Froment [21] proposed kinetics for hydrogenation and 

hydrodesulfurization reactions by accounting the adsorption of various reacting 

species on two types of active sites. Table 2.6 presents different models of kinetic 

equations of Langmuir-Hinshelwood and power type. 

 

Table 2.6: Selected kinetic models for hydrodesulfurization reaction 
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where r is the reaction rate, k is the rate constant, Ki are equilibrium constants; Pi are 

pressure values; and the subscripts DBT, H2, H2S and S refer to dibenzothiophene, 

hydrogen, hydrogen sulfide and sulfur respectively. 

2.7 Experimental Information on HDS Reactor Performance 

A lot of experimental studies have been performed to investigate the impact of 

process variables on HDS reactor performance. Jimenez et al. [27] conducted an 

experimental study on hydrodesulfurization of vacuum gas oil (VGO) in the ranges 

of operating conditions; for temperature 330–390oC, pressure 6–10MPa, and liquid 

hourly space velocity (LHSV) 1–3h-1 and gas/oil ratio 4.6–6.25. Experimental 

observations show that high temperature and pressure while low LHSV improve the 

sulfur conversion. Similar studies also have been performed by other researchers by 

changing pressure, H2/CH ratio and LHSV, and keeping other parameters constant 

[13], [14], [25]. They found the similar observations as Jimenez’s, and used the 

results for estimating kinetic parameters. Table 2.7 provides some published 

experimental data from various investigators on reactor performance. 
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Table 2.7: Experimental data on hydrodesulfurization performance 

Process conditions Results 

  Rodriguez and Ancheyta [13] 

       H2/HC = 2000ft3/bbl 

       LHSV =2h-1  

       Pressure = 54kg/cm2 

       Temperature = 340–380oC 

  Murali et al. [14] 

       H2/HC = 200–600Nm3/m3 

       LHSV = 0.8–2.6h-1  

       Pressure = 4.0–6.0MPa 

       Temperature = 340–365oC 

  Sertic-Bionda et al. [25] 

       H2/HC = 0.118, 0.354 and 0.590 Nm3/kg 

       LHSV = 1.0–2.5h-1  

       Pressure = 40–65 bar 

       Temperature = 300oC 

  Jimenez et al. [27] 

       H2/HC = 4.5–6.25 

       LHSV = 1.0–3.0h-1  

       Pressure = 6–10MPa 

       Temperature = 330–390oC 

 

 

 

 

 

 

 

All the experimental studies 

confirmed that  high 

temperature and pressure 

while low LHSV improve 

the sulfur and nitrogen 

conversion 

 

 

 

 

 

2.8 Hydrodesulfurization Reactor Models 

It is prudent to say that hydrodesulfurization process is very complex. Most of the 

HDS reactor models have used continuum concept for describing 

hydrodesulfurization phenomenon in the reactor. These models were developed 

based on conservation equations of mass and energy and assume plug flow for each 
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phase which subsequently led to the system of non-linear differential-algebraic 

equations. The available information on HDS reactor models is reviewed. 

Korsten and Hoffman [89] adopted trickle bed reactor modeling technique to 

hydrotreating processes operated under isothermal conditions. This model 

incorporated hydrodynamics, mass transfer at gas-liquid and liquid-solid interfaces 

considering the properties of oil and gases. Langmuir-Hinshelwood type reaction 

kinetics was adopted. The simulation results were in good agreement with 

experimental data over a wide range of temperature, pressure, space velocity, and 

gas-oil ratio. Bhaskar et al. [12] used the model of Korsten and Hoffmann [88] to 

simulate the HDS of an atmospheric gas oil fraction under adiabatic conditions. The 

model incorporates mass and energy balances as well as partial wetting.  

Besides, Murali et al. [14] and Mederos and Ancheyta [36] developed trickle bed 

reactor model for hydrotreating reactions considering heat release effects. With rise 

in the level of sulfur content in the crudes, the reactor temperature can be higher and 

can be controlled by quenching the catalyst beds with cooler hydrogen injection. 

Alvarez and Ancheyta [24] also applied the model of Korsten and Hoffmann [88] to 

simulate the behavior of hydrotreating reaction system with and without the injection 

of four quench fluids; VGO, diesel, hydrogen and water. Jimenez et al. [27] modeled 

simultaneous HDS, HDN and HDO. Macias and Ancheyta [29] modeled the HDS 

reactor considering the effect of particle shape in an isothermal reactor. They found 

that particle size and pore geometry have significant effect on reactor performance. 

Liu et al. [26] and Mederos et al. [94] developed a system dynamic model for 

hydrotreating for optimization studies.  

The HDS reactor models developed so far are quite complex and not modular in 

structure. It is felt that developing a HDS reactor model in terms of cells-in-series 

structure can be simpler and helpful in utilization of nonlinear parameters such as oil 

and gas properties, heat and mass transfer parameters.  
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2.9 Conclusions 

With the depletion of good quality light crudes, processing of heavier crudes with 

higher sulfur content is becoming necessary. The possibility of desulfurization of 

heavier sour crudes in trickle bed reactor is receiving much attention in recent times. 

Strategies for improved design, operation and optimization can be worked using a 

reliable reactor model through simulation.  

Liquid holdup is an important hydrodynamic parameter that defines the residence 

time for liquid phase in the reactor and hence the degree of conversion. Many 

investigators reported experimental measurements on liquid holdup. Some empirical 

correlations are available. Equations based on physically realistic model are still not 

available. An attempt to develop a physically realistic model for liquid holdup and 

pressure drop in trickle beds is made in the present work. 

A few researchers proposed models for the performance of trickle bed reactors. 

Models based on continuum concepts to describe the multiphase flow contact in 

trickle beds with nonlinear reaction kinetics, exothermic reactions and transport 

model parameters are unrealistic and solution by even numerical methods is tough. It 

is necessary to develop simpler model to describe the already complex problem. In 

view of this, an attempt is made to develop one dimensional cells-in-series model to 

describe the desulfurization of crudes in trickle bed reactors. 
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Notation 

sa  Liquid-solid interfacial area per unit volume of the reactor 

A Reactant 

Ai, Bi Interfacial momentum transfer coefficients 

CA Concentration of a in product 

Co Cobalt 

pd  Particle diameter 

hd  Hydraulic diameter 

ed
 

Equivalent particle diameter 

DBT Dibenzothiophene 

oE  Eötvös number, σρ /2
pL gd   

1E  Constant in the viscous term of Ergun type equation 

2E  Constant in the inertia term of Ergun type equation 

αF  Drag force on the α phase per unit volume  

sf  Phase interaction parameter (shear) 

vf  Phase interaction parameter (velocity)  

g  Gravitational acceleration 

G  Gas superficial mass velocity 

αGa  Galileo number of α phase, 32332 )1(/ εµερ αα −egd   

H2 Hydrogen 

H2S Hydrogen sulfide 

HC Hydrocarbon 

HDS Hydrodesulfurization 

HDN Hydrodenitrogenation 

HDO Hydrodeoxygenation 

HDT Hydrotreating 

k Apparent rate constant 

αk   Relative permeability of α phase 

K Equilibrium constant 
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L  Liquid superficial mass velocity 

LHSV Liquid hourly space velocity 

Mo Molybdenum 

Ni Nickel 

n Reaction order 

P Pressure 

P∆−  Pressure drop 

αRe  Reynolds number of α phase, )1(/ εµρ ααα −edu  

iRe  Interfacial Reynolds number 

HDSr  Reaction rate of hydrodesulfurization 

RTD Residence time distribution 

pS  Surface area of particle 

S Sulfur 

TBR  Trickle Bed Reactor 

oGu  Gas superficial velocity  

oLu  Liquid superficial velocity 

ru  Reference superficial velocity associated to the gas-liquid slip motion 

Gu
 

Gas interstitial velocity  

Lu
 

Liquid interstitial velocity  

pV  Volume of particle 

LWe   Liquid Weber number   
X flow factor  

Z Bed length  

Greek Symbols 

β  Saturation 

ε  Bed voidage 

Gε  Gas holdup 

Lε  Total liquid holdup 
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Ldε  Dynamic liquid holdup 

Lsε  Static liquid holdup 

pε  Particle volume fraction 

Lδ  Reduced saturation of liquid phase 

eη  Wetting efficiency 

Gρ  Gas density  

Lρ  Liquid density 

Lµ  Liquid viscosity 

σ  Surface tension 

χ  Larkin’s correlating variable 

αΨ  Dimensionless body force on α phase 

 Φ Sphericity of particle 

Subscripts and Superscripts 

i Gas–liquid interface 

α Gas or liquid 

TP Two phase 

W Water 

G Gas  

L Liquid 

LG Gas-liquid (two phase flow) 



 

CHAPTER 3 

MODEL FOR DYNAMIC LIQUID HOLDUP 

Liquid holdup in a trickle bed reactor defines the residence time of the liquid phase 

in the reactor and hence will have a direct bearing on the degree of conversion. 

Dependence of liquid holdup on various parameters was investigated extensively and 

empirical correlations were proposed. There have been attempts to model the flow in 

trickle beds to develop semi-empirical correlations (e.g. Saez and Carbonell [8], 

Holub et al. [9], Al-Dahhan et al. [51], Attao et al. [10], etc.). New models to 

estimate liquid holdup and gas phase pressure drop in trickle bed reactors are 

presented in section 3.1. The models are compared with the literature data in the 

section 3.2. To account for the deviation in gas phase pressure drop estimates from 

experimental observations, effect of gas phase volume fraction on tortuosity of gas 

flow is incorporated into the model equation in section 3.3. Section 3.4 concludes the 

chapter.  

3.1 Submerged Particle Model for Dynamic Liquid Holdup 

In trickle beds, the liquid flows in the form of film over the particles while the gas 

flows continuously in the void space between liquid film covered particles (Figure 

3.1). As liquid trickles down over the catalyst particles by gravitational force, it 

experiences drag force opposing its flow at the liquid-solid interface. Under steady 

state, gravitational force acting on the flowing liquid )( Ldε  is in equilibrium with the 

resistance due to drag force experienced by the liquid at the surface of all the 

particles.
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Figure 3.1: Schematic representation of the concurrent gas-liquid downward flow 

through the void space of the packed bed 

From a macro-balance over the trickle bed, 

2
)(

2
LL

pDmpGLLd

u
ACNgAZ

ρρρε ⋅=−                     (3.1) 

 

p

p
p V

AZ
N

ε
= where        

The liquid flows downward by gravitational force. Gas flows from the higher 

pressure (P1) to the lower pressure (P2) acting on the area of gas phase. The pressure 

drop for gas flow is (P1 –P2). Momentum transfer between gas and liquid at gas-

liquid interface by shear is generally accepted to be negligible. The pressure 

difference (P1–P2) acts also on the area of liquid phase enveloping particle phase

)( pL εε + . This force can assist the gravitational force acting on liquid phase in co-

current gas-liquid flows to increase the liquid velocity in the downward direction. In 

Gravitational force = number of particles × drag force of a particle 

Liquid 

P2 

Drag force exert on particles 

Solid particles 

Gravitational force 

P1 

Gas 

Gas Liquid 
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the case of countercurrent flows (liquid flowing downward and gas flowing 

upwards), gas pressure drop acting on the area of liquid phase enveloping the particle 

phase )( pL εε + can reduce the liquid velocity leading to flooding. Thus, momentum 

balance for two phase flow in packed beds can be expressed as follows 

2

2

21
2

)()( )(
Ld

LoL
pDm

p

p
LdpTPGLLd

u
AC

V
AZAPPgAZ

ε
ρε

εερρε =+−±−                   (3.2) 

Gravitational force  ±                                    =  Drag force at liquid-particle interface  

 

The sign (+) is for concurrent operation (trickle beds) while the sign (-) is for 

countercurrent operation. To simplify the momentum balance for two phase flow in 

packed beds (eq. 3.2), we first note that 
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Then, substitute eqs. (3.3) and (3.4) into eq. (3.2), this equation can be rearranged as  
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3.1.1 Evaluation of CDm 

The factor CDm is the drag coefficient on a particle embedded in a packed bed. 

Considering that the drag force in a packed bed is due to the drag force on an 

individual particle (FDm) multiplied by the number of particles (Np) in the bed, drag 

force can be expressed as   
 

DmpD FNF =                            (3.6) 
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Drag force exerted 
on liquid by gas    
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Rearranging eq. (3.7) would give equation for the factor CDm   
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Comparing eq. (3.8) with Ergun equation for flow through packed beds with 

empirical Ergun constants recommended by Macdonald et al. [60]  
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The factor CDm can be obtained as 
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8.1
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For non spherical and non uniform particles, particle diameter (dp) can be 

estimated as an equivalent surface volume mean diameter (de) given by 

∑=
p

p

e V

S

d

6
                        (3.11)  

where pS = surface area of a particle 

           pV = volume of a particle 

3.1.2 Dynamic Liquid Holdup 

From equations (3.5) and (3.10), equation for dynamic liquid holdup can be obtained 

as 
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The first term in the right hand side of this equation brings out the dependence of 

dynamic liquid holdup on particle volume fraction, particle size, liquid velocity and 



47 

properties. The second term brings out the effect of gas flow on dynamic liquid 

holdup. For countercurrent flow this equation suggests that  
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( ) ( )
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dynamic liquid holdup can increase drastically with increase in gas flow rate leading 

to flooding. It is well known that flooding takes place at around 2 inches of water 

head per foot of bed length and this corresponds to a value of (1/6) for the factor
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 is expected to be around 6. Thus, this 

equation can adequately explain the point of flooding for countercurrent operation. 

For the case of co-current flow as in trickle bed reactors, increase in gas flow 

decreases the dynamic liquid holdup and there is no limitation like flooding. 

3.1.3 Model for Pressure Drop in Trickle Bed Reactors ( )TPPP 21 −   

Ergun equation is widely used to estimate pressure drop for gas flow through packed 

beds.  
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              (3.13) 

This equation can be adopted to estimate pressure drop for gas flow in gas-liquid 

flow in trickle beds as well. Presence of liquid in the voids between particles reduces 

the void space for gas flow.  

LpG εεε −−= 1                        (3.14) 

Due to the presence of liquid film on the particles, the gas flows over particles 

having an effective diameter, dp’  greater than actual diameter dp (Figure 3.2). The 

relation can be expressed as  
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Figure 3.2: Schematic representation of effective diameter particle, dp’ 

Incorporating these modifications into Ergun equation (eq. 3.13)  

( )
( )

( )
8.1

'

180'
2

3
21 +

+
=

+
−

oGGp

GpL

oGG

p

pL

GTP

udu

d

Z

PP

ρ
µεε

ρεε
ε

              
(3.17) 

where 

LsdLL εεε +=                         (3.18) 

Rearranging eq. (3.17), pressure drop for gas flow in trickle beds with two phase 

flow can be expressed as 
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                          (3.19) 

The pressure gradient depends on the bed characteristics, velocities of both 

phases and the physicochemical properties of the flowing gas (gas density and gas 

viscosity). Eqs. (3.12) and (3.19) can be solved simultaneously to estimate liquid 

holdup and pressure gradient in trickle beds as the value of other parameters are 

known.  
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εp 

εG 

dp 

dp’ 
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3.2 Results and Discussion 

Effect of particle size, shape, liquid properties, and operating conditions such as gas 

and liquid velocities, temperature and pressure on dynamic liquid holdup have been 

reported in the literature. In this section, the submerged particle model equation 

developed for dynamic liquid holdup (eq. 3.12) is compared with the experimental 

observations of various investigators as listed in Table 3.1. The two Ergun 

parameters, 180 and 1.8 are the only fitted constants that were used for model 

evaluation. The experimental observations on liquid holdup are compared with the 

model equation in Figures 3.3–3.8. 
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Table 3.1: Details of operating conditions used for Submerged Particle Model validation 

  System         Packing   

References Gas/liquid  Temperature Pressure  
Liquid 
velocity  

Gas 
velocity Diameter Material 

(K) (MPa) (cm/s) (cm/s) (mm) 

Fu and Tan [72] 
H2/n-hexane 

311 3.45 0.465-0.31 0.1-0.3 0.5-1.9 NP 
H2/cyclohexane 

Xiao et al. [75] air/water 293 0.1 0.8-1.6 7.0-36.0 2.0-3.0 NP 

Saroha and Khera [65] air/water 298 0.1 0.72-2.05 2.0-14.4 4 NP 

Aydin and Larachi [68] air/water 
298-363 0.3-0.7 0.188-1.41 5.0-21.0 3 NP 

 
air-CMC/water 

Al-Dahhan et al. [51] N2/water 
298 3.55 0.122-0.5498 8.75 1.1 NP 

 
N2 /hexane 

Specchia and Baldi [49] air/water 293 0.1 0.28 20-80 2.7 NP 

Wammes et al. [80] 
N2/water 

293 6 0.1-1.2 9.0-36.0 3 NP 
Helium/water 

Gunjal et al. [55] air/water 293 0.1 0.17-0.92 22 6 NP 

Trivizadakis et al. [35] air/water 298 0.1 0.2407-0.6148 0.0-30.83 1.5-6.0 P, NP 

Ayude et al. [76]  air/water 293 0.1 0.15-0.655 1.4-3.0 3.1 P 
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3.2.1  Submerged Particle Model Validation 

3.2.1.1 Effect of Particle Diameter, Shape and Liquid Viscosity on Liquid Holdup 

Fu and Tan [72] reported experimental observations on the liquid saturation as a 

function of liquid mass flow rate for three nonporous spherical particle sizes (0.5mm, 

0.9mm and 1.9mm) with hydrogen-hexane and hydrogen-cyclohexane systems. The 

liquid saturation, βL can be defined as  

ε
εβ L

L =  

These observations are compared with the model equation in Figure 3.3. Figure 

3.3a illustrates hydrogen-hexane system with viscosity of 0.22cp while Figure 3.3b 

shows hydrogen-cyclohexane system with viscosity of 0.76cp. They observed that   

i. Liquid holdup increases with liquid mass flowrate  

ii.  Liquid holdup is higher for smaller packing size 

iii.  Liquid holdup is higher for higher liquid viscosity  

The model equation compares well with the experimental data of Fu and Tan [72].  
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Figure 3.3: Effect of particle size and liquid viscosity on liquid holdup (a) hydrogen-

hexane system, µL= 0.22cp (b) hydrogen-cyclohexane system, µL= 0.76cp. Data are 

plotted from Fu and Tan [72] 
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Trivizadakis et al. [35] reported data on liquid holdup for 3mm spherical particles 

and 1.5mm diameter × 3.11mm long cylindrical extrudates. Equivalent surface 

volume mean diameter of the extrudates is calculated using eq. 3.11 as 1.81mm. 

Model equation explains the data for spherical particles (Figure 3.4a) reasonably 

well. Surprisingly, data of Trivizadakis et al. [35] on liquid holdup with extrudates 

(Figure 3.4b) appears to be independent on liquid flow rate. The model equation 

predicts the observations well for liquid mass velocity of 4.27kg/m2.s. However, the 

model equation slightly underpredicts for liquid mass velocity rate of 2.4kg/m2.s. 

 

 

Figure 3.4: Liquid holdup versus gas flux for various liquid mass velocities 

(a) Spherical, dp = 3mm (b) Cylindrical extrudates, dp = 1.5mm. Data are plotted from 

Trivizadakis et al. [35] 
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3.2.1.2 Effect of Gas Velocity on Liquid Holdup 

Figure 3.5 presents the dependence of liquid holdup on gas and liquid velocities for 

beds with non-porous packing. Liquid holdup increases with increasing liquid 

velocity and decreases with increasing gas velocity. Higher liquid velocity increase 

the volume of liquid held in the reactor. Presence of gas phase increased the shear 

stress exerted on liquid phase and hence decreased the liquid film thickness and 

liquid holdup. Model predictions compares well with the observations of Saroha and 

Khera [65] as shown in Figure 3.5.  

 

Figure 3.5: Influences of gas and liquid velocities on liquid holdup. Data are plotted 

from Saroha and Khera [65] 
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Comparison of the model estimates with the data of Ayude et al. [76] on the 

dependence of liquid holdup on gas and liquid velocities for porous packing is shown 

in Figure 3.6. Similar to the results for non-porous packing (Figure 3.5), liquid 

holdup increases with liquid velocity and decreases with gas velocity. The effect of 

gas velocity is not that prominent compared to the effect of liquid velocity. Model 

estimates compares well with experimental observations of Ayude et al. [76]. 

     
Figure 3.6: Effect of gas and liquid velocities on liquid holdup for porous packing. 

Data are plotted from Ayude et al. [76] 

 

 

 

 

 

 

 

 

 

0

0.1

0.2

0.3

0.4

0 0.2 0.4 0.6 0.8 1

Li
qu

id
 h

ol
du

p 
(ε L

)

Liquid velocity (cm/s)

uG=1.4cm/s (exp)
uG=1.4cm/s (model)
uG=3cm/s (exp)
uG=3cm/s (model)

uG = 1.4cm/s (exp) 

uG = 1.4cm/s (model) 

uG = 3cm/s (exp) 

uG = 3cm/s (model) 



56 

3.2.1.3 Effect of Temperature and Pressure on Liquid Holdup 

Experimental observations of Aydin and Larachi [68] on the effect of reactor 

temperature and pressure on liquid holdup for air-CMC/water system are compared 

with the model equation of liquid holdup in Figure 3.7. It shows that at a given 

superficial gas and liquid velocities, liquid holdup decreases with increasing 

temperature and pressure. Increase in temperature reduces viscosity. Increase in 

pressure increases gas density and hence gas drag. The model underpredicts the 

experimental data of Aydin and Larachi [68] although the estimates are in the right 

direction. 

 

Figure 3.7: Effect of temperature and pressure on liquid holdup for air-CMC/water 

system. Data are plotted from Aydin and Larachi [68] 
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3.2.1.4 Parity Plot 

Comparisons of the model prediction for liquid holdup with the experimental data 

from the literature are summarized in Figure 3.8. It can be seen that there is a good 

agreement with a deviation approximately 30%.  

 

Figure 3.8: Comparison of experimental data on liquid holdup with values predicted 

by Submerged Particle Model 
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3.2.2 Validation of the Model for Gas Phase Pressure Drop 

The model estimates (eq. 3.19) for gas phase pressure drop in packed beds through 

Ergun’s equation modified for the presence of liquid holdup is compared with the 

experimental observations of various investigators (listed in Table 3.2). Experimental 

data of Specchia and Baldi [73] and Rao et al. [95] on the effect of gas velocity on 

bed pressure drop along with the model predictions are presented in Figure 3.9. 

Experimental observations of Szady and Sundaresan [96] and Iliuta et al. [97] on the 

effect of liquid velocity on pressure drop are compared with the model equation in 

Figure 3.10. Though the predictions of the model equation on the effects of gas and 

liquid velocities on pressure drop are in the right direction, the model underpredicts 

the experimental data. This could be due to the possibility of Ergun constants getting 

affected by the presence of liquid in the catalyst bed as they are dependent on the 

tortuosity of gas flow path. Presence of liquid holdup increases the gas flow path and 

gas tortuosity.  
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Table 3.2: Details of operating conditions used for pressure drop model validation 

  System         packing   

References Gas/liquid  Temperature Pressure  Liquid velocity  Gas velocity 
 

Diameter   Material 

    (K) (MPa) (cm/s) (cm/s) (mm)   

Al-Dahhan and Dudukovic [43] N2/water 298 0.31–3.55 0.12–0.37 8.75 1.14 NP 

Specchia and Baldi [73] air/water 293 0.1 0.28 20–88 2.7 NP 

Gunjal et al. [55] air/water 293 0.1 0.17–0.92 22 6 NP 

Aydin and Larachi [68] air/water 
298–363 0.3–0.7 0.188–1.41 5.0–21.0 3 NP 

 
air-CMC/water 

Wammes et al. [80] N2/water 293 6 0.1–1.2 11 3.1 NP 

 
helium/water 293 6 0.5–0.9 13–39 3.1 NP 

Szady and Sundaresan [95] air/water 293 0.1 0.2–0.8 22 3 NP 

Iliuta et al. [96] air/water 298 0.1 0.5 8.0–42.0 3 NP 

Rao et al. [94] air/water 298 0.1 0.004–0.008 0.13–0.4 6.72 NP 

Trivizadakis et al. [35] air/water 298 0.1 0.2407–0.6148 0.0–30.83 1.5–6.0 P, NP 
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Figure 3.9: Effect of gas velocity on pressure drop. Data are plotted from                

(a) Specchia and Baldi [73], (b) Rao et al. [95] 
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Figure 3.10: Effect of liquid velocity on pressure drop. Data are plotted from 

(a) Szady and Sundaresan [96], (b) Iliuta et al. [97]  
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Comparisons of experimental data on pressure drop with values predicted by 

modified Ergun’s equation with standard Ergun’s parameter is presented in Figure 

3.11. It can be seen that the model under predicts the experimental data with 

deviation approximately 70%. The standard Ergun equation 180 and 1.8 may not be 

the best values to explain the pressure drop phenomenon in two phase flow. An 

attempt to improve the accuracy of pressure drop prediction in two phase flow is 

made in the next section by considering the dependence of two Ergun constants on 

gas flow tortuosity. 

 

Figure 3.11: Comparison of experimental data on pressure drop with values predicted 

by modified Ergun’s equation with standard Ergun’s parameter (E1=180, E2=1.80) 
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3.3 Tortuosity of Gas Flow Path  

The widely used Ergun’s equation for pressure drop was derived among the packed 

beds to be a bundle of parallel straight tubes through by such fluid flow [98]. The 

fluid flows through a tortuous path through the bed of particles. However, length of 

tortuous flow path was assumed to be equal to packed bed length in the original 

Ergun’s equation. Tortuosity in a packed bed can be defined as 

bed ofLength 

 voidsofLength 
=τ

  

With this, bed voidage can be expressed as  

τεε A=×==
bed oflength 

 voidsoflength 

bed of area sectional Cross

 voidsof area sectional Cross

bed of Volume

 voidsof Volume
 

Thus, ratio of cross sectional area of voids to bed can be obtained as  

bed of area sectional Cross

 voidsof area sectional  Cross=Aε
 

This parameter effects actual velocity and bed pressure drop as  

( ) ( )
τ
εε

ε
τ

ε
APAPF
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G ∆−=∆−=== ;                 (3.20)

 

With these parameter, Ergun equation may be obtained as
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With τ=1, this equation reduces to standard Ergun Equation. The constant k1 is 

expected to be 2 for laminar flow through a straight pipe [99].  Macdonald et al. [60] 

recommended the numerical values of the Ergun constants for a bed randomly 

packed with uniform spherical particles as;
 

 18036 2
1 =τk                    (3.22) 

8.16 3
2 =τk                     

(3.23)
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The corresponding values for τ and 6k2 are 1.58 and 0.455 respectively. With 

these values, Ergun’s equation can be written in a generalized form considering the 

tortuosity coefficients as  

3
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               (3.24) 

The tortuosity for gas flow is expected to increase as gas flow path gets restricted 

with increase in liquid holdup. The exact dependence of Ergun parameters on gas 

holdup needs to be investigated in the light of experimental observations on pressure 

drop and it is expected to be inversely proportional to gas holdup. For the present, it 

is proposed that tortuosity for gas flow can be estimated as 

n
G

1

ε
τ =                          (3.25) 

Incorporating these modifications into eq. (3.19), the two phase pressure drop thus is 

expressed as 
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The empirical constant n needs to be fitted to match the experimental results. It 

was found that a value of n=0.75 appears to explain the experimental observations 

reasonably well and the results are presented in Figures 3.12–3.16. 

3.3.1 Pressure drop Model Validation (New Ergun Constants) 

In this section, experimental observations reported by various investigators are 

compared with the predictions of the Ergun’s equation with the new parameters. 

Predictions by the model equation with the standard Ergun constants (180 and 1.8) 

are presented as well for comparison.  
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3.3.1.1 Effect of Gas and Liquid Velocities on Pressure Drop  

Experimental observations of Rao et al. [95] (Figure 3.12a) and Szady and 

Sundaresan [96] (Figure 3.12b) on the effect of gas and liquid velocities on pressure 

drop are shown in Figure 3.12 along with the predictions by modified Ergun’s 

equation with the new Ergun parameters (eq. 3.25). It shows that pressure drop 

increases as increasing gas and liquid velocities. For comparison, predictions by 

Ergun’s equation with standard Ergun constants (eq. 3.19) are also presented. Model 

equation with new Ergun parameters compares well with the experimental 

observations of Rao et al. [95] and Szady and Sundaresan [96].  
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Figure 3.12: Effect of gas and liquid velocities on pressure drop. Data are plotted 

from (a) Rao et al. [95], (b) Szady and Sundaresan [96] 
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3.3.1.2Effect of Pressure on Pressure Drop 

Al-Dahhan and Dudukovic [43] reported experimental observations on 

dimensionless pressure drop as a function of liquid mass velocity for two pressures, 

0.31MPa and 3.55MPa. The experimental observations are compared with the model 

equation in Figure 3.13. They observed that pressure drop increases with increasing 

pressure and liquid mass velocity. An increase in pressure results in higher gas 

density and hence higher interfacial drag force exerted on liquid phase. The deviation 

in pressure drop prediction by model equation with new Ergun parameters is reduced 

significantly. The model equation with new Ergun parameters predicts the 

observations well for pressure of 0.31MPa. However, the model slightly 

underpredicts for the pressure of 3.55MPa. 

 

Figure 3.13: Influences of operating pressure on pressure drop. Data are plotted from 

Al-Dahhan and Dudukovic [43] 
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3.3.1.3Effect of Temperature on Pressure Drop 

Experimental observation of Aydin and Larachi [68] on the effect of temperature on 

pressure drop is illustrated in Figure 3.14. At a given gas and liquid velocities, 

pressure drop decreases with increasing temperature. Increase in temperature leads to 

reduction of gas density and hence low interfacial drag force exerted on liquid phase. 

The model predictions with new Ergun parameters compares well with the 

observation of Aydin and Larachi [68].  

 

Figure 3.14: Effect of temperature on pressure drop. Data are plotted from Aydin and 

Larachi [68] 
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3.3.1.4 Effect of Particle Size on Pressure Drop 

Comparison of the model estimates with the data of Trivizadakis et al. [35] on the 

effect of particle diameter and shape on pressure drop for spherical particles (3mm 

and 6mm) and cylindrical extrudates (1.5mm diameter × 3.11mm) are shown in 

Figure 3.15. As observed, particle size has significant effect on pressure drop. 

Smaller particle size results in higher pressure drop. Model predictions with new 

Ergun constants explain the data for spherical and extrudates reasonably well.  

 

Figure 3.15: Pressure drop versus gas mass velocity for spherical and cylindrical 

extrudates. Data are plotted from Trivizadakis et al. [35] 
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 3.3.1.5Parity Plot 

Model predictions for pressure drop and liquid holdup with experimental 

observations reported in the literature over a wide range of operating data in terms of 

liquid and gas velocities, liquid viscosity, packing sizes, temperature and operating 

pressure are compared in parity plots shown in Figures 3.16 and 3.17. As can be 

seen, the accuracy of pressure drop prediction has improved significantly with 

relative error decreased from 70% to 40% (Figures 3.11 and 3.16). Still, the model 

predictions of pressure drop are lower compared to the experimental data. 

Ergun’s equation used is for gas or liquid flow in packed beds. The Ergun 

constants for gas flow over wetted particles can be lower as wall shear at gas-liquid 

boundary reduces to zero. In view of this, the Ergun constants could be lower than 

180 and 1.8. This needs further research to identify suitable Ergun constants for gas 

flow on liquid wetted particles. 

 

Figure 3.16: Comparison of experimental data on pressure drop with values predicted 

by modified Ergun’s equation with new Ergun parameters  
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Liquid holdup prediction remained within the same range of predictability as that 

by model estimates with standard Ergun constants, as shown in Figure 3.8 (standard 

Ergun constants for pressure drop prediction) and Figure 3.17 (new Ergun 

parameters for pressure drop prediction). 

 

Figure 3.17: Comparison of experimental data on liquid holdup with values predicted 

by submerged particle model coupled with modified Ergun’s equation and new 

Ergun parameters  
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3.4 Conclusions 

In this chapter, a submerged particle model for estimating dynamic liquid holdup and 

two phase pressure drop in a trickle bed reactor was developed. Liquid holdup 

enhances the tortuosity of gas flow path which in turn increases pressure drop. The 

model equations were validated with the experimental data available in literature on 

liquid holdup and pressure drop as a function of gas and liquid velocities, liquid 

viscosity, operating temperature and pressure, and particle diameter. The main 

conclusions are: 

1) The submerged particle model equation (eq. 3.12) explains the experimental 

observations for liquid holdup reasonably well. Liquid holdup increases with 

increasing liquid velocity and liquid viscosity. On the other hand, liquid 

holdup decreases with increasing gas velocity, particle size, pressure and 

temperature. 

2) Ergun equation was adopted to estimate gas phase flow in trickle beds by 

incorporating the presence of liquid holdup which reduces the cross sectional 

area for gas flow and increases the size of particles over which gas flows. 

This equation (eq. 3.19) with usually used Ergun constants (180 and 1.8) 

underpredicts the experimental observations. 

3) Deviation of two phase pressure drop from experimental observation 

significantly decreased as the effect of the gas phase volume fraction on the 

tortuosity of gas flow is incorporated into the model equation (eq. 3.26). 

4) Pressure drop increases with increasing gas and liquid velocities as well as 

operating pressure. On the other hand, pressure drop decreases with 

increasing temperature and particle size. 
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Notation 

A   Cross section area of reactor (m2) 

pA   Projected area of particle (m2) 

pd  Particle diameter (m) 

'pd  Effective particle diameter (m) 

ed   Equivalent surface volume mean diameter (m) 

DmC   Drag coefficient on a particle 

DmF   Drag force for single particle (kg.m/s2) 

g   Gravitational acceleration (m/s2) 

G  Gas mass velocity (kg/m.s2) 

L  Liquid mass velocity (kg/m.s2) 

pN   Number of particles 

P∆−  Pressure drop (Pa) 

P   Pressure (Pa) 

pS   Surface area of particle (m2) 

Lu  Interstitial liquid velocity (m/s), 
L

oLu

ε  

oLu  Liquid superficial velocity (m/s) 

oGu  Gas superficial velocity (m/s) 

pV  Volume of particle (m3) 

Z   Bed length (m)  

Greek letters 

ε   Bed porosity 

Lε   Total liquid holdup 

Ldε   Dynamic liquid holdup 

Gε   Gas holdup 

pε   Particle volume fraction 
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Lρ   Liquid density (kg/m3) 

Gρ   Gas density (kg/m3) 

Lµ   Liquid dynamic viscosity (Pa.s) 

Gµ   Gas dynamic viscosity (Pa.s) 

τ   Tortuosity 

Subscripts 

G  Gas 

L  Liquid 

TP  Two phase 

exp  Experiment 

 



CHAPTER 4 

MODEL FOR TRICKLE BED REACTOR 

Trickle bed reactors are widely used for hydrotreating of hydrocarbons with 

hydrogen in presence of catalyst particles in a packed bed. In hydrodesulfurization 

reaction, sulfur atoms attached to the hydrocarbon molecules react with the dissolved 

hydrogen at the surface of solid catalyst to form hydrogen sulfide. Sulfur compounds 

in hydrocarbons are lumped together and represented as HC.S. The reaction can be 

represented as 

(4.1)                                    )(  )(     )(.  )( 2
catalyst

2 GLSHLHCLSHCLGH →+ →+→
 

 Trickle bed reactors are multiphase in nature, the reactions are exothermic, heat 

and mass transfer processes are non linear. In view of these, the models formulated 

on continuum concepts (e.g. Rodriguez and Ancheyta [13], Murali et al. [14], 

Mederos et al. [15], Jimenez et al. [27], Mederos and Ancheyta [36], etc.) are not 

realistic. Hence, an attempt is made to develop a one-dimensional cell-in-series 

model to explain the performance of hydrodesulfurization process.  

A new one-dimensional cells-in-series model to describe hydrodesulfurization 

reaction in trickle bed reactor is developed in section 4.1. In section 4.2, model 

governing equations to establish the reactor model are formulated. Kinetic reactions 

as well as correlations to estimate hydrodynamics and feed properties are presented 

in section 4.3 and 4.4. The calculation procedure is presented in section 4.5. In 

section 4.6, the reactor model is validated with the experimental data reported in 

literature. In section 4.7, the validated model is applied to simulate HDS commercial 

unit to investigate the effect of various parameters on the reactor performances. 

Section 4.8 concludes the chapter. 
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4.1 1-D Cells in Series Model 

A trickle bed reactor, with gas and liquid flowing co-currently downward through a 

catalytic packed bed to undergo chemical reactions, operating under steady state is 

considered. Figure 4.1 presents schematic representative of one-dimensional cells-in-

series model for trickle bed reactor. The reactor is assumed to consist of N cells in 

series along the axial direction. Each cell consists of three phases - gas phase, liquid 

phase and solid phase - well mixed with in each phase. The variables for each phase 

are distinguished with subscripts G for gas phase, L for liquid phase and S for solid 

phase. The axial distance of each cell (∆z) is assumed to be equal with the diameter 

of catalyst particle. 

 

 

 

 (1) 

(2) 
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Figure 4.1: 1-D Cells-in-Series Model 
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Processes taking place in the ith cell between the three phases are highlighted in 

Figure 4.1. The value of “i” can be from 1 to N. Gas and liquid from (i-1)th cell flow 

through the ith cell over the catalyst to (i+1)th cell. In the ith cell, the steps occur are: 

1. Hydrogen in the gas phase diffuses into the liquid phase by mass transfer. 

2. Dissolved hydrogen and sulfur in the liquid phase diffuse into the solid phase. 

3. Dissolved hydrogen and sulfur in the solid phase react to produce dissolved 

hydrogen sulfide. The reaction is exothermic and hence heat is generated and 

temperature of solid phase increases. 

4. Dissolved hydrogen sulfide in the solid phase diffuses to liquid phase by 

mass transfer. Temperature of liquid phases increases because of heat transfer 

from solid phase to liquid phase (heat transfer coefficient is assumed to be 

very large). 

5.  Dissolved hydrogen sulfide from liquid phases diffuses to gas phase. 

Temperature of gas phase increases by heat transfer from liquid phase to gas 

phase (heat transfer coefficient is assumed to be very large). 

 

Figure 4.2: Concentrations profile of reactants and productThe following 

assumptions were considered for formulating the reactor model 
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• Steady state operation 

• Reactor is operated adiabatically 

• No evaporation of the liquid 

• Catalyst deactivation is insignificant 

• The reaction occur only in the porous solid catalyst uniformly wetted by the 

  liquid 

• Gas and liquid velocities are constant across the reactor 

• The reactor is assumed to operate at a constant pressure. 

4.2 Model Equations 

The mass and heat balance equations over a cell with interphase mass and heat 

transfer with chemical reaction are formulated. These equations are solved by 

incorporating properties of the materials, hydrodynamic and reaction kinetic 

parameters. These parameters such as mass transfer coefficients, gas solubility and 

properties of oil under process conditions are estimated by using correlations taken 

from the literature as described in section 4.4. Then, the resulting algebraic equations 

are solved for extent of reaction and rise in temperature over the cell “i” based on 

inlet conditions. This was extended to the subsequent cells to estimate the extent of 

reaction and rise in the temperature along the length of the reactor. 

4.2.1 Mass Balance Equations 

4.2.1.1 Gas Phase 

As shown in Figure 4.3, the change in gas molar flow from (i-1)th to ith cell for 

component hydrogen is equal to mass transfer rate to the liquid phase in ith cell as 

there is no consumption/formation by chemical reaction in the gas phase.   
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Figure 4.3: Mass balance for hydrogen in gas phase 

Hydrogen and sulfur compounds in the liquid phase diffuse into the solid phase 

where they are converted to hydrogen sulfide. The hydrogen sulfide generated then 

diffuses back to the liquid phase and eventually to the gas phase. Thus, as shown in 

Figure 4.4, the change in hydrogen sulfide concentration in the gas phase from (i-1)th 

cell to ith cell is due to mass transfer of hydrogen sulfide from liquid phase to gas 

phase in ith cell.  
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Figure 4.4: Mass balance for hydrogen sulfide in gas phase 
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4.2.1.2 Gases in Liquid Phase 

Concentration of dissolved hydrogen gas in the liquid phase as shown in Figure 4.5, 

is due to balance of (1) mass transfer in from gas phase to liquid phase in ith cell; (2) 

mass transfer out from liquid phase to solid phase in ith cell; (3) dissolved gas in the 

liquid flow in from (i-1)th cell to ith cell; (4) dissolved gas in the liquid flow out from 

i th cell to (i+1)th cell.  Mass balance equation for hydrogen in the liquid phase can be 

written as follows 
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Figure 4.5: Mass balance for hydrogen in liquid phase 

A similar equation as eq. 4.4 can also be written for hydrogen sulfide to describe 

concentration of hydrogen sulfide in the liquid phase in ith cell, as shown in Figure 

4.6. It should be noted that hydrogen sulfide is transferred from the solid to the liquid 

phase and eventually to the gas phase. 
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Figure 4.6: Mass balance for hydrogen sulfide in liquid phase 

4.2.1.3 Sulfur in Liquid Phase 

Concentration of sulfur compounds in the liquid phase in ith cell is due to balance of 

(1) sulfur compounds in the liquid flow in from (i-1)th cell to ith cell; (2) sulfur 

compounds in the liquid flow out from ith cell to (i+1)th cell; (3) mass transfer out 

from liquid phase to solid phase in ith cell; as shown in Figure 4.7. Mass balance 

equation for sulfur compounds in the liquid phase assuming no evaporation of the 

feed, can be expressed as follows 
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Figure 4.7: Mass balance for sulfur compound in liquid phase
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4.2.1.4 Reaction in Solid Phase 

The sulfur compounds and hydrogen transported from the liquid phase to the solid 

phase are consumed by the chemical reaction at the surface of the catalyst as shown 

in Figure 4.8.  Mass balance equation at the solid phase can be written as follows: 
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Figure 4.8: Mass balance in solid phase 

Hydrogen sulfide transported between solid phase and liquid phase is produced 

by the chemical reaction. Mass balance for hydrogen sulfide in the solid phase can be 

estimated as  
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The set of equations 4.2 to 4.9 are solved for cells 1 to N in a marching technique. 

The detailed calculation procedure is discussed in section 4.5. 
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4.2.2 Energy Balance Equations 

Hydrodesulfurization reactor is generally operated adiabatically with no heat 

exchange between the reactor and its surrounding. Heat generated by the reaction in 

the catalyst causes rise in the catalyst temperature and heat transfer to the liquid 

phase. Assuming no temperature gradient within the catalyst particle, heat transfer 

from the catalyst to liquid phase can be expressed as 

( ) )( iLSiLSLSHDSHDSpp TTzahHrz −∆=∆−∆ ηερ                                   (4.10)  

 

 

 

 

 

 

 

Figure 4.9: Heat transfer from solid phase to liquid phase 

Temperature in the liquid phase in ith cell is due to balance of (1) in flow of heat 

with liquid flow from (i-1)th cell to ith cell; (2) heat transfer from solid phase to liquid 

phase by convection in ith cell; (3) out flow of heat with liquid flow from ith cell to 

(i+1)th cell; and (4) heat transfer from liquid phase to gas phase by convection in ith 

cell, as shown in Figure 4.10. Energy balance for liquid phase can be obtained as 
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Figure 4.10: Energy balance in liquid phase 

Increase in the enthalpy of gas phase as it flows from (i-1)th cell to (i+1)th cell 

through the ith cell is equal to heat transfer from liquid phase to gas phase by 

convection as shown in Figure 4.11. From the energy balance on the gas phase 
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G
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G
pGoG ∆−+=− )(1 ρρ                                           (4.12) 

   

 

 

 

 

          

 

Figure 4.11: Energy balance in gas phase 
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Assuming high interphase heat transfer coefficients between the phases, the 

temperature of the three phases will be equal )( iSiLiGi TTTT === . Therefore, 

equations (4.10)-(4.12) can be combined as 

( )( ) ( )HDSHDSjppii
L
pLoL

G
pGoG HrzTTcucu ∆−∆=−+ − ηερρρ )1(                        (4.13) 

4.3 Reaction Kinetics 

Langmuir-Hinshelwood type reaction kinetics as recommended by Korsten and 

Hoffman [89] is used to describe hydrodesulfurization reaction in one-dimensional 

cell-in-series model. The kinetics data are presented in Table 4.1. 

Table 4.1: Kinetics and thermodynamic data [89] 

Kinetic model                              aE (J/mol)                 ok                       RH∆
(J/mol)         

 

 

HDSk is the reaction rate constant for HDS reaction, SHK
2

is adsorption equilibrium 

constant for hydrogen sulfide (cm3/mol), ok is frequency factor, aE is adsorption 

enthalpy of hydrogen sulfide. Hydrodesulfurization reaction is inhibited by the 

hydrogen sulfide whereas the inhibition effect from other compounds (N2, aromatic, 

etc.) are negligible. The kinetic model includes an adsorption equilibrium constant of 

hydrogen sulfide, SHK
2

 described by the van’t Hoff equation to account for the effect 

of the temperature. 

4.4 Estimation of Hydrodynamics and Physical Properties 
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The reactor model makes use of selected available industrial engineering correlations 

to estimate various parameters such as density, gas solubility, diffusivity, dynamic 

viscosity, mass transfer coefficients and properties of oil and gas at process 

condition. These equations are given by eqs. (4.14)–(4.34). 

 

4.4.1 Oil Density 

Density for liquid petroleum fractions is usually reported in terms of specific gravity 

(SG), defined as the ratio of liquid density to that of water at standard conditions. 

The standard conditions adopted by petroleum industry are 60oF (15.5oC) and 1 atm. 

Another unit for specific gravity of liquid petroleum fraction is defined by the 

American Petroleum Institute (API) in terms of API gravity. 

5.131
F)60(at SG 

141.5
 gravity  

o
−=API

                                              
(4.14) 

The correlation of liquid density reported in literature incorporate the correction for 

high pressure and temperature [36]. 
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                                                                                                            (4.17)

 

where 0ρ  (Ib/ft3) is liquid density at standard condition, P is reactor pressure (psia) 

and T is reactor temperature in Rankine (oR). 

4.4.2  Gas Solubility 
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The solubility of hydrogen (H2) and hydrogen sulfide (H2S) in liquid phase depend 

on temperature and they can be estimated from the following relations [13], [36]. 

2
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where 
2Hλ and SH2

λ are solubility of hydrogen and hydrogen sulfide respectively 

(Nl/MPa kg oil), LT is liquid temperature in degree Celsius (oC), 20ρ is liquid density 

at 20oC (g/cm3). 

Henry’s law coefficients for hydrogen and hydrogen sulfide were calculated from the 

equations reported in the literature [36]. 

Li

N
i

v
H

ρλ
=                                                                (4.20) 

where iH  is Henry coefficient (Pa.m3/mol), Nv  is molar gas volume at standard 

condition, Lρ  is  liquid density at process conditions. 

4.4.3 Dynamic Liquid Viscosity  

At low and moderate pressure, effect of pressure on liquid viscosity generally is 

assumed to be negligible. Liquid viscosity change with temperature appreciably. 

Viscosity of liquids decreases with an increase in temperature. Prediction of viscosity 

of crude oils can be estimated using Glaso’s correlation [17], [100]. 

( ) ( )[ ]a
L APIT 10

444.310 log46010141.3 −−×=µ                                  (4.21)                                                       

( )[ ] 447.36460log  313.10 10 −−= Ta                                  (4.22)                                

where Lµ  is liquid viscosity in mPa.s, T is temperature in Rankine (oR) and API is 

the oil gravity. In general, heavier oils (lower API gravity) exhibit higher viscosity.  

4.4.4 Diffusivity 
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The correlation for molecular diffusivity of solute i in the liquid petroleum fraction is 

given by Poling et al. [101] for organic and hydrocarbons system, derived from Tyn 

and Calus equation. 
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where L
iD is diffusion coefficient of solute  in the liquid (cm2/s), T is temperature in 

Kelvin (K), Lµ  is dynamic viscosity (mPa.s), iv  and Lv  are molar volumes of solute 

and liquid solvent respectively at its normal boiling point (cm3/mol). iv  and Lv  can 

be calculated from critical specific volume as given as follows [36]. 

048.1 285.0 ci vv =                                                               (4.24)
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where cv  is critical specific volume (cm3/mol), MeABPT is mean average boiling point 

in Rankine (oR), 6.15d is specific gravity at 15.6oC while m
cv  (ft3/Ib) to cv  is carried 

out by multiplication with molecular weight. 

4.4.5 Mass Transfer Coefficients 

The gas-liquid mass transfer and the liquid-solid mass transfer are estimated using 

correlations taken from Korsten and Hoffman [89]. 
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ii.  Liquid-solid mass transfer coefficient 
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In both correlations,
iGLk and 

iLSk (cm/s) are the functions of molecular diffusivity, 

L
iD (cm2/s); liquid density, Lρ (g/cm3); liquid viscosity, Lµ (mPa.s); superficial 

velocity, oLu (cm/s); and the diameter of catalyst particle, dp (cm). 

 

4.4.6 Heat Capacity 

The heat capacity of liquid hydrocarbon is evaluated through the correlation of API 

method [17].   
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where L
Pc  is heat capacity of liquid (J/g. K), KW is the Watson characterization factor, 

Tb is normal boiling point (K). 

Ideal gas properties do change with temperature significantly. The gas heat 

capacity has been correlated to temperature in the following form [17]. 

432 ETDTCTBTA
R

cG
P ++++=                                                     (4.33) 

where R is the gas constant, GPc is the molar heat capacity in the same unit with R, 

and T is temperature in Kelvin. 
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4.4.7 Wetting Efficiency 

The catalyst wetting efficiency is estimated using the correlation of Al-Dahhan and 

Dudukovic [102] that applicable for high operating pressure. 
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Pressure drop (∆P/Z) can be estimated from modified Ergun equation that was 

developed in Chapter 3. 

4.5 Solution Scheme for 1-D Reactor Model 

The model equations were solved by rearranging the mass and the energy balance 

equations to obtain the axial concentrations of components and temperature for a 

cell. To simplify the simulation work, eq. (4.2) is rearranged to obtain expression for 

partial pressure of hydrogen in the gas phase for i cell( )G
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By considering mass transfer resistance of hydrogen between liquid and solid 

catalyst is negligible, eq. (4.4) can be rearranged to give expression for hydrogen 

concentration in the liquid phase. 
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Substituted eq. (4.36) into eq. (4.35) and rearranged them, equation for hydrogen 

partial pressure in gas phase can be obtained as  
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Since mass transfer resistance of hydrogen between liquid and solid catalyst is 

negligible, mass balance at the solid phase as presented in eq. (4.7) can be obtained 

as follows  
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Rearranging eq. (4.38), sulfur concentration in solid phase can be obtained as 
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By substituted eq. (4.39) into eq. (4.6), sulfur concentration in the liquid phase can be 

estimated as
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Hydrogen sulfide produced as HDS reaction occurs between hydrogen and sulfur 

in the solid phase. Rearranging eq. (4.3), equation for partial pressure of hydrogen 

sulfide in gas phase can be obtained as 
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Substituted eq. 4.41 and eq. 4.9 into eq. 4.5 and rearranging them, equation for 

hydrogen sulfide concentration in liquid phase can be obtained as  
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4.6 Model Validation and Simulation Results 

In order to validate the proposed 1-D cell in series model, experimental data on 

hydrotreating of vacuum gas oil (VGO) over NiMo/Al2O3 catalyst on pilot plant 

scale, reported by Mederos and Ancheyta [36] as listed in Table 4.2 were used for 

simulating the behavior of reaction system. The present model only takes into 

consideration the HDS reaction. The simulation was performed under the conditions 

of a pressure of 5.3MPa and temperature 380oC. The model simulation results also 

are compared with the simulation of Mederos and Ancheyta [36].  

 Microsoft Excel was used to solve the governing equations. The reactor was 

divided into a number of cells (N=126) along the axial direction from the inlet to the 

outlet of the reactor where each cell is assumed to contain three phases, each well 

mixed within itself and axial distance (∆z) of each cell is assumed to be equal to the 

diameter of the catalyst particle (=0.254 cm). Input data on flow velocities, feedstock 
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and catalyst properties, temperature and pressure were specified for the first cell. 

Concentration of hydrogen in the VGO feed at the entrance of the reactor is assumed 

to be zero ((CH2
L=0). The outputs of the 1st cell were estimated; the outputs of the 1st 

cell were the inputs to 2nd cell and so on. Figure 4.12 presents computational flow 

sheet of the calculation procedure. 

 

 

 

 

Table 4.2: Experimental data on hydrotreating of VGO on pilot plant scale. 

Experimental data taken from Mederos and Ancheyta [36] 

Feedstock                  Value 

    API gravity                                                                                            22 
  Molecular weight                    441.9 
  Mean average boiling point (0C)                    476 
  Sulfur (wt %)                   2.009 

Operation conditions                    Value 

  Gas superficial velocity (cm/s)                     0.28 
  Oil superficial velocity (cm/s)                 1.75 x 10-2 
  Catalytic bed length (cm)                   31.58 
  Internal diameter (cm)                    2.54 
  Temperature (0C)                    380 
  Pressure (MPa)                     5.3 
  Gas composition (mol%) 

        H2                    100 
        H2S                     0 
        Light hydrocarbons                     0 

Catalyst                  Value 

  Equivalent diameter (mm)                    2.54 
  Specific surface area (m2/g)                     175 
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    Pore volume (cm3/g)                    0.56 
  Mean pore diameter (Å)                     127 
  Molybdenum content (wt %)                    10.7 
  Nickel content (wt %)                     2.9 
  Bulk density (g/cm3)                   0.8163 
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Figure 4.12: Computational flow sheet of the calculation procedure 

Calculate liquid hydrodynamics (gas-

liquid mass transfer, liquid-solid mass 

transfer, liquid holdup, pressure drop, 

wetting efficiency) based on inlet 

condition and input data  

Calculate partial pressure of hydrogen in 

the gas phase, PH2i
G (eq. 4.37) and 

concentration of hydrogen in the liquid 

phase, CH2i
L (eq. 4.36) for ith cell by 

considering the oil is not saturated with 

hydrogen at the entrance of reactor 

(CH2i1
L=0). Mass transfer resistance for 

hydrogen between liquid and solid 

catalyst is assumed to be negligible 

Calculate partial pressure of hydrogen 

sulfide in the gas phase and hydrogen 

sulfide concentration in the liquid 

phase CH2Si
L using eq. 4.41 and eq. 

4.42 respectively 

Calculate the temperature for ith cell by 

adding the inlet temperature (Ti-1) with 

the temperature rise over a cell (dT), 

that is estimated from eq. 4.11.  

As the value of temperature in ith cell is 

known, repeat the calculations from the 

first step to estimate the extent of 

reaction and rise in the temperature for 

the (i+1) cell and this is extended for 

subsequent cells along the length of the 

reactor.  

Based on inlet conditions and input data, calculate 

gas and oil properties (i.e. gas and liquid density, 

gas solubility, Henry coefficient, liquid viscosity, 

diffusivity, heat capacity)  

Hydrogen sulfide produced as reaction 

takes place between hydrogen and 

sulfur in the solid phase. Concentration 

of hydrogen sulfide in the solid phase 

for ith cell (CH2Si
S) can be obtained by 

solving the equation for HDS reaction 

rate (eq. 4.8)  

Calculate the concentration of sulfur in 

liquid phase, CSi
L (eq. 4.40). Sulfur 

concentration for sulfur in (i-1)th cell is 

evaluated based on composition of 

sulfur present in the oil. Rate constant 

is estimated using Arrhenius equation 

as a function of temperature.  

Concentration of sulfur in the solid 

phase for ith cell (Csi
S) can be estimated 

using eq. 4.39 as sulfur concentration 

in the liquid phase is known. 
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4.6.1 Results of the Simulation for the Pilot Plant 

Hydrogen profiles along the reactor in the gas, liquid and solid phases are shown in 

Figure 4.13. It is observed that hydrogen partial pressure in the gas phase (Figure 

4.13a) decreases rapidly as it increases in the liquid phase (Figure 4.13b) due to the 

high gas-liquid mass transfer in the entry zone. Further down in the reactor, mass 

transfer rate decreases as hydrogen concentration in the liquid phase increases to near 

saturation.  

In the liquid phase, concentration of hydrogen (Figure 4.13b) increases rapidly 

until a certain point due to high hydrogen mass transfer. Beyond this point, liquid 

phase is nearly saturated with hydrogen due to the availability of excess hydrogen in 

the gas phase. It should be noted that the shape of hydrogen partial pressures in the 

gas phase and concentration profiles of hydrogen in the liquid phase are determined 

by the mass transfer and reaction rate (H2 consumption) in the catalyst phase. 

Estimates for hydrogen concentration in the gas and liquid phase from the present 

model are compared with the simulation results of Mederos and Ancheyta [36] and 

they are in reasonable agreement. 

Concentration of hydrogen in solid phase increases rapidly as hydrogen in liquid 

phase diffuses out into the solid phase (Figure 4.15c). It can be seen that hydrogen 

concentrations in the liquid and solid phases are very close. Mass transfer resistance 

between liquid and solid phases can be negligible.  
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Figure 4.13: Hydrogen profiles along the reactor length in (a) gas phase,  

(b) liquid phase and (c) solid phase; (____) present model, (----) simulation data of 

Mederos and Ancheyta [36] (T=380oC, P=5.3MPa, uoL=0.0175cm/s) 
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Dissolved hydrogen and sulfur in the liquid phase diffuse into the solid catalyst 

phase for the conversion of sulfur and hydrogen to hydrogen sulfide. As a result, 

sulfur concentration in the liquid phase decreases along the reactor length as 

illustrated in Figure 4.14a. The hydrodesulfurization process reduces the sulfur 

concentration in the liquid phase of 3.471×10-5 mol/cm3 to 9.566×10-6 mol/cm3 with 

72% sulfur removal. Prediction for sulfur concentration in the liquid phase at the exit 

of the reactor by the model compares well with the experimental observations. In the 

solid phase, sulfur concentration increases initially as it diffuses from the liquid 

phase to the solid phase, and then decreases as hydrodesulfurization reaction occurs 

(Figure 4.14b). Sulfur concentrations in the liquid and solid phases are very close. 

Mass transfer resistance between liquid and solid phases can be negligible. 

 

 

Figure 4.14: Sulfur concentrations profile in (a) liquid phase, (b) solid phase;  

 (____) present model, (----) simulation data of Mederos and Ancheyta [36], (o) 

experimental value (T=380oC, P=5.3MPa, uoL=0.0175cm/s) 
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Hydrogen sulfide produced in the catalyst phase by reaction of hydrogen with 

sulfur compounds diffuses into the liquid phase and eventually into the gas phase. It 

can be seen that the concentration of hydrogen sulfide in solid phase first increases 

rapidly in the initial part of the catalyst bed due to the high reaction rate and then it 

decreases as reactants are consumed along the bed length (Figure 4.15a). Catalyst to 

liquid phase mass transfer coefficient has to be high to reduce the hydrogen sulfide 

concentration in the catalyst phase. Otherwise, it can have detrimental effect on the 

catalytic conversion due to inhibition effect of hydrogen sulfide.  

Hydrogen sulfide in solid phase diffuses out into the liquid phase (Figure 4.15b) 

and the trend for hydrogen sulfide concentration in liquid phase along the bed length 

is same as in solid phase due to high liquid-solid mass transfer. Hydrogen sulfide in 

liquid phase eventually diffuses out into gas phase along the reactor length and 

concentration of hydrogen sulfide in the gas phase increases gradually along the 

reactor length (Figure 4.15c). Competition between reaction rate, solid-liquid mass 

transfer rate and liquid-gas mass transfer rate determines the overall shape of 

hydrogen sulfide in liquid phase and gas phase. The trend for hydrogen sulfide 

concentration in gas phase compare reasonably well with results reported by 

Mederos and Ancheyta [36] as shown in Figure 4.15c. However there is some 

discrepancy between the estimates of the present model on liquid phase hydrogen 

sulfide concentration profile along the bed length compared to the results reported by 

Mederos and Ancheyta [36]. This could be due to the differences in the values of 

mass transfer coefficients between the various phases used in the two different 

models.   
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Figure 4.15: Hydrogen sulfide profiles along the reactor length in (a) solid phase, (b) 

liquid phase, (c) gas phase; (____) present model, (----) simulation data of Mederos 

and Ancheyta [36] (T=380oC, P=5.3MPa, uoL=0.0175cm/s) 
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Figure 4.16 presents bed temperature profile along the reactor. Since the 

hydrodesulfurization reaction is exothermic, bed temperature rises as sulfur gets 

converted along the length of the reactor. The temperature increases from 653K to 

658K. However, the temperature rise through the reactor was little as sulfur content 

in VGO feed is considered very low. For oils with higher sulfur content, the 

temperature rise can be much higher and may necessitate cooling by cold injection of 

hydrogen. An increase in bed temperature would increase reaction rate and hence 

accelerates the heat production due to exothermic reaction.  

 

Figure 4.16: Bed temperature profile (P=5.3MPa, uoL=0.0175cm/s) 

 

4.6.2 Simulation Study to Explore the Performance of the Pilot Plant 

In order to meet sulfur specifications, the validated 1-D reactor model is employed to 

investigate several parameters affecting reactor performance. Experimental data on 

pilot plant reactor were used for reactor performance analysis. The effect of reactor 

length, reactor inlet temperature, operating pressure and liquid velocity on sulfur 

removal were simulated with the other parameters being kept the same as the base 

operating conditions. 
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4.6.2.1 Effect of Reactor Length 

Figure 4.17 presents the effect of reactor length on sulfur concentration at the exit of 

reactor. It shows that sulfur removal increases as reactor length increases, due to the 

residence time for the reaction increases. Sulfur content in the VGO can be reduced 

to 10ppm as reactor length increases up to 165cm. 

 

Figure 4.17: Effect of reactor length on product sulfur content, (o) experimental,  

(____) present model (T = 380oC, P = 5.3MPa, oLu = 0.00175cm/s) 

4.6.2.2 Effect of Liquid Velocity 

A lower liquid velocity leads to longer residence time, which corresponds to the 

higher sulfur removal. The product sulfur content decreases with decreasing liquid 

velocity. The effect of liquid velocity on product sulfur content is shown in Figure 

4.18. It shows that sulfur content in the VGO can be reduced to 10 ppm in a reactor 

length of 32 cm at operating temperature of 380oC and pressure of 5.3MPa (base 

case) as liquid velocity decreases to 1.5×10-3cm/s. 
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Figure 4.18: Effect of liquid velocity on product sulfur content, (o) experimental,  

(____) present model (T = 380oC, P = 5.3MPa, Z = 32cm) 

4.6.2.3 Effect of Feed Inlet Temperature 

Feed inlet temperature can have prominent effect on mass transfer rate of hydrogen 

and reaction rate. It would enhance the amount of dissolved hydrogen and rate 

constant which in turn improves the conversion of sulfur into hydrogen sulfide. As 

shown in Figure 4.19, by increasing feed inlet temperature, the hydrodesulfurization 

reaction significantly enhanced. Sulfur content in the VGO can be reduced to 10 ppm 

in a reactor length of 32 cm (base case) at an operating temperature of 430oC. At 

these temperatures hydrocracking can take place. It will be interesting to carry out 

desulfurization in the hydrocracker itself. 
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Figure 4.19: Effect of feed inlet temperature on product sulfur content,  

(o) experimental, (____) present model (P = 5.3MPa, oLu = 0.00175cm/s, Z = 32cm) 

4.6.2.4 Effect of Reactor Pressure 

Higher operating pressure can increase solubility of hydrogen in the liquid phase and 

hence higher hydrogen concentration in the liquid phase for HDS reaction. Figure 

4.20 presents the variation of product sulfur content with the reactor pressure. As 

observed, the product sulfur content decreases with increasing operating pressure.  

However, effect of pressure is not significant compared to the effect of feed inlet 

temperature. 
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Figure 4.20: Effect of operating pressure on product sulfur content, (o) experimental, 

(____) present model (T = 380oC, oLu = 0.00175cm/s, Z = 32cm) 

4.7 Simulation of HDS Commercial Unit 

Sulfur in the oil fractions need to be reduced to a very low level to meet the stringent 

sulfur requirements being imposed. Replacing the existing commercial reactor or 

increasing the reactor length is a costly option. Other possibilities should be 

considered for improving the reactor performances. The 1-D cell in series model 

developed in the preceding sections is able to explain the essential features of 

hydrodesulfurization process and it can be used to simulate other possibilities. 

In the present section, the model is used to simulate the performance of a 

commercial size hydrotreating reactor for the possibility of  

- reducing hydrogen sulfide in the feed gas,  

- increasing the feed temperature,  

- increasing reactor pressure and  

- decreasing liquid velocity 

to meet the limit on sulfur in the product. Properties of the feedstock, catalysts, 

operating variables and reactor dimensions are summarized in Table 4.3. 
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Table 4.3: Data on hydrotreating of VGO on commercial scale. Data taken from 

Mederos and Ancheyta [36] 

  

Feedstock                  Value 

    API gravity                                                                                            22 
  Molecular weight                    441.9 
  Mean average boiling point (0C)                    476 
  Sulfur (wt %)                   2.009 
  Total nitrogen (wppm)                   1284 
  Basic nitrogen (wppm)                     518 
  Total aromatics (wt %)                     41.9 
  

Catalyst                  Value 

  Equivalent diameter (mm)                    2.54 
  Specific surface area (m2/g)                     175 
  Pore volume (cm3/g)                    0.56 
  Mean pore diameter (Å)                     127 
  Molybdenum content (wt %)                    10.7 
  Nickel content (wt %)                     2.9 
  Bulk density (g/cm3)                   0.8163 
  

Operation conditions                    Value 

Gas superficial velocity (cm/s)                   10.63 

Liquid superficial velocity (cm/s)                   0.63 

Catalytic bed length (cm)                   853.44 

  Internal diameter (cm)                    304.8 

  Temperature (0C)                    380 

  Pressure (MPa)                     5.3 

Feed composition (mol %) 

        H2                    81.63 

        H2S                     3.06 

        Light hydrocarbons                     15.31 
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4.7.1 Effect of Presence of Hydrogen Sulfide (H2S) in the Feed Hydrogen 

Presence of high concentration of hydrogen sulfide in the hydrogen gas feed stream 

(3.06% mol) can have adverse effect on the hydrodesulfurization process. In the 

presence of high concentration of hydrogen sulfide in the feed gas, concentration 

profiles of hydrogen sulfide in the gas and liquid phases are illustrated in Figures 

4.21 and 4.22 respectively. It can be clearly seen that partial pressure of hydrogen 

sulfide in the gas phase decreases initially as hydrogen sulfide in the feed gas (3.06% 

mol) rapidly dissolve in the liquid phase until reaches its saturation point, due to the 

mass transfer of hydrogen sulfide from the gas phase to the liquid phase. Then, the 

hydrogen sulfide partial pressure increases as hydrogen sulfide produced by the 

hydrodesulfurization  in the catalyst phase diffuses to the liquid phase and eventually 

to the gas phase (Figure 4.21). 

 

Figure 4.21: Partial pressure profiles of hydrogen sulfide in gas phase for commercial 

reactor 
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On the other hand, hydrogen sulfide concentration in the liquid phase increases 

rapidly in the reactor entry zone due to mass transfer from the gas phase (Figure 

4.22). Further down in the reactor, concentration of hydrogen sulfide in the liquid 

phase decreases as it diffuses out to the gas phase at a faster rate than the hydrogen 

sulfide arriving from the solid phase due to the hydrodesulfurization reaction. 

 

Figure 4.22: Concentration profile of hydrogen sulfide in liquid phase for 

commercial reactor  

Presence of hydrogen sulfide in the feed hydrogen (3.06% mol) has a strong 

effect on sulfur removal rate, as it decrease the solubility of hydrogen in the liquid 

phase and hence reduces the amount of hydrogen in the solid catalyst for sulfur 

conversion. Also, hydrodesulfurization reaction kinetics is retarded with higher 

hydrogen sulfide concentration. Concentration of sulfur compound in the liquid 

phase along the commercial reactor with reactor length of 853.5cm is presented in 

Figure 4.23. In presence of hydrogen sulfide in the feed gas, sulfur concentration of 

20092ppm has reduced to 3829 ppm with sulfur removal of 81%. Hydrogen sulfide 

in the gas stream can be decreased by incorporating an amine scrubber. Considering 

the hydrogen sulfide content in the gas feed reduces from 3.06% mol to 0% mol, it 

was found that the conversion of sulfur increases up to 97% with outlet sulfur 

concentration of 594ppm. 
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Figure 4.23: Sulfur concentration profiles in liquid phase for commercial reactor,  

 (____) with 3.06% mol H2S content, (----) without H2S content 

4.7.2 Effect of Feed Inlet Temperature 

The effect of feed temperature on product sulfur content is shown in Figure 4.24. By 

increasing feed inlet temperature, sulfur removal significantly improved. Higher 

temperature would enhance the amount of dissolved hydrogen and rate constant 

which in turn improves the sulfur conversion. Sulfur content in the VGO for 

commercial reactor can be reduced to 10 ppm as feed temperature inlet increases up 

to 416oC. 
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Figure 4.24: Effect of feed inlet temperature on product sulfur content  

(P = 5.3MPa, oLu = 0.63cm/s) 

4.7.3 Effect of Reactor Pressure 

The effect of reactor pressure on sulfur removal is presented in Figure 4.25. Higher 

reactor pressure would increase solubility of hydrogen in the liquid phase and hence 

lead to higher sulfur conversion. However, the effect of reactor pressure on sulfur 

conversion is insignificant and this is not a viable option. 
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Figure 4.25: Effect of reactor pressure on product sulfur content (T = 380oC,  

oLu = 0.63cm/s) 

4.7.4 Effect of Liquid Velocity 

A lower in liquid velocity leads to higher sulfur removal due to longer liquid 

residence time. The effect of liquid velocity on sulfur removal is presented in Figure 

4.26. Sulfur removal increases with decreasing liquid velocity. It is observed that 

sulfur content in VGO for commercial reactor can be reduced to 10ppm by 

decreasing liquid velocity of 0.63cm/s to 0.14cm/s. This reduces the throughput 

drastically and hence is not a viable option. 
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Figure 4.26: Effect of liquid velocity on product sulfur content  

(T = 380oC, P = 5.3MPa) 

4.8 Conclusions 

i. A steady state one-dimensional cells-in-series model was developed to 

predict the behavior of a trickle bed hydrodesulfurization reactor. The reactor 

model was established based on mass and energy balances, reaction rate 

based on Langmuir-Hinshelwood kinetics for HDS reaction and integrated 

with reactor hydrodynamics.  

ii.  The model was validated with the literature experimental data on a pilot 

reactor for sulfur concentration at the exit of reactor.  

iii.  The model was used to simulate HDS in a commercial unit to explore the 

possibility of reducing sulfur content to meet the stringent sulfur 

requirements being imposed. This can be achieved using the existing reactor 

units by increasing the feed temperature and reducing hydrogen sulfide in the 

feed gas. 
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Notation 

GLa  Gas-liquid interfacial area per unit volume (cm2/cm3) 

LSa  Liquid-solid interfacial area per unit volume (cm2/cm3) 

j
iC  Molar concentration of component in j phase at i cell (mol/cm3) 

j
Pc  Heat capacity of � phase (J/g. K) 

L
iD  Molecular diffusivity of compound i in liquid phase viscosity (cm2s-1) 

pd  Particle diameter (cm) 

6.15d  Specific gravity at 15.6oC 

HDSH∆  Heat of reaction (J/mol) 

iH  Henry law constant for compound I (Pa.m3/mol) 

GLh  Gas-liquid heat transfer coefficient (Js-1cm-2K-1) 

LSh  Liquid-solid heat transfer coefficient (Js-1cm-2K-1) 

GLk  Gas-liquid mass transfer coefficient (cm/s) 

LSk  Liquid-solid mass transfer coefficient (cm/s) 

ok  Frequency factor 

HDSk  Rate constant for hydrodesulfurization reaction (cm3g-1s-1) 

SHK
2

  Adsorption equilibrium constant for H2S (cm3 mol-1) 

aip  Partial pressure of gas component at i cell (Pa) 

P   Reactor pressure (psia) 

HDSr  Reaction rate of hydrodesulfurization (mol.g-3s-1) 

 R Gas constants, 8.314 

LRe  Reynolds number 

LGa  Galileo number 

iT  Temperature at i cell (K) 

MeABPT  Mean average boiling point (oR) 

oGu  Gas superficial velocity (cm/s) 

oLu  Liquid superficial velocity (cm/s) 



114 

iv  Molar volume of solute at its normal boiling temperature (cm3mol-1) 

Lv  Molar volume of liquid solvent at its normal boiling temperature (cm3mol-1) 

cv   Critical specific volume (cm3/mol) 

z  Axial coordinate (cm)     

Greek letters 

pε  Particle volume fraction  

η  Effectiveness factor 

iλ  Solubility coefficient of the compound i (Nl kg-1 MPa-1) 

Lµ  Liquid viscosity (mPa.s) 

pρ  Catalyst density (g/cm3) 

Bρ  Catalyst bulk density (g/cm3) 

Gρ  Gas density (g/cm3) 

Lρ  Liquid density (g/cm3) 

20ρ  Liquid density at 20oC (g/cm3) 

oρ
 

Liquid density at standard conditions (15.5oC and 103.3kPa), (Ibm/ft3) 

Tρ∆  Temperature correction of liquid density, (Ibm/ft3) 

Pρ∆  Pressure dependence of liquid density, (Ibm/ft3) 

Subscripts and superscripts 

i cell 

2H  Hydrogen 

HC  Hydrocarbon 

SH2  Hydrogen sulfide 

G  Gas 

L  Liquid 

S Solid 



CHAPTER 5 

SUMMARY, CONCLUSIONS AND RECOMMENDATIONS 

5.1 Summary 

As good quality crudes are depleting fast, there is a greater need to process sour 

crudes. At the same time, the regulated sulfur limits in the products are becoming 

more stringent. Trickle bed reactors are widely used to reduce sulfur content in 

vacuum gas oil (VGO) by hydrodesulfurization reaction with hydrogen. There is a 

great need to explore the possibility to improve the hydrodesulfurization process in 

the trickle bed reactors to meet the future regulations. Modeling to understand the 

phenomena occurring in the reactor can be a great help in establishing the options for 

better reactor performance.  

Performance of trickle bed reactors is influenced by the residence time of the 

reactants (sulfur compounds in VGO), inter-phase mass transfer and reaction 

kinetics. Residence time in the reactor depends on the liquid flow rate and liquid 

holdup. A Submerged Particle Model was developed to estimate liquid holdup and 

pressure drop in trickle bed reactor considering gas to flow around particles 

enveloped by trickling liquid. Experimental data available in the literature on liquid 

holdup for various gas-liquid systems were used for the evaluation of the model 

developed. The model equation explained the experimental observations for liquid 

holdup reasonably well, and the results were discussed in terms of varying 

parameters such as gas and liquid velocities, liquid viscosity, particle sizes, operating 

pressure and temperature. Liquid holdup increases with increasing liquid velocity 

and liquid viscosity. On the other hand, liquid holdup decreases with increasing gas 

velocity, particle size, pressure and temperature. 

Ergun’s equation for pressure drop in packed beds was adopted to estimate 

pressure drop for gas flow in trickle beds. Liquid holdup reduces the cross sectional
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area for gas flow and increases the tortuosity of gas flow path. Tortuosity of gas flow 

was proposed to be a function of gas phase volume fraction.  The model predictions 

for two phase pressure drop compared well with the experimental observations 

reported in the literature. Pressure drop increases with increasing gas and liquid 

velocities as well as operating pressure. On the other hand, pressure drop decreases 

with increasing temperature and catalyst particle size. 

A steady state one-dimensional multiphase cells-in-series model was developed 

to describe the behavior of hydrodesulfurization process in a trickle bed reactor. The 

model includes mass and energy balances equations for gas, liquid and solid phases. 

The reactor model equations for each cell were formulated based on mass and energy 

balances incorporating transport and kinetic parameters. Reaction kinetics reported in 

the literature for the hydrodesulfurization reaction based on Langmuir Hinshelwood 

mechanism was assumed. Trickle bed hydrodynamics and transport parameters were 

estimated using selected correlations taken from literature. Liquid holdup and 

pressure drop in trickle bed reactor were estimated from the validated submerged 

particle model. The reactor model was validated using experimental data on 

hydrotreating of vacuum gas oil (VGO) on a pilot reactor reported by Mederos and 

Ancheyta [41]. The trends for hydrogen and hydrogen sulfide concentrations in the 

gas and liquid phases as well as sulfur concentration in the liquid phase along the 

reactor length were in line with the literature data. Bed temperature rises along the 

reactor length due to the exothermic reaction of hydrodesulfurization.  

The validated 1-D cell-in-series model then was used to simulate the 

hydrodesulfurization reaction in a commercial unit to investigate possibility of 

reducing sulfur content in the VGO to meet the stringent sulfur requirements. The 

effect of hydrogen sulfide in the hydrogen feed gas, inlet feed temperature, reactor 

pressure and liquid velocity were simulated. It was found that sulfur removal could 

be improved by increasing feed inlet temperature, increasing reactor pressure, 

decreasing hydrogen sulfide in the gas streams and decreasing liquid velocity. 

Increasing feed temperature and reducing hydrogen sulfide in the feed gas are the 

two viable options to improve the reactor performance.  Effect of reactor pressure on 

sulfur removal is insignificant while reducing liquid velocity significantly reduced 

the throughput.  
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5.2 Conclusions 

1) Equations to estimate liquid holdup and pressure drop in trickle beds are 

developed considering that gas flows through tortuous flow paths in a bed of 

wetted particles. The equations are validated with literature data covering a 

wide range of operating conditions. 

2) A one-dimensional cells-in-series model has been developed to describe 

hydrodesulfurization (HDS) process in a trickle bed reactor. The model is 

validated with literature data.   

3) Based on the model simulations, the required desulfurization of VGO can be 

achieved in the existing reactors by increasing the feed temperature. 

5.3 Recommendation 

Increasing the temperature of feed can enhance hydrodesulfurization, but this can 

also promote hydro cracking as well. Hence, it is necessary to develop catalysts for 

hydrocracking and hydrodesulfurization which can tolerate sulfur. Also, the model 

should be extended to include both hydrocracking and hydrodesulfurization.  
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APPENDIX A 

SUBMERGED PARTICLE MODEL SAMPLE CALCULATIONS 

This chapter presents sample calculations of submerged particle model to estimate 

liquid holdup and pressure drop in trickle beds. Experimental data of Trivizadakis et 

al. [35] as listed in Table A.1 were used for sample model calculation. 

 

Table A.1: Experimental data of Trivizadakis et al. [35] 

   Water-air system 

      Temperature                                                              25oC 

      Pressure                                                                    1 atm 

      Gas mass velocity (kg/m2.s)                                  0.12-0.37 

      Liquid mass velocity (kg/m2.s)                                  2.4 

      Catalyst shape                                                          cylinder 

      Catalyst diameter  (mm)                                             1.5 

      Average length (mm)                                                 3.11 

      Bed voidage, ε                                                            0.40 

Liquid holdup in trickle beds is evaluated using eq. (3.12) 
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Viscosity of water (25oC, 1 atm) = kg/m.s109.8 4−×  

Viscosity of air (25oC, 1 atm)      = kg/m.s108.1 5−×  

Water density (25oC, 1 atm)        =  3kg/m 979  

Air density (25oC, 1 atm)             =  3kg/m .21  

Liquid velocity can be estimated as 
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Since catalyst particles are not spherical, equivalent surface volume mean 

diameter (de) need to be determined instead of particle diameter. The equivalent 

surface volume mean diameter de was evaluated using eq. 3.11. 
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The sum of the volume fraction of the gas and liquid adds up to the bed porosity,  
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Particle holdup, εp is estimated as 
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Substituted these values, dynamic liquid holdup can be estimated as
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The term of pressure drop
( )

Z

PP TP21 −
 in liquid holdup equation is estimated using eq. 

3.25. 
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Equations for dynamic liquid holdup and pressure drop were solved 

simultaneously to obtain prediction values of liquid holdup and pressure gradient in 

trickle beds. Prediction of dynamic liquid holdup can be obtained by iteration 

procedure. From the simulations, the values of dynamic liquid holdup and pressure 

drop obtained were 

147.0=Ldε  

( )
Pa 477.946721 =

−
Z

PP TP

 

For some investigators that present their experimental data in term of total liquid 

holdup, it is noted that the total liquid holdup can be estimated by adding the value of 

dynamic liquid holdup with static liquid holdup. Static liquid holdup can be 

estimated using the correlation of Saez and Carbonell [8]. 

o
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Table A.2: Simulation results predicted by Submerged Particle Model for data of Trivizadakis et al. [35] 

).skg/m( 2G  )kg/m( 3
Gρ  )m/s(oGu  )m.s/(kgGµ  ).skg/m( 2L  )m/s(oLu  )kg/m( 3

Lρ  )m.s/(kgLµ  )m(ed  pε  ε  )m/s( 2g  

0.125 1.2 0.104167 1.80E-05 2.4 0.00241 997 8.90E-04 1.81E-03 0.6 0.4 9.81 
0.152 1.2 0.126667 1.80E-05 2.4 0.00241 997 8.90E-04 1.81E-03 0.6 0.4 9.81 
0.18 1.2 0.15 1.80E-05 2.4 0.00241 997 8.90E-04 1.81E-03 0.6 0.4 9.81 
0.205 1.2 0.170833 1.80E-05 2.4 0.00241 997 8.90E-04 1.81E-03 0.6 0.4 9.81 
0.235 1.2 0.195833 1.80E-05 2.4 0.00241 997 8.90E-04 1.81E-03 0.6 0.4 9.81 
0.262 1.2 0.218333 1.80E-05 2.4 0.00241 997 8.90E-04 1.81E-03 0.6 0.4 9.81 
0.29 1.2 0.241667 1.80E-05 2.4 0.00241 997 8.90E-04 1.81E-03 0.6 0.4 9.81 

 

 

 

Liquid Gas  

E1 E2 dLε
(assume) 

dLε
(model) dLε (exp) Deviation 

(%) E1 E2 Gε  ∆P/h ∆P/h(exp) Deviation 
(%) 

180 1.8 0.147 0.147 0.152 3.289 436.638 6.795 0.253 9467.477 8000 -18.343 
180 1.8 0.141 0.141 0.150 6.00 425.523 6.537 0.259 10930.276 11000 0.633 
180 1.8 0.137 0.137 0.158 13.29 416.036 6.320 0.263 12430.020 12050 -3.154 
180 1.8 0.133 0.133 0.152 12.5 408.840 6.157 0.267 13766.389 14550 5.386 
180 1.8 0.129 0.129 0.150 14.0 401.398 5.989 0.271 15376.883 16700 7.923 
180 1.8 0.126 0.126 0.149 15.4 395.569 5.859 0.274 16839.172 18600 9.467 
180 1.8 0.123 0.123 0.148 20.3 390.215 5.741 0.277 18373.268 20650 11.025 



 

APPENDIX B 

PROPERTIES AND HYDRODYNAMICS (1-D CELL IN SERIES MODEL) 

This chapter presents sample calculation to estimate properties and hydrodynamics 

of hydrodesulfurization reaction. These parameters would be integrated with 

reaction, mass and energy balances for the evaluation of reactor behavior and 

performance. Experimental data of Mederos and Ancheyta [36] on hydrotreating of 

vacuum gas oil (VGO) on pilot plant scale were used for sample calculations of 

trickle bed properties and hydrodynamic. 

Table B.1: Input Data for Hydrodesulfurization Reaction [36] 

Feedstock                  Value 

    API gravity                                                                                            22 

  Molecular weight                    441.9 

  Mean average boiling point (0C)                    476 

  Sulfur (wt %)                   2.009 

  

Operation conditions                    Value 

  Gas superficial velocity (cm/s)                     0.28 

  Oil superficial velocity (cm/s)                 1.75 x 10-2 

  Catalytic bed length (cm)                   31.58 

  Internal diameter (cm)                    2.54 

  Temperature (0C)                    380 

  Pressure (MPa)                     5.3 

  Gas composition (mol %) 

        H2                    100 

        H2S                     0 

        Light hydrocarbons                     0 
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B.1 Oil Density  

Oil density at process conditions was evaluated from eq. 4.15. 

( ) TPL TP ρρρρ ∆−∆+= 0,  

where 0ρ  (Ibm/ft3) is liquid density at standard condition, P is reactor pressure (psia) and T is 

reactor temperature in Rankine (oR). 

B.1.1  Density of Oil at Standard Condition 

API gravity = 22 

SG (at 60oF) 922.0
225.131

5.141 =
+

=  

Thus, the density of VGO at standard condition (60oF and 1 atm) is 0.922 g/cm3 

3
m

3

3
m

3

ft

Ib
559.57     

ft 1

cm 317.28

g 594.453

Ib 1

cm
922.0

=

××= g
oρ

 

B.1.2 Correction of Oil Density for High Pressure ( Pρ∆ ) 

As shown in Table B.1, hydrodesulfurization reaction is operated at high pressure. Correction 

of oil density for high pressure ( Pρ∆ ) can be estimated using eq. 4.16. 

Feed inlet temperature = 380oC@1175.67oR 

Reactor pressure = 3.5MPa@768.703psia 

[ ] [ ]
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B.1.3 Correction of Oil Density for High Temperature ( Tρ∆ ) 

Correction of oil density for high pressure (Pρ∆ ) is evaluated from eq. 4.17. 

[ ]( )( ) [ ]( )( )   520  100622.0101.8 - 520    4.1520133.0 20 764.0645.2
0 −×−×−∆++=∆ ∆+−−− TT P

LPT
ρρρρρ  

[ ]( )( )
[ ]( )( ) 












−×−×

−++
=∆

+−−

−

  5201175.67  100622.0101.8  

 - 52067.1175    1706.0559.57 4. 1520133.0 
2 1706.0  559.57  764.06

45.2

Tρ

 

3
m/ftIb 0715.10=∆ Tρ  

B.1.4 Oil Density at Process Conditions  
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B.2 Gas Solubilities  

B.2.2 Solubility of Hydrogen 

Solubility of hydrogen 
2Hλ (Nl/ MPa kg oil) is estimated using eq. 4.18, where LT is liquid 

temperature in degree Celsius (oC), 20ρ is liquid density at 20oC (g/cm3). 

3

3
m20

g/cm  0.918       

 (ASTM) /ftIb  309.57 

=

=ρ
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2
20

26

20

33 835783.0
1094593.11007539.31042947.0559729.0

2 ρρ
λ +×+




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L
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T

T  

( ) ( )
( )
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918.0

835783.0
3801094593.1
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2

2

2633

2

=

+×+



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
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B.2.2 Solubility of Hydrogen Sulfide 

Solubility of hydrogen sulfide SH 2
λ was estimated as described in eq. 4.19. 

[ ]  00847.0367.3  exp  
2 LSH T−=λ

 
        ( )[ ] 803 00847.0367.3  exp  −=  

      oil kg MPa / SH Nl 1.160   2=

 

B.3 Henry Coefficients 

 
Henry coefficients of gases was estimated from eq. 4.20

 

Li

N
i

v
H

ρλ
=             

where iH  is Henry coefficient (Pa.m3/mol), Nv  is molar gas volume at standard condition, 

Lρ is  liquid density at process conditions. 

3m

kg
763.4 

kg MPa

L
8229.1

mol

L
4.22

2

×
=HH

 

        /molm Pa101.610  34×=  

      /molcm Pa101.610    310×=

  



763.4 
kg MPa

L
160.1

mol

L
4.22

2

×
=SHH

        /molm Pa102.530   34×=

     /molcm Pa102.530      310×=

B.4 Dynamic Liquid Viscosity 

Dynamic liquid viscosity was evaluated from eq. 4.21, where 

in (mPa.s), T is temperature in Rankine (

( )[ ] 36460log  313.10    10 −−= Ta

   ([ 46067.1175log  313.10 10 −=

  7.006-   =  

( ) [L T 444.310 46010141.3 −−×=µ

     ( 46067 .117510141.3 10 −×=

    mPa.s  0.58803   =  

B.5 Diffusivity  

Diffusion coefficient of solute in the liquid 






















×= −

Li

LL
i

T

v

v
D

µ
 1093.8

433.0

267.0
8

where unit of L
iD is (cm2/s), T is liquid temperature in Kelvin, 

(mPa.s), iv  and Lv  are molar volumes of solute and liquid solvent respectively at its normal 

boiling point (cm3/mol). 
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3m

kg
 

/mol  

/mol

 

Dynamic Liquid Viscosity  

Dynamic liquid viscosity was evaluated from eq. 4.21, where Lµ  is dynamic liquid viscosity 

), T is temperature in Rankine (oR) and API is the oil gravity. 

447.36

 )] 447.36460 −  

( )[ ]aAPI10log  

) ( )[ ] 22log  460 006.7
10

444.3 −−  

Diffusion coefficient of solute in the liquid L
iD  was calculated from eq. 4.23. 






 

/s), T is liquid temperature in Kelvin,  is dynamic viscosity 

are molar volumes of solute and liquid solvent respectively at its normal 

is dynamic liquid viscosity 

was calculated from eq. 4.23.  

is dynamic viscosity 

are molar volumes of solute and liquid solvent respectively at its normal 
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Mean average boiling point, MeABPT  = 476oC=1348.47oR 

Specific gravity at 15.6oC, 6.15d  = 0.922 

Molar volume of liquid was evaluated as defined in eq. 4.24 

( ) ( )

m
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Molar volumes of solute (i.e. H2, H2S and sulfur) at its normal boiling point are obtained from 

Geankoplis [103]. 
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B.6 Mass Transfer Coefficients 

Estimation of gas-liquid mass transfer and the liquid-solid mass transfer are obtained from 

eqs. 4.26 and 4.27 respectively. 

B.6.1 Gas-Liquid Mass Transfer Coefficient 

5.04.0
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
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B.6.1.1 Hydrogen 
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B.6.1.2  Hydrogen Sulfide 
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B.6.2 Liquid-Solid Mass Transfer Coefficient 
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B.6.2.1 Sulfur 
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B.6.2.2 Hydrogen sulfide 
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B.7 Heat Capacity 

Heat capacities of gas and liquid are estimated from eqs. 4.28 and 4.33 respectively.  
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B.7.1 Heat Capacity of Liquid 

Heat capacity of liquid,L
Pc (kJ/kg.K) can be estimated as follows, where KW is the Watson 

characterization factor, Tb is normal boiling point (K). 
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B.7.2 Heat Capacity of Gas 

Molar heat capacity of gasGPc , can be estimated as follows, where R is the gas constant, GPc is 

the molar heat capacity and T is temperature in Kelvin. 
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B.7.2.1 Heat Capacity of Hydrogen 
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APPENDIX C

 

REACTOR BEHAVIOR (1-D CELL-IN-SERIES MODEL) 

This chapter presents sample calculation of 1-D cell-in-series model to estimate 

species concentrations (hydrogen, sulfur and hydrogen sulfide) and temperature 

profile along the reactor axis. The model equations are solved by incorporating 

properties of materials, hydrodynamics and reaction kinetics parameters. 

C.1 Hydrogen Concentrations in Gas and Liquid Phases 

As hydrogen is the only gas present in the gas phase, hydrogen partial pressure at the 

inlet of reactor is assumed to be equivalent to reactor pressure. Partial pressure of 

hydrogen in the gas phase for ith cell and concentration of hydrogen in the liquid 

phase for ith cell can be calculated using eqs. 4.36 and 4.35 respectively.  

Reactor pressure =5.3MPa  
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C.1.1 Hydrogen Partial Pressure in Gas Phase 

Partial pressure of hydrogen in the gas phase for ith cell can be evaluated as 
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C.1.1 Hydrogen Concentration in Liquid Phase 

Concentration of hydrogen in the liquid phase for ith cell can be estimated as 
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The concentrations of hydrogen in liquid and solid phases are very close as mass 

transfer resistance of hydrogen between liquid and solid catalyst is assumed to be 

negligible.
 

C.2 Sulfur Concentrations in Liquid and Solid Phases 

C.2.1 Inlet Sulfur Concentration  
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2
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Volumetric flow rate of oil 

= area of reactor × liquid superficial velocity 

/scm08867.0
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Oil mass flow rate 

 = volumetric flow rate of oil × oil density 
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It is noted that sulfur content in the VGO is 2.009% mol 

Mass flow rate of sulfur   
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C.2.2 Sulfur Concentration in Liquid Phase 

From kinetic data reported by Korsten and Hoffman [88], rate constant for 

hydrodesulfurization reaction and adsorption equilibrium constant for hydrogen 

sulfide were evaluated as 
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Concentration of sulfur in liquid phase for ith cell was estimated from eq. 4.39 
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C.2.2 Sulfur Concentration in Solid Phase 

Concentration of sulfur in solid phase for ith cell was calculated using eq. 4.38.  
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C.3 Hydrogen Sulfide Concentration  

C.3.1 Hydrogen Sulfide Concentration in Solid Phase 

Hydrogen sulfide generated in the solid phase is due to reaction between hydrogen 

and sulfur compounds at the surface of the catalyst.  Hydrogen sulfide concentration 

in the solid phase can be estimated from eq. 4.8.  
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C.3.1 Hydrogen Sulfide Concentration in Liquid Phase  

Concentration of hydrogen sulfide in the liquid phase can be estimated from eq. 4.41  
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C.3.1 Partial Pressure of Hydrogen Sulfide in Gas Phase  

Partial pressure of hydrogen sulfide in the gas phase can be estimated by rearranging 

eq. 4.40 
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C.4 Bed Temperature 

The gas and liquid phases have the same inlet temperature. Under a steady state 

operating condition, it is assumed that the heat transfer inside the particle is fast 

enough. The temperature gradient among the gas, liquid and catalyst at any particular 

axial position of the reactor is negligible )( iSiLiGi TTTT === . Bed temperature can 

be evaluated using eq. 4.12. 
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 The algebraic equation of concentrations and temperature over the 1st cell was 

solved for based on inlet condition. The parameters for 2nd cell can be solved by 

considering the 1st cell was the input for the 2nd cell. This was extended for 

subsequent cells to estimate extent of reaction and rise in temperature along the 

reactor length. The simulation results for hydrodesulfurization of VGO on pilot plant 

scale including reactor hydrodynamic, properties as well as concentrations and 

temperature along the reactor length are presented in Table C.1. 
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Table C.1: Simulation results of hydrodesulfurization of VGO on pilot plant scale estimated by 1-D cell-in series-model 

cell Z(cm) oGu
(cm/s) 

Gρ  (kg/m3) 
Pρ  (Ib/ft3) Tρ  (Ib/ft3) P  (psia) Lρ  (g/cm3) pd  (cm) λ  (H2) 

)( 2HH  

(Pacm3/mol) 
L
HD

2
(cm2/s) 

0 0 0.28 1.9661 0.1706 10.0715 768.7027 0.7634 0.2540 1.8229 1.6097E+04 1.8204E-04 

1 0.254 0.28 1.9574 0.1706 10.0718 765.3247 0.7634 0.2540 1.8230 1.6096E+04 1.8206E-04 

2 0.508 0.28 1.9506 0.1706 10.0722 762.6652 0.7634 0.2540 1.8230 1.6095E+04 1.8209E-04 

3 0.762 0.28 1.9451 0.1706 10.0726 760.5715 0.7634 0.2540 1.8232 1.6095E+04 1.8212E-04 

4 1.016 0.28 1.9409 0.1706 10.0731 758.9230 0.7634 0.2540 1.8233 1.6094E+04 1.8215E-04 

5 1.27 0.28 1.9382 0.1706 10.0735 757.6252 0.7634 0.2540 1.8234 1.6093E+04 1.8218E-04 

6 1.524 0.28 1.9348 0.1706 10.0740 756.6033 0.7634 0.2540 1.8235 1.6092E+04 1.8222E-04 

7 1.778 0.28 1.9326 0.1706 10.0745 755.7987 0.7634 0.2540 1.8236 1.6091E+04 1.8225E-04 

8 2.032 0.28 1.9309 0.1706 10.0749 755.1651 0.7633 0.2540 1.8237 1.6090E+04 1.8228E-04 

9 2.286 0.28 1.9296 0.1706 10.0754 754.6662 0.7633 0.2540 1.8238 1.6090E+04 1.8231E-04 

10 2.54 0.28 1.9285 0.1706 10.0759 754.2733 0.7633 0.2540 1.8239 1.6089E+04 1.8235E-04 

11 2.794 0.28 1.9276 0.1706 10.0763 753.9639 0.7633 0.2540 1.8241 1.6088E+04 1.8238E-04 

12 3.048 0.28 1.9269 0.1706 10.0768 753.7201 0.7633 0.2540 1.8242 1.6087E+04 1.8241E-04 

13 3.302 0.28 1.9264 0.1706 10.0773 753.5281 0.7633 0.2540 1.8243 1.6086E+04 1.8244E-04 

14 3.556 0.28 1.9259 0.1706 10.0777 753.3768 0.7633 0.2540 1.8244 1.6085E+04 1.8247E-04 

15 3.81 0.28 1.9255 0.1706 10.0782 753.2575 0.7633 0.2540 1.8245 1.6085E+04 1.8251E-04 

16 4.064 0.28 1.9252 0.1706 10.0786 753.1634 0.7633 0.2540 1.8246 1.6084E+04 1.8254E-04 

17 4.318 0.28 1.9250 0.1706 10.0791 753.0892 0.7633 0.2540 1.8247 1.6083E+04 1.8257E-04 

18 4.572 0.28 1.9247 0.1706 10.0795 753.0307 0.7633 0.2540 1.8248 1.6082E+04 1.8260E-04 

19 4.826 0.28 1.9245 0.1706 10.0800 752.9844 0.7633 0.2540 1.8249 1.6081E+04 1.8263E-04 
            

125 31.75 0.28 1.9190 0.1706 10.1106 752.7603 0.7628 0.2540 1.8324 1.6026E+04 1.8477E-04 
126 32.004 0.28 1.9189 0.1706 10.1108 752.7600 0.7628 0.2540 1.8325 1.6025E+04 1.8478E-04 
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(cont) 

Cell Z(cm) oLu  (cm/s) pε  
Lε  GLGL ak (s-

1) 
η  G

Hip )(1 2−  (Pa) 
G

Hip )( 2
 

(Pa) 

L
HiC )(1 2−  

(mol/cm3) 

L
HiC )( 2

 

(mol/cm3) 

L
siC )(1−  

(mol/cm3) 

L
siC )(

 

(mol/cm3) 

0 0 1.75E-02 0.6 0.05127 0.01824 0.31082 5.3000E+06 5.2767E+06 0 6.8624E-05 3.471E-05 3.4510E-05 

1 0.254 1.75E-02 0.6 0.05127 0.01824 0.31082 5.2767E+06 5.2584E+06 6.8624E-05 1.2265E-04 3.451E-05 3.4264E-05 

2 0.508 1.75E-02 0.6 0.05127 0.01824 0.31083 5.2584E+06 5.2439E+06 1.2265E-04 1.6518E-04 3.426E-05 3.3992E-05 

3 0.762 1.75E-02 0.6 0.05127 0.01825 0.31083 5.2439E+06 5.2326E+06 1.6518E-04 1.9867E-04 3.399E-05 3.3707E-05 

4 1.016 1.75E-02 0.6 0.05126 0.01825 0.31084 5.2326E+06 5.2236E+06 1.9867E-04 2.2503E-04 3.371E-05 3.3414E-05 

5 1.27 1.75E-02 0.6 0.05126 0.01825 0.31084 5.2236E+06 5.2166E+06 2.2503E-04 2.4578E-04 3.341E-05 3.3117E-05 

6 1.524 1.75E-02 0.6 0.05126 0.01825 0.31084 5.2166E+06 5.2110E+06 2.4578E-04 2.6213E-04 3.312E-05 3.2818E-05 

7 1.778 1.75E-02 0.6 0.05126 0.01825 0.31085 5.2110E+06 5.2067E+06 2.6213E-04 2.7499E-04 3.282E-05 3.2518E-05 

8 2.032 1.75E-02 0.6 0.05125 0.01825 0.31085 5.2067E+06 5.2032E+06 2.7499E-04 2.8513E-04 3.252E-05 3.2219E-05 

9 2.286 1.75E-02 0.6 0.05125 0.01825 0.31086 5.2032E+06 5.2005E+06 2.8513E-04 2.9310E-04 3.222E-05 3.1921E-05 

10 2.54 1.75E-02 0.6 0.05125 0.01825 0.31086 5.2005E+06 5.1984E+06 2.9310E-04 2.9939E-04 3.192E-05 3.1624E-05 

11 2.794 1.75E-02 0.6 0.05125 0.01826 0.31087 5.1984E+06 5.1967E+06 2.9939E-04 3.0434E-04 3.162E-05 3.1329E-05 

12 3.048 1.75E-02 0.6 0.05125 0.01826 0.31087 5.1967E+06 5.1954E+06 3.0434E-04 3.0824E-04 3.133E-05 3.1036E-05 

13 3.302 1.75E-02 0.6 0.05124 0.01826 0.31088 5.1954E+06 5.1943E+06 3.0824E-04 3.1131E-04 3.104E-05 3.0745E-05 

14 3.556 1.75E-02 0.6 0.05124 0.01826 0.31088 5.1943E+06 5.1935E+06 3.1131E-04 3.1373E-04 3.075E-05 3.0456E-05 

15 3.81 1.75E-02 0.6 0.05124 0.01826 0.31088 5.1935E+06 5.1929E+06 3.1373E-04 3.1564E-04 3.046E-05 3.0170E-05 

16 4.064 1.75E-02 0.6 0.05124 0.01826 0.31089 5.1929E+06 5.1923E+06 3.1564E-04 3.1715E-04 3.017E-05 2.9885E-05 

17 4.318 1.75E-02 0.6 0.05123 0.01826 0.31089 5.1923E+06 5.1919E+06 3.1715E-04 3.1834E-04 2.989E-05 2.9603E-05 

18 4.572 1.75E-02 0.6 0.05123 0.01827 0.31090 5.1919E+06 5.1916E+06 3.1834E-04 3.1928E-04 2.960E-05 2.9322E-05 

19 4.826 1.75E-02 0.6 0.05123 0.01827 0.31090 5.1916E+06 5.1914E+06 3.1928E-04 3.2002E-04 2.932E-05 2.9044E-05 
   

       

 
  

    

125 31.75 1.75E-02 0.6 0.05109 0.01836 0.31119 5.1901E+06 5.1901E+06 3.2382E-04 3.2383E-04 9.780E-06 9.6726E-06 
126 32.004 1.75E-02 0.6 0.05109 0.01836 0.31119 5.1901E+06 5.1901E+06 3.2383E-04 3.2384E-04 9.673E-06 9.5660E-06 
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(cont) 

Cell Z(cm) )( sLSk  

(cm/s) 
LSa  (cm-1) LSsLS ak )( 

 

(cm-1) 
S  (ppm) 

S
siC )(1−  

(mol/cm3) 
S

siC )(
 (mol/cm3) L

HD
2
 (cm2/s) HDSH∆  

(J/mol) 
HDSk  

(cm3/g.s) 

0 0 5.4768E-03 14.173 0.07762 20092 0.000E+00 3.433E-05 1.4147E-04 251000 1.185E-01 

1 0.254 5.4773E-03 14.173 0.07763 19976 3.433E-05 3.405E-05 1.4149E-04 251000 1.186E-01 

2 0.508 5.4780E-03 14.173 0.07764 19834 3.405E-05 3.375E-05 1.4151E-04 251000 1.187E-01 

3 0.762 5.4787E-03 14.173 0.07765 19677 3.375E-05 3.345E-05 1.4153E-04 251000 1.188E-01 

4 1.016 5.4794E-03 14.173 0.07766 19512 3.345E-05 3.315E-05 1.4156E-04 251000 1.189E-01 

5 1.27 5.4802E-03 14.173 0.07767 19343 3.315E-05 3.285E-05 1.4158E-04 251000 1.190E-01 

6 1.524 5.4809E-03 14.173 0.07768 19171 3.285E-05 3.255E-05 1.4161E-04 251000 1.191E-01 

7 1.778 5.4817E-03 14.173 0.07769 18998 3.255E-05 3.225E-05 1.4163E-04 251000 1.192E-01 

8 2.032 5.4825E-03 14.173 0.07770 18825 3.225E-05 3.195E-05 1.4166E-04 251000 1.193E-01 

9 2.286 5.4832E-03 14.173 0.07772 18652 3.195E-05 3.166E-05 1.4168E-04 251000 1.195E-01 

10 2.54 5.4840E-03 14.173 0.07773 18479 3.166E-05 3.136E-05 1.4171E-04 251000 1.196E-01 

11 2.794 5.4848E-03 14.173 0.07774 18308 3.136E-05 3.107E-05 1.4173E-04 251000 1.197E-01 

12 3.048 5.4855E-03 14.173 0.07775 18137 3.107E-05 3.078E-05 1.4176E-04 251000 1.198E-01 

13 3.302 5.4863E-03 14.173 0.07776 17968 3.078E-05 3.049E-05 1.4178E-04 251000 1.199E-01 

14 3.556 5.4871E-03 14.173 0.07777 17799 3.049E-05 3.020E-05 1.4181E-04 251000 1.200E-01 

15 3.81 5.4878E-03 14.173 0.07778 17632 3.020E-05 2.992E-05 1.4183E-04 251000 1.201E-01 

16 4.064 5.4885E-03 14.173 0.07779 17466 2.992E-05 2.963E-05 1.4186E-04 251000 1.203E-01 

17 4.318 5.4893E-03 14.173 0.07780 17302 2.963E-05 2.935E-05 1.4188E-04 251000 1.204E-01 

18 4.572 5.4900E-03 14.173 0.07781 17139 2.935E-05 2.907E-05 1.4190E-04 251000 1.205E-01 

19 4.826 5.4907E-03 14.173 0.07782 16976 2.907E-05 2.880E-05 1.4193E-04 251000 1.206E-01 
  

    

 
    

  
    

 
    

126 31.75 5.5413E-03 14.173 0.07854 5666 9.685E-06 9.578E-06 1.4359E-04 251000 1.284E-01 

127 32.004 5.5416E-03 14.173 0.07854 5604 9.578E-06 9.472E-06 1.4360E-04 251000 1.285E-01 
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(cont) 

Cell Z(cm) 
L

SHD
2

 

(cm2/s) 
)( 2SHLSk  

(cm/s) 
LSSHLS ak )( 2

 

(cm-1) 
SH 2

λ  

 
SHH

2
  

(Pacm3/mol) 
GLSHGL ak )( 2

 

(cm-1) 
SHK

2
 

(cm3/g.s) 

2)1(
22 SHSH CK+

 

S
SHiC )(1 2−  

(mol/cm3) 

0 0 1.2691E-04 5.0942E-03 7.2201E-02 1.1600 2.5296E+10 1.5231E-02 69451.090 1.0000 0.0000E+00 

1 0.254 1.2692E-04 5.0947E-03 7.2208E-02 1.1598 2.5300E+10 1.5232E-02 69450.150 1.0500 3.5550E-07 

2 0.508 1.2694E-04 5.0953E-03 7.2217E-02 1.1596 2.5304E+10 1.5233E-02 69448.995 1.0809 5.7093E-07 

3 0.762 1.2696E-04 5.0959E-03 7.2226E-02 1.1594 2.5310E+10 1.5234E-02 69447.722 1.1078 7.5651E-07 

4 1.016 1.2698E-04 5.0966E-03 7.2235E-02 1.1591 2.5315E+10 1.5235E-02 69446.383 1.1310 9.1407E-07 

5 1.27 1.2701E-04 5.0973E-03 7.2245E-02 1.1589 2.5321E+10 1.5236E-02 69445.006 1.1506 1.0465E-06 

6 1.524 1.2703E-04 5.0980E-03 7.2256E-02 1.1586 2.5327E+10 1.5237E-02 69443.609 1.1671 1.1568E-06 

7 1.778 1.2705E-04 5.0987E-03 7.2266E-02 1.1584 2.5332E+10 1.5238E-02 69442.203 1.1808 1.2477E-06 

8 2.032 1.2707E-04 5.0995E-03 7.2276E-02 1.1581 2.5338E+10 1.5239E-02 69440.795 1.1920 1.3220E-06 

9 2.286 1.2710E-04 5.1002E-03 7.2286E-02 1.1579 2.5344E+10 1.5240E-02 69439.388 1.2012 1.3822E-06 

10 2.54 1.2712E-04 5.1009E-03 7.2296E-02 1.1576 2.5350E+10 1.5242E-02 69437.987 1.2085 1.4306E-06 

11 2.794 1.2714E-04 5.1016E-03 7.2306E-02 1.1573 2.5356E+10 1.5243E-02 69436.593 1.2144 1.4690E-06 

12 3.048 1.2716E-04 5.1023E-03 7.2316E-02 1.1571 2.5361E+10 1.5244E-02 69435.207 1.2190 1.4992E-06 

13 3.302 1.2719E-04 5.1030E-03 7.2326E-02 1.1568 2.5367E+10 1.5245E-02 69433.830 1.2226 1.5224E-06 

14 3.556 1.2721E-04 5.1037E-03 7.2336E-02 1.1566 2.5373E+10 1.5246E-02 69432.462 1.2253 1.5400E-06 

15 3.81 1.2723E-04 5.1044E-03 7.2346E-02 1.1563 2.5379E+10 1.5247E-02 69431.105 1.2273 1.5529E-06 

16 4.064 1.2725E-04 5.1051E-03 7.2356E-02 1.1561 2.5384E+10 1.5248E-02 69429.757 1.2287 1.5620E-06 

17 4.318 1.2727E-04 5.1058E-03 7.2366E-02 1.1559 2.5390E+10 1.5250E-02 69428.420 1.2296 1.5679E-06 

18 4.572 1.2730E-04 5.1065E-03 7.2375E-02 1.1556 2.5395E+10 1.5251E-02 69427.093 1.2301 1.5713E-06 

19 4.826 1.2732E-04 5.1071E-03 7.2385E-02 1.1554 2.5401E+10 1.5252E-02 69425.777 1.2303 1.5725E-06 
 

          

 

125 31.75 1.2881E-04 5.1542E-03 7.3052E-02 1.1389 2.5786E+10 1.5328E-02 69334.319 1.1325 9.2853E-07 
126 32.004 1.2882E-04 5.1545E-03 7.3055E-02 1.1388 2.5788E+10 1.5328E-02 69333.817 1.1318 9.2119E-07 
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Cell Z(cm) 
S

SHiC )( 2
 

(mol/cm3) 

L
SHiC )(1 2−  

(mol/cm3) 

L
SHiC )( 2

 

(mol/cm3) 

G
SHip )(1 2−  (Pa) G

SHip )( 2
 (Pa) 

L
Pc  

(J/g. K) 

G
Pc  

(J/g. K) 
1−LiT  (K) dT  

 
LiT  (K) 

0 0 3.5550E-07 0.0000E+00 1.6424E-07 0.0000E+00 1.2286E+01 3.1888 14.57078 653.150 0.017 653.167 

1 0.254 5.7093E-07 1.6424E-07 3.3622E-07 1.2286E+01 3.7403E+01 3.1889 14.57079 653.167 0.021 653.189 

2 0.508 7.5651E-07 3.3622E-07 4.9788E-07 3.7403E+01 7.4543E+01 3.1890 14.57081 653.189 0.024 653.212 

3 0.762 9.1407E-07 4.9788E-07 6.4209E-07 7.4543E+01 1.2237E+02 3.1891 14.57082 653.212 0.025 653.237 

4 1.016 1.0465E-06 6.4209E-07 7.6706E-07 1.2237E+02 1.7941E+02 3.1892 14.57083 653.237 0.025 653.263 

5 1.27 1.1568E-06 7.6706E-07 8.7331E-07 1.7941E+02 2.4424E+02 3.1893 14.57085 653.263 0.026 653.288 

6 1.524 1.2477E-06 8.7331E-07 9.6240E-07 2.4424E+02 3.1556E+02 3.1893 14.57086 653.288 0.026 653.314 

7 1.778 1.3220E-06 9.6240E-07 1.0363E-06 3.1556E+02 3.9220E+02 3.1894 14.57087 653.314 0.026 653.340 

8 2.032 1.3822E-06 1.0363E-06 1.0970E-06 3.9220E+02 4.7318E+02 3.1895 14.57089 653.340 0.026 653.367 

9 2.286 1.4306E-06 1.0970E-06 1.1464E-06 4.7318E+02 5.5762E+02 3.1896 14.5709 653.367 0.026 653.392 

10 2.54 1.4690E-06 1.1464E-06 1.1863E-06 5.5762E+02 6.4481E+02 3.1897 14.57092 653.392 0.026 653.418 

11 2.794 1.4992E-06 1.1863E-06 1.2181E-06 6.4481E+02 7.3414E+02 3.1898 14.57093 653.418 0.026 653.444 

12 3.048 1.5224E-06 1.2181E-06 1.2433E-06 7.3414E+02 8.2510E+02 3.1899 14.57095 653.444 0.026 653.469 

13 3.302 1.5400E-06 1.2433E-06 1.2628E-06 8.2510E+02 9.1726E+02 3.1900 14.57096 653.469 0.025 653.495 

14 3.556 1.5529E-06 1.2628E-06 1.2778E-06 9.1726E+02 1.0103E+03 3.1901 14.57097 653.495 0.025 653.520 

15 3.81 1.5620E-06 1.2778E-06 1.2889E-06 1.0103E+03 1.1039E+03 3.1902 14.57099 653.520 0.025 653.545 

16 4.064 1.5679E-06 1.2889E-06 1.2969E-06 1.1039E+03 1.1978E+03 3.1903 14.571 653.545 0.025 653.570 

17 4.318 1.5713E-06 1.2969E-06 1.3024E-06 1.1978E+03 1.2919E+03 3.1904 14.57101 653.570 0.025 653.594 

18 4.572 1.5725E-06 1.3024E-06 1.3057E-06 1.2919E+03 1.3859E+03 3.1905 14.57103 653.594 0.024 653.619 

19 4.826 1.5721E-06 1.3057E-06 1.3073E-06 1.3859E+03 1.4799E+03 3.1906 14.57104 653.619 0.024 653.643 
   

  

 
 

     

         
125 31.75 9.2119E-07 8.2322E-07 8.1961E-07 8.1958E+03 8.2337E+03 3.1970 14.57198 655.319 0.009 655.328 
126 32.004 9.1658E-07 8.1961E-07 8.1603E-07 8.2337E+03 8.2712E+03 3.1970 14.57198 655.328 0.009 655.337 
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